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ABSTRACT

The analytical and numerical modeling for prediction of the thermo-fluid pa

rameters of the cooldown process of a vertical tube carrying cryogenic liquid are

presented.

Formulation of the problem is based on the flow patterns observed in the

experimental studies. In this model the flow field consists of four distinct regions

of fully liquid, inverted annular film boiling, dispersed flow film boiling, and fully

vapor. For the fully liquid and fully vapor regions, the one-dimensional form of

the mass, momentum, and energy conservation equations are used. For the two-

phase regions, the volume-averaged, one-dimensional two-fluid model conservation

equations are applied. In addition, a one-dimensional energy equation is formulated

to determine the tube wall history.

The numerical approximations are based on the finite difference technique.

Calculation for inverted annular flow are based on a semi-implicit model while

computations for the wall, fully liquid, and dispersed flow regions are performed

explicitly. Comparison of calculated results with experimental data for water and

liquid nitrogen are presented.
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NOMENCLATURE

A = cross sectional area of the flow channel (ft^)

Ad = projected area of a drop

A'" = interfacial area per unit volume

Aw — cross sectional area of the flow channel

Cd = drag coefficient

Cp = specific heat capacity {btu/°Flb)

Cp, = specific heat capacity of liquid

Cp^ = specific heat capacity of vapor

Cp^ = specific heat capacity of flow channel wall

C2 = heat transfer coefficient parameter

D = diameter of the flow channel (ft)

Dd = droplet diameter

Dh = hydraulic diameter

Di = inner diameter of the tubular flow channel

Dmax — maximum droplet diameter

Do — outer diameter of the flow channel

^max — maximum entrainable diameter of drops

^max — maocimum stable diameter of drops

Dt = inside diameter of the flow channel

D20 = area-averaged, population-mean diameter of drops

D30 = volume-averaged, population-mean diameter of drops

D32 — Sauter mean diameter of a droplet population

Fd = drag force defined by equation (2-80)

Fij = view factor for radiation model
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Fred = interfacial friction reduction factor

Fi = liquid heating flux parameter for inverted annular flow model

F2 = droplet heating flux parameter for dispersed flow model

Gi = pioiiui

Gv — PyOCylly

Hi = piQihi

H^ — PxjOtxjhy

Jo = Bessel function of the first kind of zeroth order

= Bessel function of the first kind of first order

Ml = piai

Atjj — PyOi^

Nd — ninnber density of drops

Nu = Nusselt number

Nui,Nu2 = Nusselt number for heat transfer between parallel plates

Nu* = Nusselt number for only one side heated or cooled and other side insulated

Pi = inner perimeter of tubular flow channel (ft)

Pi = pressure of the liquid phase {IbffirP)

Apii = difference between the interfacial pressure and the liquid pressure

Apiv = difference between the vapor and the liquid pressure

Pr = Prandtl number

Apat = pressure increase due to surface tension

p„ = vapor pressure

Apvi = difference between the interfacial pressme and the vapor pressure

Apvt = pressure increase due to vapor thrust

P^ = wetted perimeter of the flow channel

R — radius of the flow channel (ft)
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Rr = radius of curvature in the transverse section

Rg = radius of curvature in the axial section

Ri = radius of the liquid column

Re = Reynolds number

Rd = mean diameter of droplet population

Rd,Rv, Rw = parameters for the radiation model

T = temperature {"F)

Tv = vapor temperature

Ti = vapor temperature

To — average temperature of liquid at the quench front or initial temperature of

drops at generation

Tsat = saturation temperature

Tv — vapor temperature

= wall temperature

Ud = droplet velocity

Uy = vapor velocity

u = velocity (ft/sec)

ui = liquid velocity

Ui = interface velocity

Umax = maximum velocity

V = volume fraction of drop size distribution

Vy = vapor velocity in the direction normal to the liquid-vapor interface

Vthr = velocity contributing to the vapor thrust

w = drop size distribution parameter defined by equation (2-66)

We = Weber number

Wee = critical Weber number
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z — axial coordinate

= dimensionless parameter defined by equation (2-32)

2o = distance from the test section inlet to the point of zero coolant quality

Az = unit ajcial length or distance between axial nodes

a = drop size distribution parameter

a„ = absorption coefficient of vapor

a I = absorption coefficient of liquid

/ = friction factor

fi = interfacial friction factor

g = local acceleration of gravity

h = enthalpy (btu/lb)

he = convective heat transfer coefficient

hfg = latent heat of vaporization

hy = vapor enthalpy

hv,sat = saturation enthalpy of vapor

hi = liquid enthalpy

hi^sat = saturation enthalpy of liquid

hnb = heat transfer coefficient for nucleate boiling {btu/ft^ — F° — sec)

hy = vapor enthalpy

hwd = heat transfer coefficient for wall-drop interaction heat transfer

kf = thermal conductivity evaluated at the film temperature {htu/ft - F° - sec)

ky = thermal conductivity of vapor

ki = thermal conductivity of liquid

ky, = thermal conductivity of wall

m'l' = interfacial mciss transfer rate (Ihm/sec — fi^)

n = number fraction of drop size distribution
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q" = heat flux (btu/ft^)

q"' = heat transfer rate per unit volume (btu/ft^)

Itvap ~ vaporization heat flux

q"jj = droplet heating flux

= vapor to drop convective heat flux

q'^ = heat flux received by drops

q"^^ = vapor to drop radiation heat flux

qQUF = critical heat flux

q'^ = total heat flux received by liquid

q'ljj = liquid heating flux

q'^^^ = wall to liquid radiation heat flux

q'^^ = vapor to liquid convective heat flux

5" = heat flux received by vapor

q'^ = wall to fluid heat flux

q'^j^ = heat flux due to wall-drop interaction

q'^^ = wall to drop radiation heat flux

q'^^ = wall to vapor convective heat flux

q'^J = wall to vapor radiation heat flux

r = radial coordinate

t — time (sec)

At = time step size

y = parameter used in log-normal distribution function deflned by equation (2-66)

Greek Letters

0 = dimensionless temperature
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Oat, = dimensionless average temperature

a = volume fraction

a„ = volume fraction of vapor

a I = volume fraction of liquid

^ = drop size distribution parameter

= roots of Bessel function

7 = fraction of heat used to generate vapor below the quench front

6 = vapor film thickness (ft)

ei = liquid emissivity

= vapor emissivity

Cy, = wall emissivity

I/® = unnormalized volume fraction of entrainable drops

rj* = normalization factor for the drop size distribution

fiy = vapor viscosity {lb/ft — sec)

m = liquid viscosity

Pt, = vapor density {lb/ft^)

pi = liquid density

Pu, = density of the fiow channel

cr = surface tension coefficient {lb/sec^)

cr'" = Stefan-Boltzmann constant

r'" = shear stress per unit volume

t'J' = vapor-drop shear per unit volume

T-" = interfacial shear per unit volume

= wall-vapor shear per unit volume

Q, = influence coefficient for heat transfer between parallel plates
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Subscript

z = axial direction

conv = convection

c = convection

euap = evaporization

i = vapor-liquid interface

j = axial node

/ = liquid

r = radial direction

sat = saturation

V = vapor

u; = wall

Superscripts

iV = time step

n = iteration step

H = quantity per unit area

/// = quantity per unit volume
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CHAPTER I

INTRODUCTION

In the future, cryogenic refueling of spase-based vehicles and satellites is one of

the important operations for long term space missions. To minimize losses during

refueling, the temperature of the transfer line must be lowered to a point at which

the cryogen passing through stays in the liquid phase.

When cryogenic liquid enters into the transfer line, the cooldown process starts

with the production of vapor, two-phase flow, and reduction of the line tempera

ture. This process continues until the line temperature drops to the boiling tem

perature of the liquid. During the process, the flow regimes inside the line change

continuously with time; and consequently, the heat transfer and fluid flow charac

teristics are strongly time dependent.

In order to develop and design the transfer line and storage systems, pa

rameters such as the duration of cooldown and the amount of the coolant must

be known. To achieve this, a comprehensive study of the cooldown process in 1 g

and in microgravity is necessary. The present work deals with the 1 g environment.

The following sections review the experimental and theoretical investigations of the

cooldown and related two-phase flows, particularly when the liquid passes through

a vertical tube.

1.1 Cooldown Studies

Cooldown studies on cryogenic transfer lines have been conducted that con

sider different aspects of the process such as estimation of cooldown time, amount

of coolant, and physical characteristics of the flow.

Burke et al [1] studied the problem of pressurized line cooldown, both exper-
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imentally and analytically. They constructed a small pressurized transfer system

to investigate the physical process involved in line cooldown and to determine the

effects of various system variables on line cooldown time. An analysis was devel

oped from thermodynamic principles so that the test data could be correlated and

the range of their experimental results extended. The transfer line, was fabricated

from stainless steel tube (2 inch OD, 0.065 inch wall thickness). Liquid nitrogen

was used as a test fluid. The effect of the following four variables were studied:

1) Total pressure at the line entrance

2) Line heat leak

3) Line pressure drop

4) Line mass

The driving pressures ranged from 40 to 80 psi. The following variables were

measured during the test:

1) Fluid static pressures along the length of the line and differential pressures

across line components

2) Line wall and fluid temperature along the length of the line

3) Inlet liquid flow to the line, and gas and liquid flow out of the line.

The proposed physical model of the pressurized cooldown process based on

the observations was as follows: When the line inlet valve was opened, a liquid

front quickly advanced into the line. This front initially overshot its "equilibrium"

position, and pressure surges resulted. The front then proceeded in a relatively

uniform manner down the line at a controlled rate. The arrival of single-phase

liquid at the end of the line corresponded closely with the attainment of equilibrium

wall temperature. This physical model served as a guide in the development of an

analytical solution of line cooldown time. It should be emphasized that the above

model can be applied most accmately to rather long, thin-wall, transfer lines. The
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above method assumed an infinite heat transfer coefficient between the fluid and

tube wall, and hence tended to overestimate the percentage cooldown. The analysis

was applied to a 175 foot test configuration. The effect of ambient heat leak, which

was a time function, was seen to be more pronounced at low storage tank pressures

where the cooldown time was relatively long.

Jacobs [2] estimated the amounts of cryogenic liquid required to cool cryogenic

equipment to its operating condition. The purpose of Jacob's study was :

1) to derive relations for making these estimates

2) to compute the cooldown requirements for commonly used liquid (helium,

hydrogen, nitrogen, and oxygen) with some commonly used materials (stainless

steel, copper, and aluminum)

(3) to present the results of the computations in a readily usable graphical

form.

He considered two liquid requirements:

1) The minimum liquid requirement - the liquid required to cool a system to

its operating condition if all of the refrigeration available in the liquid was utilized.

2) The maximum liquid requirement - the liquid required to cool a system

to its operating condition if only the refrigeration available in the latent heat of

vaporization of the liquid was utilized.

Drake et al [3] developed a simplified line cooldown model which permitted

them to predict line cooldown time. The assumption was that cooldown has oc

curred when saturated liquid reaches the end of the line. The fluid properties of

the liquid in the line was obtained by averaging the properties at the line inlet and

outlet. The average mass flow rate was estimated from compressible flow theory,

provided the major flow restrictions in the system were located near the end of

the line. For this case, the combined line and flow restrictions could be replaced
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by an equivalent single flow restriction. Ambient heat flux during cooldown was a

function of the variation in the pipe wall temperature. To simplify the evaluation

of this factor, which was generally small compared to the exit gas heat flux, they

assumed that during cooldown the average ambient heat flux equaled one-half the

total heat flux after cooldown. They applied this model to the vertical line configu

ration. In order to use this model, one must know the average pressure differential

across the line during cooldown.

A later analysis by Steward [4] comprises studies of surging in transfer lines.

This method enables calculation of cooldown time of vacuum insulated lines using

an iterative method. Steward conducted a series of experiments with instrumented

transfer lines and analyzed the cooldown process in some detail. His previous

analysis [5], based on a simplified model, predicted the nitrogen pressure surges

observed early in the experimental program; however, an analysis was required

which would more accurately represent the physical process. The detailed com

putational system was supplemented by a highly simplified method for estimating

cooldown time. To obtain the inlet liquid condition designated as "subcooled",

the tests were started within several seconds after pressurization. Tests were made

with constant inlet pressure and temperature. The inlet flow rate, stream tem

peratures, and pressures were recorded continuously from the time the valve was

first opened until the transfer Une reached stable operating temperature. The pri

mary assumptions in developing the equations were; 1) the single phase fluid or

homogenous two-phase mixture; 2) thermal and mechanical equilibrium between

liquid and vapor; 3) one-dimensional flow.

The fluid mechanics of the approximate model was further simplified by as

suming that all of the heat transfer, rather than being distributed down the pipe,

took place only at the interface. In addition, it was assumed that there was a dis-
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continuity in the density, velocity, temperature at that point, and that the vapor

stream was adiabatic. These assumptions probably limited the model to relatively

long pipes. This model supplied a heat transfer area which is simply taken to

be the area of warm pipe in contact with liquid, (plus the added amount due to

entrainment of liquid downstream with the vapor). Other assumptions of the ap

proximate model were as follows; 1) the horizontal transfer line was of constant

cross-section area, with an initial temperature; 2) Quasi-steady-state Fanno flow

for the vapor stream. The modes of heat transfer considered were: 1) forced-

convection heat transfer to non boiling subcooled liquid; 2) nucleate boiling of

saturated liquid; 3) surface boiling of subcooled liquid; 4) film boiling of saturated

liquid; 5) forced-convection heat transfer to vapor.

Both the experiment and the computer program showed that a small amount

of precooling could cause larger peaks. The model produced smaller surges with

shorter periods for liquid hydrogen than for liquid nitrogen. The agreement ob

tained using this model would seem to indicate that driving pressure, inlet liquid

temperature, fluid, pipe length and diameter, and pipe precooling were some of

the most important considerations. On the other hand, pipe wall thickness, heat

capacity, or external heat peak were not believed to have a great effect on the peak

surge because of the fact that very little change in the pipe temperature occurred in

the few seconds of one surge, although they could contribute to the total cooldown

time. The effect of transfer line diameter was not clear. As mentioned earlier, the

model is probably limited to long pipes.

Based on Steward's results, one of the most effective means of reducing surging

during the cooldown would be warming of the liquid supply nearly to the saturation

point at the driving pressure. In addition, experimental and computational results

suggested that the following factors could be expected to bring about or aggravate
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surging in long cryogenic transfer lines; 1) a high degree of subcooling of the inlet

liquid; 2) long transfer lines.

Bronson, et al [6] observed a "cold front" type of cooldown in their transfer

system used for supplying liquid hydrogen to nuclear rocket engines. One of the

main concerns in this horizontal system of 8 and 10 inch diameter stainless steel

tubes was that stratified flow should not be allowed to develop. That is, flow

conditions must not be such that the liquid could flow along the bottom of the

pipe with relatively warm gas above.

For the case of the short transfer lines, Sirinivasan [7] suggested an analyti

cal model with two-phase flow persisting over the entire length of the tube during

cooldown. Chi [8] carried out an experimental study on the cooldown of aluminum

test sections by liquid hydrogen. The test section consisted of several 26-in. alu

minum tubes of 0.5, 1, and 2 in. OD with 3/16 in. ID. The data showed that

film boiling occurred approximately 90 percent of the cooldown time. The domi

nant mechanism of observed two-phase flow was mist flow. A cooldown model was

proposed and equations were derived for the prediction of cooldown wall and fluid

temperatures at any time and location. The calculated wall temperature histories

correlated reasonably well with experimental data.

1.2 Two-phase Flow

Two-phase flow is characterized by the existence of interfaces between phases

and discontinuities of properties associated with them. The gas and liquid phase

may have different geometrical configurations when flowing simultaneously. Such

configurations axe usually termed two-phase flow pattern or flow regimes. The

internal structures of flow are classified by two-phase flow regimes. Various trans

fer mechanisms between the mixture and wall, as well as between phases strongly
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depend on these two-flow regimes. This leads to the use of regime dependent consti

tutive equations and correlations together with appropriate flow regime transition

criteria.

A change of flow pattern usually means a change in the mode of transport of

Tnr.rppnt.iim or heat. Therefore, the pattern is a very important subject of study

and a great deal of work has been done to determine characteristics of various

patterns and the boundaries between the regimes.

A variety of flow patterns, ranging from vapor bubbles in a continuous liquid

medium to liquid droplets in a continuous vapor medium, occur with saturated

boiling in forced flow. These flow patterns are distinguished either by fundamental

differences in the transfer process (phenomenological description) or by charac

teristic geometric distributions of various phases (visual description). The visual

description does not always have associated with it a change in the basic transfer

mechanism of momentum, heat, or matter, and vice versa. Moreover, the transition

region from one flow pattern to the next is often unstable, making precise deflnition

of the range of the patterns difficult. Factors which can affect the beginning of a

flow pattern regime are: (1) inlet conditions, (2) pipe dimensions geometry and

inclination, (3) flow rate, (4) fluid properties, and (5) method in which the indi

vidual phases are introduced into the channel. Since the present work is related to

the cooldown of a vertical transfer line, and because of the importance and role of

two-phase flow in this process, previous works related in this area will be reviewed.

1.3 Two-phase Flow in a Vertical Tube

Investigations concerning flow pattern, and thermo-fluid characteristics of two-

phase flow in a vertical tube have been carried out by several researchers. The most

fundamental and rigorous works were done by Laverty and Rhosenow [9], Forslund
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and Rhosenow [10], and Kawaji and Banerjee [12]. In Kawaji and Banerjee's work,

water was considered as a working fluid, while in the other researcher's work, liquid

nitrogen was used. In the following, each of these works is briefly discussed.

Laverty and Rhosenow [9] studied film boiling of saturated nitrogen flowing

upward through a uniformly heated tube. Analysis of experimentally determined

tube wall temperatiure distributions showed that a significant amount of vapor

superheat was present throughout the film-boiling process. The specific study con

figuration was a uniformly heated tube with vertical flow upward through the tube

and with pure saturated liquid entering. The visual test section was a pyrex tube

(0.512 in. od, 0.417 in. id) internally coated with a transparent electrical conduct

ing coating. The quantitative test section was a 304 stainless tube (0.375-in-od,

0.319-in-id) which was 47.8 in. long. In both of these, liquid nitrogen was em

ployed as the test liquid in tubes heated electrically by alternating current. The

experimental program consisted of two phases. The objective of the first phase

was to determine qualitatively the characteristics of the two-phase flow regimes

which occurred as a result of the film-boiling process. The second phase of the ex

perimental program was devoted to quantitative measurement of the film-boiling

heat transfer coefficient. Analysis of the experimental data followed in order to

determine the mechanisms through which heat was carried to the two-phase mix

ture and by which evaporation of the liquid tahes place. From visual study it was

determined that there were basically two flow regimes which occurred. At the

beginning of the heated section, where the vapor fraction was small, the flow was

annular with the liquid in the center and the vapor in the annulus. Because of

the large velocity increase caused by the generation of low-density vapor, the drag

force on the liquid core increased at greater tube lengths to the point that the core

was torn apart into filaments and droplets of liquid. As the breakup continued,
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the flow went through a somewhat gradual transition to a dispersed flow regime in

which small droplets and filaments of liquid were carried along in a vapor matrix.

In conclusion, the results obtained from the analysis and experimental data for

nitrogen are summarized as follows:

1) For film boiling of saturated liquid flowing upward through a uniformly

heated vertical tube, there were two basic regimes: Near the inlet the flow was

annular with the liquid in the core and vapor in the annulus; at higher vapor

fractions the core was broken up to give a dispersed flow regime in which droplets

and filaments were carried along in a vapor matrix.

2) In most cases, the breakup of annular flow was gradual and tube wall

temperature reached a maximum in the vicinity of the transition; but at mass

flows greater than about 180,000 Ibm/hr - ft^, with high heat fluxes, there was

a depression of wall temperature following the maximum which indicated that a

critical Weber number might be involved at which the breakup began suddenly.

3) Once transition had proceeded to the degree that drops were relatively

uniformly dispersed, the heat transfer might be considered to be a two-step process

in which all of the heat from the wall was transferred to the vapor and heat was

transferred from the vapor to the liquid.

(a) An equation was given for the heat-transfer coefficient between the wall

and the vapor.

(b) Evaporation rate of the liquid was controlled by drop size, vapor velocity

and acceleration, and vapor temperature.

(c) Because the evaporation heat-transfer coefficient wais not large compared

to the wall-to-vapor coefficient, a significant amount of vapor superheat was pre

sented, making it difficult to obtain a simple expression for the overall heat-transfer

coefficient.
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Investigations by Forslund and Rohsenow [10], extended Laverty's work by in

cluding the effects of droplet breakup, "Leidenfrost" heat transfer from the wall to

the droplets, and modified the drag coefficients for accelerating droplets. Measure

ments were also made to verify the existence of the substantial amount of vapor

superheat in the presence of liquid droplets, as predicted by the analysis. Three,

8-ft long, stainless-steel test sections (0.228, 0.323, and 0.462 in. ID) and one 4 ft

long (0.323 in. ID) were used for the experimental tests. To verify the single-phase

correlation for heat transfer to super heat vapor, a series of tests were performed

only in the 0.323 in-dia, 4-ft-long tube. The observations of photographs suggested

that droplet size was primarily a function of heat flux. Since the acceleration of

the vapor was a function of heat flux and relatively independent of the mass flux,

the foregoing observation suggested that droplet size may be determined by the

rate of vapor acceleration. During the course of the calculations, droplet size was

obtained along the length. They concluded:

1) The large departure from thermal equilibrium in dispersed flow film boiling

was confirmed in this study.

2) Heat transfer tests yielded film boiling and superheating heat transfer co

efficients based on equilibrium conditions that were much lower than single-phase

heat transfer coefficients based on an equivalent flow rate of pure vapor. When it

was assumed that the liquid played no role in the heat transfer at the tube wall,

an appropriate single-phase heat transfer correlation was applied to the measured

heat transfer rate and tube wall temperature, and significant amounts of vapor

superheat (hence a reduction in the amount of vapor generated) resulted.

3) An additional amoimt of heat transferred directly to the droplets at the

wall was important at low qualities and high mass velocities.

4) The droplet breakup process along the tube was governed by a critical
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Weber number criterion which allowed an average droplet size {Wccriticai = 7.5).

5) The departure from equilibrium was mainly dependent on the mass flux,

and to a smaller degree on the heat flux.

An experimental and theoretical analysis was performed by Kawaji and Baner-

jee [11,12] in the study of bottom reflooding of a heated vertical tube. The test

section was made of 3.66 m Inconel tube with 14.3-mm-id. and 0.8-mm wall thick

ness. It was resistance heated by a manually adjustable d-c source. To avoid any

ambiguity regarding the calculation of the transient values of the heat flux to the

fluid and to facilitate these calculations (as well as the installation of the thermo

couples), the test section was left uninsulated. Simultaneous void fraction and wall

temperature measurements were made during the bottom-reflooding of the vertical

Inconel tube under constant injection rates at different heights of the tube under

various initial and boundary conditions. To support interpretation of these data,

flow regime visualization experiments were also conducted by reflooding a heated

quartz tube.

In the flow visualization experiments, a vertical 1.5 m quartz tube externally

heated with a gas burner over a length of 0.5 m was quenched by injecting sub-

cooled water from the bottom. Flow patterns occurring imder constant inlet flow

conditions were recorded with a high speed movie camera.

In constant-injection reflood, two distinct flow regimes were possible near the

quench front. If the coolant was injected rapidly and remained subcooled at the

quench front, inverted annular flow occurred in which the liquid column extended

above the quench front, separated from the wall surface by a thin vapor film. Heat

transfer rates were expected to be quite high in this region, but would decrease

significantly with height as the vapor film became thicker.

On the other hand, if the coolant was injected slowly and became saturated
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below the quench front, the flow changed to an annular droplet flow regime. With

a short annular flow region, periodic bursts of vapor occurred in the boiling zone

followed by upward ejection of liquid. While bursts were observed in the flow

visualization experiment, no quantitative measurements were made. The ejected

liquid elongated into filaments that eventually broke up into fragments of various

sizes and shapes. The filaments and fragments would collide against the wall or

with one another and shatter into smaller droplets. Small droplets were entrained

upstream and continued to flow upward, but large fragments tended to fall back

and accumulated in the boiling zone until another burst of vapor occurred and the

process was repeated.

Whenever the wave crests reached the quench front, sputtering occurred and

the quench front advanced incrementally. The droplets formed during sputtering

were either entrained by vapor or fell down. This appeared to be a different mech

anism from what they observed for a shorter annular flow region. In either case,

the unquenched region was entirely in the dispersed flow regime and the quench

rate was much lower than in the inverted annular flow case. In summary, the flow

regimes identified above the quench front in constant-injection, high reflooding-rate

tests were inverted annular, transition, and dispersed flow. Chordal-average void

fraction of 10-30 percent, 30-70 percent, and 70-90 percent were typical of the three

flow regimes, respectively. In constant-injection, low reflooding-rate tests, annular

droplet flow and dispersed flow regimes existed below and above the quench front,

respectively. The void fractions were above 80 percent in both flow regimes.

Also, they formulated a transient, one-dimensional two-fluid model to simu

late the heat transfer and fluid flow characteristics of the inverted annular film

boiling regime. The mathematical model was derived from the general two-field

conservation equations, and its structure was examined. Their model considered
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an interphase momentum interaction due to the vapor thrust and surface tension

as well as the interfacial friction. Kawaji also analyzed the linear stability of the

two-fluid equation system that he used. His analysis indicated that the govern

ing equations were stable to short-wavelength disturbances and that the growth of

long-wavelength instabilities would result in transition to a dispersed flow regime.

The length of the most unstable waves was also derived in the analysis and agreed

well with the available data. For dispersed flow, the system was predicted to be

come unstable if the Weber number exceeded a critical value of 8.

An expression for the wavelength of the most unstable interfacial waves in in

verted annular flow was also obtained from the dispersion relation. The expression

was successful in predicting the interfacial wave data obtained by De Jarlais [21]

for adiabatic, inverted annular flow in a glass tube.

1.4 Objective

In most of the cooldown studies discussed in the above sections, either enthalpy

change of fluid alone or forced convection heat transfer coefficients based on vapor

properties were considered to evaluate heat transfer from pipe to fluid. However, it

should be noted that nearly 85-90 percent of the cooldown to cryogenic temperature

is due to film boiling of liquid in the tube. Sirinvansan [7] and Chi [8] considered

the importance of film boiling, but their analysis was for a short cryogenic transfer

line and because of over simplification, their approach is not suitable for the present

study.

Since the film boiling is the dominate mechanism during the cooldown process,

and because of the important role of two-phase phenomena in this process, the

objectives of the present work axe:

i) mathematical formulation of the problem, based on the observed flow pat-
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tern, and consideration of the possible heat transfer mechanisms for each flow

regime; and analysis of the two-phase regions utilizing the two-fluid model.

ii) the development of a code to predict the thermo-fluid parameters of the

cooldown process of an open-to-air vertical tube carrying cryogenic fluid.
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CHAPTER II

THEORETICAL ANALYSIS

2.1 Model

Formulation of the cooldown process in the present work is based on the flow

pattern observed in past visual experiments. The flow pattern inside a vertical

tube, as illustrated in figure (2-1), consists of liquid, two-phase, and vapor regions.

For liquid nitrogen, the flow pattern observed by Laverty and Rohsenow [9], is

similar to the one shown in figure (2-la) in which the two-phase regions are Inverted

Annular Film Boiling (lAFB) and Dispersed Flow Film Boiling (DFFB). Therefore,

a model containing a flow field with four distinct regions (fully liquid, inverted

annular fllm boiling, dispersed flow fllm boiling, and fully vapor) is considered. The

conservation equations are one-dimensional for fully liquid and fully vapor regions,

while for the two-phase region, based on the two-fluid model, one-dimensional,

volume-averaged conservation equations are considered. In addition, to calculate

the tube wall temperature history, a one-dimensional energy equation is formulated.

In the following sections, each subject related to the analysis of the model will be

discussed.
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2.2 Method of Analysis of Two-phase Flow

There are several possible approaches to the analysis of two-phase flow [13].

The first is descriptive-experimental which involves observing and recording mea

sured parameters and trying to describe and explain the observable characteristics.

Correlation is the simplest form of analysis in which patterns in the data are

presented quantitatively, using dimensionless relationships. Particularly when the

phenomena are complicated, correlations for composite concepts such as friction

factor, are the most useful products of research, and there may be little to be

gained by further elaborate investigations of the details of the flow field.

Another approach to analyze two-phase flow involves Homogeneous Flow [14],

in which the flow is divided into subregions with recognizably different properties.

By definition, such a flow can never be homogenous, since in that case every element

would have identical properties. The homogenous theory of two phase flow is an

attempt to represent the flow as if it were a single phase flow, using "effective

properties" and established techniques. It is the theory, not the reality that is

homogenous. While this theory may provide a reasonable representaion of some

variables of interest, e.g. pressure drop in armular-mist flow; it may be misleading

in another context, such as the prediction of "dryout" that depends on the fraction

of the liquid that flows as a film on the wall and is not typical of the average flow.

In the Two-fluid model (sometime called Separated Flow) each phase has dif

ferent properties, e.g. temperature, density, and velocity, and is assumed to satisfy

some form of the usual conservation laws for mass, momentum, and energy. Each

parameter is some sort of average. Averaging introduces errors that are corrected

by adding more terms or coefficients to the equations. Two-fluid models may be

a good way of representing a spray, or annular flow. In setting up the conser-
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vation equations one may arbitrarily choose, within limits, to designate certain

terms as primary and others as empirical, particularly when dealing with inter

actions between phases. This is a subjective choice. As long as consistency and

mathematical integrity are maintained, there is no more fundamental principle to

which one can appeal to determine which version is correct. The only criterion is

utility for the particular purpose for which one is performing the analysis. There is

rarely a clear, basic constitutive equation except for highly ideahzed models that

are geometrically simple and are at best an approximation to a much more compli

cated reality. Realizing that the two-fluid model has weaknesses, some researchers

have sought greater precision by being more explicit about averaging. This usu

ally means that terms in the equations appear as integrals over space and time of

continuum parameters such as velocity.

In the present work, a two-fluid model is used to analyze the two-phase regions.

2.2.1 Two-fluid Model

The singular characteristic of two-phase or of two immiscible mixture is the

presence of one or several interfaces separating the phases or components. In

analyzing two-phase flows, the standard method of continuum mechanics can be

applied. Thus a two-phase flow is considered as a field which is subdivided into

single phase regions with moving boundaries between phases. The standard differ

ential balance equations hold for each of the subregions with appropriate boundary

conditions to match the solutions of these differential equations at the interfaces.

Hence, in theory, it is possible to formulate a two-phase flow problem in terms of

the local instant variable. It will be called a local instant formvdation in order to

distinguish it from formulations based on various methods of averaging.

Analysis of the local instantaneous form of the conservation equations is dis-
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cussed by Delhaye k Achard [15], Vernier k Delhaye [16] and Ishii [17]. The general

approach is to operate on the conservation equations to produce a new set in which

the new dependent variables are time, firea, or space averaged. The resulting set of

equations is simpler, but information is lost in the averaging process and must now

be supplied in the form of auxiliary relationships. For two-phase flows, these aux

iliary relationships are for heat, mass and momentum transfer between each phase

(i.e., across the phase interfaces) and between each phase and the boundaries. In

two-phase flows the presence of interfacial surfaces introduces great difficulties in

the mathematical and physical formulation of the problem.

From the mathematical point of view, a two-phase flow can be considered

as a field which is subdivided into single phase regions with moving boundaries

separating the constituent phases. The differential balance holds for each sub-

region; however, it can not be applied to the set of these sub-regions in the normal

sense without violating the above conditions of continuity.

From the point of view of physics, the difficulties which are encountered in

deriving the field and constitutive equations appropriate to two-phase flow systems

come from the presence of the interface, and the fact that both the steady and

dynamic characteristics of two-phase flows depend upon the structure of the flow.

Although there is reasonable agreement between various formulations for the

averaged two-phase flow models under identical physical situations and assump

tions, as pointed out by Wallis [18] and Yadigaroglu k Lahey [19], there are still

differences due to different ways of incorporating the various empiricisions required

for the auxiliary relationships.

Averaging operators have been discussed by Delhaye k Achard [15] and Ishii

[17] in detail. The commonly used averaging procedures are; (i) volume or area

averaging, with no averaging in time; (ii) time averaging, with no averaging in
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space; (iii) area averaging, with no averaging in space; (iv) area/space averaging

or time/space averaging.

In the present study, a set of one-dimensional two-fluid equations for unequal

phase velocities, unequal temperatures and imequal pressures is considered. More

details about conservation equations for two-fluid model are disscussed in Appendix

A. These equations have been developed for two-fluid flows, and have been voltune

and area averaged for the prediction of one-dimensional transient flow. These

two-fluid representations of the two-phase flows are, in principle, extremely pow

erful, both because of the generality of the equations and the flexibility to adopt

appropriate constitutive relations for distinct physical situations.

This two-fluid model is based on six field equations, i.e., two continuity, two

momentum and two energy equations. The interfacial transfer conditions for mass,

momentum and energy bind the transport processes of each phase. Since these

equations basically express the conservation laws, they should be supplemented by

various constitutive equations which specify molecular diffusions, turbulent trans

ports, and interfacial transfer mechanisms as well as a relation between the ther-

modynamic state variables.

2.3 Inverted Annular Film Boiling

In this section, attention is focused on the flow pattern where a long liquid

column is formed above the quench front, separated from the wall by a thin film

of vapor. This regime is generally referred to as Inverted Annular Film Boiling

(lAFB) regime and is characterized by the presence of waves on the vapor-liquid

interface and by liquid subcooling at the quench front. With increasing vapor

quality, the liquid core is broken and finally the flow pattern changes to dispersed

flow. The term "vapor-liquid interface" refers to the interface between the vapor
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phase and the liquid column in this regime.

Inverted annular flow occurs in conflned boiling heat transfer systems, when

low quality flow is coupled with wall surface temperature and heat flux values too

high to allow direct liquid/wall contact. The resulting flow pattern is a liquid core

svu-rounded by a blanket annulus of vapor. Inverted annular flow may occur in

light water reactor accident situations in which, after a loss of core coolant, core

reflood brings coolant into the conflned regions between very hot fuel rods [21];

or it may occur in cryogenic heat transfer systems, such as those found in rocket

propulsion applications [22].

It can be said that very limited studies have appeared on the fluid-dynamic

mechanisms of the post CHF (Critical Heating Flux) two-phase flow. The main

reason for this lack of information on the flow characteristics, is considerable exper

imental difficulties associated with flow measurements in this region. Due to the

high temperature of the wall to sustain the fllm boiling, flow visualization requires

special attention. Furthermore, local flow and temperature measurements of liquid

and vapor in this adverse two-phase flow condition is extremely difficult and costly.

Often the heat transfer and fluid-dynamics axe so tightly coupled that is almost

impossible to obtain accurate fluid-dynamic data.

Some understanding of the fllm boiling mechanisms has been obtained from

visual observations such as those using high speed motion pictures and flash pho

tography. Visualizations of the flow patterns have been made using a quartz tube

for a sight glass in many studies. A visual experimental study of liquid nitrogen

film boiling in a vertical tube by Laverty and Rhosenow [9] demonstrated that

similar two-phase flow regimes also existed at very low quality and were broken

up at higher qualities to form liquid slugs and dispersed droplets. They concluded

"the drag force on the liquid core increases down stream due to higher gas flux,
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and eventually the core is torn apart into filaments and droplets". Forslund and

Rhosenow [10] extended the above experiments and measured the droplet size at

the exit of the heated section. It was observed that the size of the droplets present

appeared to be relatively insensitive to the liquid flow rate and quality, however,

it was affected strongly by the heat flux. Smaller droplets were observed at higher

heat fluxes.

Kalinin et al [23-24] performed similar experiments using liquid nitrogen in a

vertical down flow system. They also confirmed the existence of inverted annular,

slug, and dispersed droplet flows. However, they observed a different mechanism of

liquid core disintegrations in this transient quenching experiment. They explained

that the cyclic changes in the flow regime between the inverted annular and slug

flows were caused by cyclic pressure changes at the leading edge of the liquid due

to the rapid vaporization.

Cumo [25] studied the rewetting of a hot wall by falling water film. The

formation of rivulet flow and subsequent droplet generations, by sputtering of a

liquid film, were observed. Two different size groups of droplets were generated. A

large number of smaller droplets having the mean diameter of about 0.2 mm were

generated by escaping vapor bubbles near the tip of the rivulet. The larger drops

were generated due to the detachment of the rivulet by the film boiling. The mean

diameter of the larger droplets was in order of 3 mm.

De Jarlais and Ishii [26] experimented steady-state inverted annular flow of

Freon 113 in an up flow configuration, which was established in a transparent

test section. Using a special inlet configuration consisting of long aspect-ratio

liquid nozzles coaxially centered within a heated quartz tube, idealized inverted

annular flow initial geometry was established. In addition, inlet liquid and gas

velocities were measured and varied systematically. Gas species and liquid inlet
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subcooling were also varied. By utilizing both still photographs and high speed

motion pictures, the fluid-dynamic behavior of the liquid core, and subsequent

downstream break-up of this core into slugs, ligaments, and/or droplets of various

sizes was observed. In general, for low inlet liquid velocities (roughly less than

15 cm/s) it was observed that after the initial formation of roll waves on the

liquid core surface, a disturbed region of high surface area, with attendant high

momentmn and energy transfers, occurred. This disturbed region appeared to

propagate downstream in a quasi-periodic pattern. Increased inlet liquid flow rates,

and high gas annulus flow rates tended to diminish the signiflcance of this disturbed

region.

The mathematical models for Inverted Annular Flow heat transfer mechanisms

have been reported by Chan and Yadigaroglu [27], Elias and Chambre [28]. A brief

discussion of each model will be presented.

Chan [27] formulated a one-dimensionsd two-fluid model to analyze the heat

transfer mechanism in the lAFB with a turbulent homogenous liquid-vapor mixture

core above the quench front. The pressures in these regions were assumed equal.

Heat was transferred from the wall to the interface by conduction and radiation

through the vapor film, and from the interface to the mixture core at a rate given by

Dittus-Boelter correlation with the assumption that the interface was not moving.

The net vapor generation rate was then determined by the difference between

the two heat transfer rates. A fraction of the vapor generated at the interface

was allowed to mix with the liquid core. However, this fraction had not been

determined and was left as a free parameter in the model.

Ellias and Chambre [28] obtained an analytical solution of the two-dimensional

energy conservation equation in the vapor region of the lAFB regime. Their model
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assumed a constant film thickness, vapor generation only at the quench front (no

vapor generation along the interface) and a laminar vapor flow with a flat velocity

profile. They showed that a linear temperature profile was gradually developed in

the vapor film which caused the wall heat flux to vary as a function of distance

from the quench front. The vapor film thickness was a free parameter in the model

and by choosing some appropriate values of it, the heat flux calculations were made

to fit experimental data. Based on the data, a simple correlation was then derived

to determine the vapor film thickness as a function of the local equilibrium quality

at the quench front.

The flow regimes observed to co-exist in the flow channel during cooldown are

shown in figure (2-la). Briefly, the dispersed droplets flow regime precedes the

inverted annular film boiling (lAFB) regime which, in turn, precedes the nucleate

and transition boiling regimes; single phase liquid prevails below the boiling region.

The thermofluid behavior of each flow regime is described by a system of rate

equations governing the mass, momentum and energy exchanges in the regime. The

following sections discuss the governing equations and the heat transfer models.

2.3.1 Volume-Averaged Conservation Equations For the lAFB Regime

The experimental results [9,11] produced the following features in the lAFB;

1) waves developed along the liquid-vapor interface

2) volume of the liquid column changed with time

3) entrainment occurred near the top of the liquid column

To analyze transient behavior in boiling two-phase flow, non-equilibruim modeling

is essential. Also the mathematical model should predict all of the above features.

To achieve this, a two-fluid model with appropriate constitutive relations must be

considered.
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A generalized one-dimensionEil two-fluid model has been derived by Banerjee

and Chan [29]. Starting from this generalized two-fluid model, we can simplify it

by assuming that the average of the product of some dependent variables is equal

to the product of averages of these variables. Then, the resulting simplified model

has the volume-averaged conservation equations which are given as follows:

Liquid Mass:

(2-1)

Vapor Mass:

(2 - 2)

Liquid Momentum:

^ f \ ^ \ . ^Pl A doLl Iif f,i— {apu)i + —{apuu)i -h ai— - " Pi^^iQ - (2 - 3)

Vapor Momentum:

-h ̂ {apuu)^ ~ ~ ~ ~

Liquid Energy:

d  d
—{aph)i -I- —{apuh\ = -m'/'hi^sat + Qih (2 - 5)

Vapor Energy:

-h -^(Qpuh)^ = + q"' (2 - 6)

The energy equations have been further simplified by neglecting the kinetic energy

and axial conduction terms. To reflect the transient behavior of the cooldown
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and to predict the interfacial wave phenomena along the liquid-vapor interface,

the time-derivative terms have been included in the model. Pressure difference

between two phases has been taken into account.

The above conservation equations can be applied to any two-phase flow pro

cess. In order to apply them to a particular flow regime of interest, proper consti

tutive relations must be considered. These relations are expressing the interfacial

area and the interfacial transfer terms (mass, momentum, energy) in accordance

with the physics of that particular flow regime. The following sections will describe

the derivation of the phasic pressure difference APki and the constitutive relations.

2.3.2 Pressure Difference Between Phases

The interface-phase pressure difference terms Apu and Ap„, in equations (2-3)

and (2-5) can be evaluated as follows. The pressure in the vapor phase is assumed

to be radially uniform and equal to the pressure at the interface; thus, the term

Apvi = 0, and Apu equals Ap/„, where Apiv is the pressure difference between the

liquid phase and vapor phase. The pressure difference between the liquid and the

vapor is as follows:

Apiv = pv - pi = Apvt + Apst (2-7)

where

Apvt = pressure difference due to vapor thrust

Apat = pressure difference due to surface tension

The pressure difference due to surface tension, Apati is given by,

AP.. = +^) (2 - 8)

where Rr and are the radii of the curvature in the transverse and axial section

respectively. From Lamb [30], the sum of the inverses of the radii of principal
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curvature for an axially symmetric liquid colunm shown in figure (2-2) is,

1  1 _ I d^S
Rr^ Rz~ Ry/^i ̂  dz^ ^ ^

where

6 = vapor film thickness

R = radius of the flow channel

ai = liquid fraction

The film thickness and liquid fraction for a cylindrical geometry are related as

follows:

6 = R(1- y/^i) (2 - 9a)

Combining equations (2-8) and (2-9), equation (2-8) is expressed as follows.

The pressure exerted by the vapor on the liquid core, Apgt is:

Apr,t = m'l'{Vvn - Vln) (2-11)

where

m'l = mass transfer across the interface

v^n = normal velocity of vapor across the interface

vin = normal velocity of liquid across the interface

In the equation (2-11), the mass flux can be expressed as

m'l' = PvVvn

= PlVln (2 - 12)
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where pk is the density of phase k. By substituting equation (2-12) into equation(2-

11), we obtain

Ap„t i)
Pv Pi

w m'Upy

= Cap'fPvh^ (2 - 13)

where q'J^,ap is the amount of heat used for vaporization and hfg is the latent heat

of vaporization. Note that Ap„t is now expressed in terms of the heat used for

vaporization.

Physically, the vapor thrust pressure given by equation (2-13) has a stabilizing

effect on the growth in amplitude of liquid-vapor interface. As the interface gets

closer to the wall, a larger amoimt of heat is transferred to the liquid column;

and as a result, a larger amount of vapor is generated. The resulting vapor thrust

will push the interface away from the wall, preventing the wave from growing in

amplitude. Incorporation of this thrust pressure term into the two-fluid equations

can increase the stability of the numerical solution. As surface tension attempts

to minimize the surface area of the interface, it has the effect of limiting the wave

growth by exerting a surface on the interface. The effect of the surface tension

term on the numerical solution of the momentum equation has been investigated

by Ramshaw et al [31]. They foimd that the addition of this term in the two-fluid

model is able to improve the stability of the numerical solution.

Finally, we can relate the vapor pressure to the liquid pressure by the following

expression:

Apt - Apv = Apst + Ap„t (2 - 14)

where Ap^t and Ap^t are given by equation (2-8) and (2-13), respectively
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2.3.3 Constitutive Relations

The conservation equation set contains the following unknown terms in addi

tion to the major dependent variables:

^111 -Ill „lll JH

These terms are evaluated by means of constitutive models and incorporated into

the six conservation equations to solve for the six variables o/, u/, /i„, /i/,pi,. The

liquid fraction a/ is equal to the difference between unity and the void fraction Ot,;

Pi is related to pt, by equation (2-14). The constitutive relations are generally

expressed in terms of analytical expression or empirical correlations. The follow

ing subsections describe the methods to construct these relations for the present

regime.

2.3.4 Heat Transfer

Before discussing the details of constructing the constitutive relations for the

lAFB regime, the overall picture of the heat transfer model for the regime will be

introduced. The geometry of the regime is similar to a concentric annular duct with

a hot outer wall and cold inner wall (liquid surface). The two walls are separated

by a thin vapor film. Since the spacing between the walls is usually very small, the

annular geometry of the regime can be approximated by a parallel plate geometry.

The assumed heat transfer mechanism in the lAFB regime is shown in figure (2-

3). The vapor-liquid interface, where vaporization occurs, is assumed to be at

saturation temperature. In this regime the following heat transfer mechanisms

exist:

1) wall-to-vapor convection

2) wall-to-liquid radiation
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3) vapor-to-liqmd convection

therefore, the heat transfer from the hot wall into the fluid is by convection to the

vapor and radiation to the liquid column:

C = 9rad+Cv (2-15)

The heat flux received by the liquid column is due to radiation from the wall and

convection from the vapor phase:

Ql = C + 9rad (2 - 16)

This heat flux (5") is then used for removing the subcooling of the liquid column

and for vapor generation:

9/" = 9/"h + <l'Lap (2-17)

Where 9"^ is the liquid heating flux, and is the heat for vaporization. Sub

stituting equation (2-16) into equation (2-17) and rearranging the terms, 9"^ can

be expressed as:

= 9"/ + irad ~ 9evap (2 - 18)

At the same time, the increase in sensible heat of the vapor flow (the heat used

to heat up the vapor stream) is given by the total amount of heat transmitted to

vapor from the hot wall minus the amount of heat conducted to the liquid, i.e.,

9" = Cv - C (2 - 19)

Note that the quantities 9)^, 9" and 9"^ (which is used to evaluate the vaporization

rate) are explicit parameters in the two-fluid conservation-equations set (equation
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(2-1) through (2-6) ). They are determined by the constitutive models discussed

next.

In summary, the wall heat flux transmitted to the fluid in the lAFB regime is

distributed in three ways:

1) for vaporization {q'evap)

2) for increasing vapor superheat (q")

3) for removal of subcooling from the liquid (q'/ji)

The following subsections will describe methods of estimating these individual

heat fluxes.

2.3.4.1 Heat Transfer Model of the Vapor Film

The convection heat transfer rates from the wall to vapor and from vapor

to liquid are given by the inner and outer-surface Nusselt number formulation by

Kays [32] for convective heat transfer between parallel plates.

C. = - T.) (2 - 20)

«:, = - r,} (2-21)

The Nusselt numbers axe specified in terms of Nusselt number for the case of only

one side heated or cooled and the influence coefficient fl.

" 1 + ««./<',)

" i+nw7o

The vapor film is considered to be laminar just above the quench front, but turbu

lence may be initiated in the vapor flow by transverse flow of vapor generated at
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the interface. If the flow in the vapor film is laminar, heat transfer from the wall

is by molecular conduction only and the Nusselt, Nu*, and influence coefficient,

Q,, in equation (2-22) and (2-23) axe 5.385 and 0.346 respectively for the case of

constant wall heat flux.

The effect of turbulence is considered to be significant, since laminar film

boiling models underpredict the experimental data. Kays and Leung [33] computed

values of Nu* and for vapor Reynolds number greater than 10^ and various

Prandtl numbers.

2.3.4.2 Radiation Heat Transfer

For radiation from the wall to the liquid column, by assuming that the vapor

film is transparent and that the wall is gray, Siegel [34] suggested the following :

=  (2-24)
<u> (ly/Ol

The view factor was calculated assuming infinitely long, concentric cylinders.

2.3.4.3 Total Heat Fluxes for Wail, Vapor and Liquid

The wall heat flux is the summation of transmitted radiation flux to the liquid

column and transferred convection flux to the vapor:

C = Cv+qrad (2-25)

The vapor heating flux is given by:

i" = C - A (2 - 26)

The total heat flux received by the liquid colunrn is given by:

l" = C + I'Ld (2 - 27)
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2.3.4.4 Liquid Heating Flux

The total heat flux received by the subcooled liquid column, is utilized for:

i) some fraction for the conduction heating of the subcooled liquid column

ii) the rest is used for the evaporation at the surface

9/" = 9ih + 9evap (2 - 28)

The liquid heating flux is clearly dependent on the local subcooling of the bulk

liquid and the thickness of the thermal boundary layer near the surface. In order

to estimate its value, a laminar plug flow was assumed in the liquid column and

the following thermal entry problem was considered:

dTi , fd'^Ti ldT,\

with boundary conditions:

Ti{r, z) = To at 2 = 0, 0 < r < Rt (2 — 29a)

r/(r, z) = Tsat at r = il/, 2 > 0 (2 - 296)

= 0 at r = 0, 2 > 0 (2 — 29c)
or

The assumption of a radially uniform temperature profile at entry is based on

the possible mixing of liquid near the quench front due to turbulence created by

rapid and frequent growth and collapse of bubbles on the wetted surface below the

quench front.

The radial velocity profile, u/, is expected to change with the axial distance

above the quench front, in a manner difficult to estimate because of the free sur

face of the liquid core. Qualitatively, however; the radial velocity profile showed

change from a parabolic profile below the quench front with the center velocity at
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maximum to an inverted parabola near the top of the liquid core. By assuming

a flat velocity profile and replacing z with u/t, equation (2-29) was transferred

into a transient conduction equation. An analytical solution for this case is readily

available in a series form as given by Caxslaw and Jaegar [35].

where

0 = (Tsat - rKr,.j+))/(rsat - To) (2 - 31)

= roots of 7o(^) (2 — 32)

z'^ = kiz/{RiCp,piui) (2 - 33)

The average liquid temperatiure and liquid heating flux can be calculated from

equation (2-29) as follows:

0a„(z+) = 4 — exp(-/3„2"'") (2-34)
n=l

or

9/h
oo ^

= (2-35)
^'KTsat - To)/Rl

2.3.5 Interface Mass Transfer Term

Vaporization rate of the liquid per unit area at the interface is given by:

m'l' = Cap/hfg (2 - 37)

and the interfacial area concentration, A[":

4a fA'!' = -^ (2 - 38)
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therefore, the rate of mass transfer per unit volume is:

2.3.6 Interface Heat Transfer

At the interface the rate of liquid heating flux per unit volume is:

qiH = (2 - 40)

or

q'li, = ia"^ (2-41)

2.3.7 Momentum Transfer Term

The shear stress terms are in imits of force per unit volume, and either empir

ical correlations or approximate analytical expressions may be used. They should

account for the effect of fluid acceleration; however, only the steady-state stress can

be provided with reasonable accuracy at present. The shear stresses are generally

expressed in the form:

|U|U (2 - 42)

where

Pw!■A. = wetted perimeter per unit flow area

/  = friction factor

u  = field velocity

The friction factor applicable to the inverted annular flow regime is not readily

available in the literature. Since the liquid velocity is expected to be an order of
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magnitude less than the vapor velocity, it is reasonable to model the situation as a

steady vapor flow in a narrow annular gap. The friction factor correlation for fully

developed turbulent flow in an annulus is given by:

where

Re = p„Uv{26)/fi„

For this type of flow in an annulus, inner and outer friction factors generally vary

from each other, depending on the diameter ratio. However, for sufficiently thin

vapor film, the two friction factors can be assumed equal. Thus, the value given

by equation (2-43) is used for both the wall and interfacial friction factors.

The wetted perimeter to the flow Pxv/A^ for wall and interfacied friction shear

stresses are given by:

wall:

^ = 1 (2-44)

interfacial:

^ = (2-45)

The fluid density is that of vapor smd the releveint velocities for the two stresses

are as follows:

wall:

u = u„ (2 — 46)
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interfacial:

u = (uv - Ui) (2 - 47)

For steady laminar flow in the vapor film, the velocity distribution was solved

analytically, assuming that the liquid-vapor interface moves at a constant velocity

u,. The momentum equation and boundary conditions are as follows.

I d f d , I dp

at r = iZ, Uv(R) = 0 (2 — 4Sa)

at r = iZj, u„{Ri) = Ui (2-486)

The solution for the velocity profile is,

.  1 dp
= 4)151 [ +

Uiln{r/R)
ln(Ri/R)

(2 - 49)
ln{Ri/R)_

The velocity profile given by equation (7-49) is averaged over the cross sectional

area to obtain the average vapor velocity.

u„ = l.f2P^
8/i

' Rf-R?
Jn{Ri/R)

-R? -Rl (2/n(iZ,/iZ) R^-R])
dp .

The above equation is solved for — in terms of the average vapor and inter-
dz

facial velocities.

= 4^ (I ^2 p2 I /p2 tj2\ ^l^if/R)r -R +(R I  Uiin{r/R)
+ ln(R,/R)

r,- = -8p
UvUi

2ln(Ri/R) iZ2

The shear stresses at the inner and outer surfaces are evaluated from the first

derivative of the velocity profile with respect to r.

dur ItI" = p
dr ^

1

4 Uz 2ft+ 1
Riln{Ri/R)^
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t'" —
wv

dUr

dr \r=R,

4 \dzj 2R +
R^-R]

Rln{R,/R)
HUi

Rln(Ri/R)
(2 - 54)

Shear forces per iinit volume in terms of the average and interfacial velocities,

outer diameter and liquid volume fraction are obtained by substituting equation
dp

(2-51) for the — term in equations (3-53) and (3-54) and mvdtiplying the result
uz

by the perimeter to area ratio, equations (2-44) and (2-41) respectively.

Jff
16/z„

D2

-Ul/2^ + Uv{2( + OCy)
+

+ (1 + a/)^

ui{l + 2ai(/a„ + g/ + Q!t,/(2^))
Q„ + (l + a/)^

(2 - 55)

D2

ui/2( - u„(2^a/ + a„)
+ (1 + ai)^ +

ui{2ai + 2ai^fav + a„/(2^))
(2 - 56)

ay + (l + ai()

where ̂  = luy/oi].

The interfacial velocity, it,, is expected to decrease with distance from zero to

the quench front upward due to vapor drag and viscous forces in the hquid. When

u, exceeds the average liquid velocity, however, further increase in Ui is limited

because vapor drag and viscous forces counteract each other. If the liquid column

does not extend too high, it is reasonable to set Ui equal to the average velocity in

the liquid column over the entire portion of the inverted annular flow.

The effect of vaporization on interfacial friction is considered by including a

reduction factor derived from the experimental data discussed by Jeromin [36].

The data on the reduction of turbulent skin friction coefficient due to air injection

along a flat plate was used to develop a simple correlation for the reduction factor,

Fred 5 in terms of the vaporization rate.

Fred = exp [-0.5189a: - 0.0974x2] (2 - 57)
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where

1  fm'r D\
X = — I — ) (2 - 58)

2/i \ pv UvJ

2.3.8 Transition to Dispersed Flow

The transition from the inverted annular flow regime to dispersed droplet

flow regime under the constant-injection cooldown was found to be related to the

instabilities of the long interfacial waves which were developed at the vapor-liquid

interface in the former regime [11-12].

As shown by Kawaji and Banerjee [11-12], the set of conservation equations

used in the present two-fluid model (for the inverted annular flow regime) is able to

predict long interfacial waves, which can render the mathematical model subject to

the low frequency numerical instabilities. Therefore, as was seen in Kawaji's model,

the transition criterion comes directly from the predicted long-wave length insta

bilities in the inverted annular flow, which consequently bring about the necking

of the liquid during the computation process.

In the present model, if the wave amplitude, which is expressed in terms of

variations of the local fraction, at any location is found to satisfy the following

criterion, necking of the liquid is assiuned to occur at that location:

Q,j < 0.5 or > 0.15 and > 0.6 (2 - 59)

where a/ is the liquid fraction, and the subscript j is referred to the local node j.

Once necking has been detected, the liquid portion above the necking point

is treated as an isolated liquid plug. Then, the plug is assumed to shatter and

transform into a population of droplets before entering into the dispersed flow

regime.
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2.4 Dispersed Flow

Observations from the past experimental studies [9,11] indicate that the liquid

column near the top of the lAFB regime becomes unstable and breaks up into liquid

plugs. These liquid plugs again break down into small droplets of various sizes,

which are then carried downstream by vapor flow.

Dispersed flow is characterized by the presence of a large quantity of fine liquid

droplets in a continuous vapor flow. Momentum and heat transfer in this particular

type of flow is largely affected by the droplet deposition on the duct wall, the

vaporization of the droplets and the latent heat transport associated with it. The

study of heat transfer in dispersed droplet flows is motivated by its import8mce in

various applications, ranging from the operations of steam generators and cryogenic

machinery, and the safety of nuclear reactors during the loss-of-flow accidents, to

the spray combustion processes. Due to the complexities of the transport processes

occurring in the flows, experimental approaches have failed to measure the detailed

characteristics of the flows; and a rigorous computational physical model including

all the major transport mechanisms has not yet been presented.

Models used to treat dispersed flow can be classified as empirical or phe-

nomenological. Empirical models fit the experimental data to a proposed rela

tionship, while phenomenological models take into account the physical processes

involved. Phenomenological models can be further subdivided into models which

utilize the existing heat transfer correlations and those that solve the conservation

equations.

Correlations axe normally developed using data from a limited number of

sources and, as such, are typically limited to a range of flow conditions and one

fluid. Many correlations begin with an accepted equation for single-phase heat
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transfer, such as Dittus-Boelter correlation, which is then modified to aecount

for such effects as thermal nonequilibrium, droplet size, ratio of vapor to liquid

velocities, void fraction, etc. Some correlations have been developed by Dougall and

Rohsenow [37], Groeneveld [38], and Groeneveld and Delomore [39]. The inherent

assumption in expressing the heat transfer coefficient in the above form is that heat

is transferred to the liquid-vapor mixture by a forced convection mechanism and

that the two-phases are at thermal and mechanical equilibrium. Although simple

in the form and to use, the domain of applicability of each empiriced correlation is

limited to the range of test conditions from which the correlation was developed.

Furthermore, there is experimental evidence of significant vapor superheat, and the

thermal non-equilibrium in dispersed flow as reported by Laverty and Rohsenow

[9], Forslund and Rohsenow [10].

Most phenomenological approaches start with an assumed heat transfer model

which encompasses the major transfer processes occurring in the flow. Using cor

relations to characterize individual mechanisms, the model predicts the flow as it

moves along the pipe. This requires a step-by-step solution scheme and must be

implemented on a computer. The advantage in this approach is that it accounts

for specific heat transfer mechanisms within the flow.

Various workers have attempted to explain the dispersed flow heat transfer

through the identification of individual mechanisms. Liquid entrainment plays an

important role in the heat transfer aspect in the cooldown process. As a result,

research on the thermal behavior of the droplet flow has been widely performed.

Tong et al. [40] conducted experiments to measure the entrained droplet size dis

tribution and velocities in a large bundle (161 rods) under dispersed flow condition

in reflood. They observed that the measured droplet velocities, in some runs, were

insensitive to droplet sizes, while in other runs, droplet velocities tended to de-
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crease as droplet size increased. This occurred randomly and seemed insensitive

to the boundary conditions of the runs. No plausible theory was offered to ex

plain the discrepancies. Tong also used the measured droplet size distribution and

velocity data to calculate the radiation and convection heat transfer rates of the

wall. He then repeated the calculation process using the Sauter Mean Diameter

(SMD) as the average of the distribution. The results using SMD to calculate the

heat transfer rate were virtually identical to those performed with the exact size

distribution. This finding allows us to use the simpler SMD over the droplet size

spectrum in the modeling procedures.

Ardon and Hall [41] performed single tube reflood experiments using a silica

glass test section to study the breahup and motion of the droplets under atmo

spheric pressure. Droplet sizes were obtained by analysis of a sequence of flash

photographs of the liquid-vapor mixture flow. Droplet velocities were measured

using high speed photography. The droplets were seen to be generated just above

the quench front by disintegration of waves formed in the wetted part of the flow

channel (where annular flow prevailed). The mean droplet diameter was observed

to attain an equilibrium value after a distance of about 40 cm from the quench

front, as a result of the breakup of large droplets under aerodynamic forces. A

simple relaxation model was also developed to describe the spatial evolution of the

droplet Sauter Mean Diameter. The predictions were reasonably agreeable with

the measurements.

Kawaji [11] developed a two-fluid dispersed flow model to accoimt for the

variation of droplet velocity with size. The entrainable droplets were divided into

eleven groups based on their sizes. The droplet size spectrum was represented by

ULLND (upper-limit log-normal distribution function) and based on which, the

Sauter Mean Diameter of each group was calculated. The field equations were
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then solved for each group with the assumption that the intra-group transfer of

mass, momentum and energy due to droplet collision, breaJcup and coalescence

were negligible.

Thermodynamic nonequilibrium in dispersed two-phase flow first was sug

gested by Parker and Grosh [42]. Laverty and Rhosenow [9], attempting to ana

lyze the nonequilibrium effect in dispersed flow, proposed a model whereby heat

transfer in the flow was considered to be a two-step process in which all the heat

input from the wall is transferred to the vapor and then from the vapor to the liq

uid droplets. Forslund and Rhosenow [10] improved this model by accounting for

droplet breakup and by modifying the drag coefficient of the accelerating drops. In

addition, a "Leidenfrost" heat transfer from the wall to the droplets at low vapor

qualities was included.

Ganic and Rhosenow [43] studied the structure of fully-developed dispersed

flow, paying special attention to droplet deposition on the duct wall, the possible

successive states of drop-wall interactions and the heat transfer to a single drop

deposited on the heated wall. Bhatti [44] assumed that the axial motion of droplets

was with the local gas velocity without slip and investigated the transverse motion

of droplets under the influence of Stokes's drag, buoyancy, gravity and inertia

forces. Later Ganic and Rhosenow [45] examined the deposition of liquid drops in

dispersed flow in greater detail. Chen et zil. [46] developed a phenomenological

model and proposed a correlation of the convective vapor heat transfer in post-

CHF region by using a momentum-transfer analogy, allowing for thermodynamic

nonequilibrimn. Yao [47] proposed a model to calculate the forced convection heat

transfer in laminar droplet flow in the thermal entrance region of a circular tube

with constant wall temperature, without considering the slip between the phases.

The saturated droplets moving in the superheated vapor stream were treated as
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distributed heat sinks. The variations in the droplet size and population density of

the droplets were not considered. Later, the reduction in droplet size, the increase

in the vapor velocity and the dilution of the droplet density along the tube were all

included by Rane and Yao [48] and Yao and Rane [49]. Calculations were performed

from the inlet of the thermal entrance region to the final fully-developed single-

phase flow of vapor far downstream.

The phenomenological approach to the prediction of dispersed flow heat trans

fer is more mechanistic and the method has greater fiexibility in application to a

wider variety of situations. The overall heat transfer process is divided into several

separate mechanisms. This way, non-eqilibrium effects can be taken into account.

In general, the heat transfer mechanisms commonly considered in dispersed flow

include the following:

1) Convection from channel wall to vapor

2) Convection from vapor to drops

3) Radiation among wall surface, liquid drops and vapor

Although drops are known to enhance overall heat transfer, the exact mechanism

is still unclear and the following views have been proposed.

i) Heat Sink Effect

Sun, Gonzales and Tien [50] developed a model to calculate the radial vapor

temperature profile for a steady laminar mist flow, assuming that the drops axe

distributed uniformly in the flow channel and act as heat sinks. In their model,

however, axial variation of the vapor was neglected. Later, Yao [48], Rane and Yao

[49], and Yao and Rane [48] considered the axial temperature variation and solved

a two-dimensioned vapor energy equation.

ii) Wall-Drop Interaction

In the models proposed by a number of workers (Ganic and Rohsenow [44,46]
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and Koizumi et al [51]), drops are assumed to be impinging on the wall surface

as they travel along the flow channel. The transverse motion of drops necessary

for impingement on the wall surface may be included by turbulent diffusion in the

vapor stream and has been studied in this context by Ganic and Rohsenow. Drops

may also acquire lateral velocity during generation or from disturbances in flow

patterns.

iii) Turbulent Diffusivity Effect

Yong and Spencer [52] attributed the enhancement of heat transfer (due to

drops) to the increase in turbulent intensity of the vapor stream caused primarily by

droplet drag. The effect of drops was introduced into the convective heat transfer

model by modifying the local friction appearing in the analytical expression for

the turbulent Nusselt number which can be derived based on Reynolds analogy for

heat and momentum transfer (Kays [32]).

In the present work, because of significant volume fractions of liquid in the

flow transition and dispersed flow regimes, the wall-drop interaction was considered

to be primarily important.

Fluid-dynamic calculations are particularly important in prediction of dis

persed flow heat transfer, because the local liquid volume fraction depends on the

rate of drop entrainment and transport; and heat transfer rate depends strongly

on the local void fraction, as evident in the experimental data. Thus, a detailed

model was considered to calculate the drop transport in the dispersed flow regime

as described in the next section.

2.4.1 Two-Fluid Model of the Dispersed Flow

A portion of liquid core at the upper part of the inverted annular flow breaks

up into a liquid slug due to interface instability, and detaches from the rest of the
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core. In this case, a mass of liquid is introduced to the vapor stream, and then

shatters into a spectrum of drops. In the present model, it is assumed that once liq

uid detachment has been detected to occur, the detached liquid chuaik immediately

shatters and transforms into a population of droplets with its size spectrum repre

sented by a distribution function, and with its maximum possible droplet diameter

(or maximum stable droplet diameter) specified by a critical Weber number.

The dispersed flow analysis is composed of a one-dimensional, two-fluid model

with five conservation equations chosen to describe the motion and energy of va

por and liquid phases. Because of the significant thermal and mechanical non-

equilibrium observed in past experiments, separate equations for the two-phases

were considered. The liquid energy equation was included because of the possible

subcooling of drops in the process. The time and volume averaged equations are

given below. In these equations, averages of products axe once again assumed to

be equal to products of averages. In addition, the drops axe assumed to be perfect

spheres as shown in figure (2-4), with a population distribution function.

Drop Continuity:

^(tt//?/) + ̂imo'ipiUd) = -m'l" (2 - 60)

Vapor Continuity:

■^(ocvPv) + -^{oivPvUv) = m'l" (2 - 61)

Drop Momentum:

d  d—{■qiaipud) -t- -^(riiaipiUdUd) = t'J' - rjiaipig - ipim'I'ud (2 - 62)
Drop Energy:

—{aipihi) -f- -^{■niaipiudhi) = -m'/'hi^sat + q'dH (2 - 63)
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Figure 2-4. Dispersed Flow Geometry.
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Vapor Energy:

d  d"I" 'Q^{,OivPv'^vhv) ~ ^v,»at "t" 9v (2 64)

In the drop conservation equations rji, which is the volume fraction of the

entrainable drops, has been incorporated into the equation system because of the

importance of the drop size in accurate calculation of the drop transport. In this

model, it is assumed that vapor pressure is constant and equal to atmospheric

pressure; therefore, the vapor momenttim equation is not solved. Solution of two-

fluid equations (2-60) through (2-64) requires constitutive relations for interfacial

mags, momentum and energy transfer terms and these constitutive relations have

been developed from standard correlations.

2.4.2 Drop Size Distribution

Various workers have studied the size distribution for a population of drops

in dispersed flow. Ardon and Hall [41] measured drop size at various elevations

above the quench front during quenching of a quartz tube. In their experiment,

the coolant injection rates were low and the flow regime near the quench front was

of an annular type. They observed that the drops were initially generated at the

quench front due to the break-up of surface waves on the liquid film upon arrival

at the quench front. Drops broke up into smaller drops as they were entrained

and transported upward by vapor. To correlate the drop size data, they used an

upper-limit, log-normal (ULLN) distribution function first proposed by Mugele and

Evans [53]. The volume fraction of drops in size ranging from Dd to (D<f -}- dDd)

is given by the following expression:

^ = Ae-"''' (2 - 65)
dy y/n
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where

y = ln{awy, w = —— (2 - 66)
^max

The maximum diameter, Dmoi, in the above equation is the limiting size of

drops which can exist at a given elevation. Ardon and Hall used the diameter of

the quartz tube for Dmax and found that the same equation correlated the drop

sizes quite well at different elevations above the quench. They noted, however,

that the limiting drop size appears to be determined by interactions beween drops

and vapor stream. This observation implies that if the relative velocity varies

along the flow path with increasing vapor velocity due to vaporization of drops,

the limiting size should change along the flow channel. They also found that the

Sauter mean diameter of the sample decreased downstream of the quench front

due to a fragmentation process, then reached an equilibrium value at about 40 cm

above the quench front, and remained relatively constant downstream.

Using the tube diameter for Dmax, values of the distribution parameters a

and 13 in the equilibrium size distribution were found to be 1.1212 and 0.6474

respectively. The same values axe adopted here.

In the present model, the shape of the size distribution at all elevations in

the dispersed flow regime is assumed to be given by equation (2-65) with the tube

diameter replacing Dmax- The true maxim drop diameter, however, depends on

whether or not drops of maximum diameter can be entrained upstream and carried

upward, and also if they are stable with regards to drop-vapor interaction. There

fore, the size distribution is cut off at the maximum dieuneter which is determined

by the methods discussed in the later sections. Also the cumulative volume fraction

is given by,
1  2U = -4= / e"" dV (2 - 67)
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For the above volume distribution, the number distribution is given by the following

equation (Mugele and Evans):

- = (2-68)
dy yfn

With the adopted values of distribution parameters, the drop size distribution is

highly skewed towards small diameters.

2.4.3 Maximun Stable Drop Diameter

Drop break-up mechanisms determine the stable maximum size of a drop

that can exist stably at einy elevation. The most possible mechanism of break

up which has been observed in different experiments, is areodynamic break-up. In

general, aerodynamic break-up occurs due to the vapor inertial forces overcoming

the surface tension forces and can be characterized by a critical Weber number

based on the relative velocity and vapor density.

Wee = ~ (2 - 69)
o

For the critical Weber number, values ranging from 6 to 22 have been reported

by Hinze [54], Lane [55], and Forslund and Rohsenow [10]. Using the critical Weber

number criterion, the maximum stable diameter is determined from the following

equation:

^  (2-70)
In the present model, a critical Weber number of 15 is adopted.

The critical Weber number criterion may specify a maximum stable diameter

greater than the tube diameter; or just above the inverted annular flow regime,

slugs of liquid may exist with equivalent spherical diameters larger than the tube

-52-



diameter due to the elongated shape. In any case, it is assiuned that the maximum

stable diameter is less than or equal to the tube diameter vinder all conditions.

2.4.4 Entrainable Drop Diameter

For given local vapor velocity, the maximum size of drops that can be carried

upward is determined from the balance of gravity and drag forces. By equating

gravity and the drag forces acting on a drop, the maximum entrainable diameter,

is obtained.

075^ (2-71)
9KPI - Pv)

All of the drops in the population with diameters less than are con

sidered to be carried upward. Thus, at a given elevation, the maximum diameter

of the drop population should be related to the maximum entrainable diameter

in the upstream region. In addition, it can exceed the maximum stable diameter.

Therefore, in the present model, the maximum diameter at a given elevation is set

equal to the smaller of the maximum stable diameter calculated at that elevation

and the lowest maximum entrainable diameter calculated in regions upstream.

2.4.5 Entrainable Volume Fraction

The unnormalized voliime fraction of drops carried upward is obtained by

integrating the volume distribution function with respect to diameter from zero to

^max •

1  f^Vmax 2
= ̂  e-^ du (2 - 72)

=  ) (2-73)
ly Ufnax^
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1  t^Vmax 2
r/; = 4= / e-" du (2 - 74)

V J—oo

y™.. = Hn\" ) (2 - 75)
J^maz

0J5Cd£^
""" 9(/',-P.) ^ '

The entrainable volume fraction can be defined as the fraction of total volume

of drops which can be entrained and carried upward and is given by the ratio of

the above integrals.

m = nih* (2-77)

2.4.6 Various Mean Diameters

The liquid momentum equation describes the motion of the entrained drops.

Since the entrained drops have a size distribution, appropriate mean diameters

may be used to represent the entire group of the entrained drops in calculating,

interfacial mass, momentum and energy transfer terms.

There are various mean diameters obtainable from a given drop size distri

bution, each appropriate for a specific purpose. The mezin diameters are defined

and calculated using either the number or volume distribution function as follows

(Mugele and Evans [53]).

•i-'max ^max

/ D^—dD f Di-^—dD
i  dD i dD , ,

= -5^' = -i (2 - 28)
f Dp—dD f Dp~^—dD
i  dD i dD

A general relationship also exists between different mean diameters.

D'-' = ̂  (2 - 79)
^pO
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As will be shown later, the required mean diameters for drag force and heat

transfer calculations are the area-weighted, voliime-weighted and Sauter-mean di

ameters. Using the size distribution function adopted for the present study, various

mean diameters have been calculated.

2.4.7 Interfacial Drag

The drag force acting on a single particle in a continous vapor phase under

steady flow conditions can be given by,

Fd = ̂l/>. - P,\(P. - pdjDlt, (2 - 80)

where Ad = projected area of the particle.

The drag force is related to the interfacial shear force through the following relation:

6a,Fd ^ .

To describe the interfacial shear for a population of drops with diameters less

than the maximum entrainable diameter, one approach is to use the population

mean values of the projected area and volume in equation (2-80). This approach is

referred to as the single-group approach. Inherent in this approach is the assxunp>-

tion that a single equation of motion with an appropriately formulated interfacial

drag term can correctly represent the motion of a whole population of drops.

Equation (2-61) is directly used together with the mean diameter in drag force

calculation. The drag coefficient in equation (2-80) is commonly expressed as a

function of the drop Reynolds number Red] the area-weighted mean diameter,D20

is used to calculate the drop Reynolds number, because the drag correlation is

derived from the drag force using the projected area of particles.
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For a particle, the drag coefficient varies with Reynolds number in several

ways. In the viscous regime, the drag coefficient is strongly dependent on the

Reynolds number. For the viscous regime, Rowe [56] gives:

94

Cd = -^(1 + O.lSReS ®®') (2 - 82)
tied

A similar equation has been used by Forslund and Rohsenow[10], and Ishii

and Zuber [57]. For Re > 10', the drag coefficient becomes essentially constant at

about 0.45 and this value holds for Red up to 2.10' (Ishii and Zuber). The drag

correlation is valid under steady flow conditions.

For strongly accelerating drops, Ingebo [58] obtained the following empirical

correlation.

Cd = ntRey^ (2 - 83)

However, the particle diameters used by Ingebo to derive his correlation were very

small size, therefore, they experienced strong acceleration and equation (2-82) is

adopted, with a minimum value of 0.45.

In order to calculate the average drag force for a population of drops, the drag

coefficient, projected area and volume appearing in equations (2-80) and (2-81) are

calculated using the mean dieimeter discussed in the previous section. The main

uncertainty remains, however, in the dominant term of equation (2-80), which is the

square of the relative velocity between the two-phases. For a given vapor velocity,

smaller drops are expected to move faster than large drops and thus the relative

velocity should be less. Assuming that equation (2-62) truly represents the motion

of the whole population, the relative velocity in equation (2-80) is calculated based

on the drop velocity obtained from equation (2-62).
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2.4.8 Heat Transfer

As it is illustrated in figure (2-5) the heat transfer mechanisms incorporated

into the present model include the following:

1) Convection from the wall surface to vapor, and from vapor to drops

2) Radiation among wall, vapor and drops

3) Wall-drop interaction

Constitutive relations for each of these mechanisms are described below.

2.4.8.1 Convection Heat Transfer

a) Wall-to-Vapor Convection

The wall-to-vapor convection heat transfer rate is calculated using a Dittus-Boelter

heat transfer coefficient.

C = 0.023-|-(*>„u.i),)° 'Pr° '={T„ - T.) (2 - 84)

The vapor properties are evaluated at the film temperature,

b-) Convection from Vapor to Drops

If drops and superheated vapor flow at different velocities, then the convective heat

transfer rate can be specified in terms of a Nusselt number for a sphere;

Nu = = 2-1- C^Re^/Pr^f-^^ (2 - 85)
kf ^

where

_  i?2o(Wv ^d)Pv
KCd =

P

The value of C2 has been experimentally found by Lee and Ryley [59] to be

equal to 0.74 for water drops evaporating in superheated steam at low pressures.
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Their experiments covered the range of drop Reynolds numbers between 64 and

250, vapor superheats of up to 35 deg C, and initial drop diameters from 0.23 mm

to 1.13 mm. The degree of superheat foimd in reflood may be much higher, but

the value of C2 has been found by various workers to be relatively constant under

different experimental conditions. Thus, C2 is set equal to 0.74 in the present

model.

In Lee and Ryley's experiments, the relative velocity was equal to the vapor

velocity, since the drops were suspended stationary on a fixed wire. In actual dis

persed flow, drops may have both axial and transverse velocity components. In

addition, the effect of adjacent drops evaporating simultaneously and producing

saturated vapor nearby may be of some signiflcance to the rate of vapor-to-drop

convection heat transfer. Lee and Ryley's correlation includes the effect of simul

taneous mass transfer on heat transfer but not the multi-particle effect. Both the

transverse drop velocity and the proximity effects are neglected here.

The appropriate mean diameter to use in the above heat transfer correlation

is the surface area-weighted mean dieimeter, Dzo- Also, the drop's interfacial area

concentration per unit liquid-vapor mixture volume, A'/', is given by:

Ai" = ̂  (2 - 86)

The volumetric heat transfer rate is then obtained by combining equations (2-85)

and (2-86).

?w = 7^^(2 + O.UReYPrY^){T. - Ti) (2 - 87)
•^32

2.4.8.2 Radiative Heat Transfer

For radiative heat transfer calculations, the following network model developed by
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Sun, Gonzales and Tien [50] is used:

CJ = F^,c'(Tt -Tt) (2 - 88)

Ci =F^iG'(Tt,-Ti) (2-89)

q'U = F,ic'(Tt -It) (2-90)

where

F.j = {Ri + Rj + RiRjlRk)-^ (2-91)

and

K = , (2 - 92a)

Ri = /' ~ (2 - 924)

R^ = iijlilil) + (1 _ (2 - 92c)

For situations encountered in the cooldown, both vapor and drops are considered

to be optically thin and the Planck mean absorption coefficient is used to evaluate

the vapor emissivity.

= 1 - (2 - 93)

ai = Q.l^T^DlNdfA (2 - 94)

where

Nd = number density of drops
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For a population of drops with the upper-limit, log-normal size distribution de

scribed previously, an appropriate mean diameter should be used for Dj, in equation

(2-94). Since,

"I = (2 - 95)

= DlJDn (2 - 96)

the expression for the absorption coefficient becomes,

ai = l.lla//£)32 (2 — 97)

Thus,

g, = 1 _ (2-98)

2.4.8.3 Wall-Drop Interaction

Forslund and Rohsenow[10] conducted experiments on dispersed flow film boil

ing using nitrogen in a heated vertical tube. They developed the following corre

lation for film boiling of drops near the tube wall surface.

= C,hU^DlJi)N^I'(T^ - T„.) (2 - 99)

The heat transfer coefficient used was that of film boiling of small drops on a

horizontal plate developed by Baumeister, Hamill and Schoessow [60].

L  _ r ^f^fgdPvPl p/4 .n _ IppN
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where

>>}, = - T..,)lh,,)-' (2 - 101)

The constant Ci, is a parameter accounting for the differences in geometry between

fiat plate and vertical tube, and the type of packing of drops near the wall surface.

Forslund and Rohsenow [10] chose a value of 0.2 for C\ to best match the predictions

of the above model with their data.

The number density of drops per unit volume, iVj, can be expressed in terms of

the liquid volume fraction and volume mean diameter, £>30, as follows:

Ni = (2 - 102)
^-^30

Combining equation (2-100) and (2-102), the heat fiux due to the wall-drop inter

action is given by following equation.

Ci = 0.2552l5ihp^^l'' "a?(r., - T,,.)" "!^)
fJ'vL'30 -^32

Here, the ratio {DIq/DIq), has been replaced by {D30/D32) using equation (2-78).

The volumetric heat fiux is given by:

(2 - 104)

2.4.9 Overall Heat Transfer Model

The total heat fiux from the wall to drops and vapor is given by:

= c.+c+qZ+Cd (2 -109)
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The net rate of heat transfer to vapor per unit volume is given by:

jn m , iiiT jnr tii /n 11
Qv 9ijjv "i" 9wv Q.vd 9vd \~ 110)

where

r = (2-111)

The total heat transfer to the drops per unit volume is given by:

-9tid+9t)d +9u,d+9u.d (2-112)

If the drops are subcooled, heat received is used partially for vaporization and

partially to raise the sensible heat. The proportion is dependent on the degree

of liquid subcooling. For saturated drops, the heat received is used entirely for

vaporization. In the energy partition model to be described next, the drop heating

flux is first calculated and then subtracted from the total heat received by the drop

to obtain the vaporization heat flux.

2.4.10 Droplet Energy Partition

Drops are possibly carried by superheated vapor. Thus, the drop surface

is assumed to be at saturation and generating vapor even when the drop's bulk

temperature has not yet reached saturation. Furthermore, internal circulation is

neglected and the drops are assumed to behave thermally as solid particles.

The transient temperature profile for a sphere of radius initially at To and

the surface raised to Tgat for f > 0, is given by Carslaw and Jaegar [35].

r(r,t)-ro

Tsat ~ To
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Heat flux at the surface is calculated from the derivative of the temperature profile

with respect to radius, r.

(2-114)2k,{T..,-To)/R4 £5 * '

The average drop temperature is calculated from T{r,t).

e„(t) = = 1^1: (2 -115)
-isat — J-O ^ "

equations (2-114) and (2-115) are evaluated for various values of t/R^, and corre

lated with each other.

«;« = - T(,)F2(©„) (2-116)

where

F2 = 3.81173/0av - 2.92034 - O.489550av for Qav < 0.6

= 2.55871/0ar + 0.88880 - 3.447OO0a„ for Qav > 0.6

The initial temperature, To, is taken to be the temperature of the most recently

formed drops, which broke off the liquid column in the inverted annular flow regime.

The volumetric drop heating flux is obtained by multiplying equation (2-116)

by the interfacial area concentration, given by equation (2-106).

= jy9dH (2-117)
■^32

If the drop heating flux is calculated to be larger than the total heat flux received,

then the former is set equal to the latter value. The vaporization heat flux is the

difference between the total heat flux received and the drop heating.

q'JL, = ^7 - q7h (2-118)
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Finally, the interfacial mass transfer rate appearing in the two-fluid equations is

calculated from the vaporization heat flux as follows.
tn

m'{' = (2 - 119)
hfg

2.5 Fully Liquid Region

In this region, it is assumed that only fully developed, steady flow of single-

phase liquid exists and the region starts with channel inlet and ends in quench

front. Conservation equations then are as follows:

Continuity:

^ = 0 (2 - 120)
Energy:

dhi dhi 4 „ /-o ioi\

Equation (2-120) implies that below the quench front, the liquid has a constant

velocity which is equal to the inlet velocity. To calculate liquid temperature, the

wall heat flux should be incorporated into equation (2-121). The heat transfer

mechanism is convection from the wall to the liquid. Therefore, the local wall heat

flux is given by:

c = hc{T^ - Ti) (2 - 122)

where

he = heat transfer coefficient

Ttu = local wall temperatme

Ti = local liquid temperature

To calculate in the present model, it is assumed that flow is laminar and the

heat transfer coefficient is determined by Dittus-Boelter equation:

he = 0.023Rc? ®Pr? '* ̂  (2 - 123)
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As liquid propagates along the tube, it absorbs more heat and its temperature

increases. Close to the quench front, if the channel wall temperature is sufficiently

higher than liquid saturation temperature, incipient nucleat boiling tahes place and

heat transfer is increased due to nucleate boiling.

In spite of the voluminous literature on boiling heat transfer, the predictability

of boiling incipience and convective boiling in flowing heat transfer systems is

still quite limited. Available empirical and semiempirical techniques are mostly

derived from water data and extended to liquid cryogen. For liquid nitrogen and

liquid neon, Papell and Hendricks [59] suggested a correlation equation for boiling

incipience, and solved it iteratively. This correlation was used to calculate the

position of boiling incipience in a flow channel subject to imiform heat flux. Bergles

and Rohsenow [60] developed a criterion for the onset of nucleate boiling of water

which is valid over the pressure range of 15-2000 psia. Their criterion is as follows;

Tu, - = [C/(15.6p^-^^®)](p'' (2 - 124)

where

p = local pressure in psia

Taat = saturation temperature corresponding to p

For cryogenic liquid, Frost and Dackowic [61] modified Bergles and Rhosenow's

analysis as shown in the following:

4R
=(—jX'Pr (2-125)

where

B = {2aTsatVfg)/hfg

a = surface tension

Vfg = specific volume
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hfg = latent heat

Therefore, the total wall heat flux in the subcooled nucleate boiling regime is due

to convection and nucleate of bubbles on the wall surface. A number of correlations

have been proposed in which heat flux during forced convection boiling is calcu

lated by combining heat transfer coefficients for pool boiling and forced convection.

Correlations for prediction of heat transfer during boiling of cryogenic liquid are

suggested by Shah [62], Klimenko [63], Barron [64], and Girratano [65]. However,

using Girrantano's correlation leads to more accurate results.

The correlation of Shah [62] has been verified with a very wide range of data

for many non-cryogenic fluids; however, it has been reported to give poor results

for heat transfer to nitrogen in copper tubes. Klimenko's correlation [63] also

shows poor agreement with nitrogen data. It predicts the wrong trend for the

effect of vapor quality at higher pressures and heat fluxes. Barron [64] studied

the development of an analytical correlation for the film boiling heat transfer co

efficient around a spherical heating surface enclosed in an unheated vertical tube.

Experimental runs were conducted with liquid nitrogen to verify the analytical cor

relation. The heating surface was an aluminum sphere having a diameter of 2.54

cm. The sphere was polished with an emery cloth to produce a smooth surface

finish. The heat transfer coefficient data were obtained by a transient technique.

The aluminum sphere, initially at room temperature, was suddenly plunged into

the liquid nitrogen-filled pipe and the temperature-time plot was recorded. The

analytical correlation was in good agreement with experimental data taken with a

2.54-cm-diameter alumimun sphere enclosed within various tubes, having diame

ters between 2.8 and 8.1 cm, with liquid nitrogen in film boiling. For the cryogenic

liquid, Girratano et al [65] suggested the following correlation:

htotai = hnb + he (2 " 126)
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jj. 1.282 1.75^1.5

/l„i, = 0.487(10) ^°[(/i^^p^)1.5^0.906^0.626]^^ (2-127)

he = OmZRe]-^Prl*^ (2 - 128)

Re, = ei^,Pr, = SElB. (2-129)
/X/ A:/

In the present work, to calculate the total heat trzinsfer flux, Girratano's cor

relation is considered.

2.5.1 Surface Quenching Phenomena

Quenching is the term used to describe the cooling of very hot metal by a cold

liquid, for example the water spray used to cool steel in a rolling mill or the water

used to cool an overheated nuclear reactor core. A nuclezir reactor may be cooled

by liquid (water) sprays, or by pumping large quantities of water into the core from

the top (top flooding) or from the bottom (bottom reflooding), or by both.

When a hot surface whose temperature is above quench temperature is im

mersed in the liquid, stable film boiling occurs on the surface. The heat removed

from the surface at this stage is through convection and radiation. As time in

creases, the vapor film becomes imstable; and local intermittent wetting of the

surface takes place and the cooling rate increases. At a point when the surface

wall temperature suddenly and rapidly drops to about the saturation temperature,

the surface is considered to be completely quenched or wetted.

A similar succession of heat transfer processes as described above also occurs

when a hot metal tube is quenched by coolant injected from the bottom of tube.

A quench front is observed to propagate along the flow channel at various speeds.

Upstream of the quench front (cold side of the tube), heat is removed from the wall
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by means of nucleate boiling and convection to single-phase liquid. Downstream

of the quench front (dry side of the tube), heat is transferred from the wall to the

vapor flow, droplet flow, and inverted annular flow or annular flow. Furthermore,

heat can also be conducted axially from the dry side to the wetted side, where the

heat transfer coefficient can be many orders of magnitude leirger than that on the

dry side.

Although all of the above heat transfer phenomena were observed experimen

tally, the real physical mechanism of quenching a hot metal surface is still not well

understood. In developing codes involved with quenching phenomena, one common

approach to determine the quench speed is to use a quenching criterion based on

the quench temperature. When the wall temperature drops to the quench temper

ature, the surface is assumed to be quenched by the coolant. Then, a much higher

heat transfer coefficient is employed to calculate the heat transfer rate in order to

have a rapid drop in wall temperature. There are several reference temperatures

existing in literature to determine the quench temperature; for example, the Lei-

denfrost temperature, the minimum film boiling, and the saturation temperature.

In order to proceed with the modeling of the cooldown process in the present

work, the quench front propagation is determined by the quench speed data ob

tained from the present experiments. Therefore, the quench speed is an input

parameter to the model. Hence, the heat transfer and fluid-dynamic aspects of

the process are decoupled from the rewetting aspects, and can be analyzed sepa

rately. This approach helps in examining the accuracy of the constitutive relations

employed for the two-fluid model.

2.6 Heat Conduction in Flow Channel Wall

A thin-walled tube is considered to represent the flow channel in the present
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model in order to analyze the experimental data. Chi [66] studied the response of

the outside wall temperature to the inside wall temperature variations. He found

that imder the cooldown conditions, the difference between the two temperatures

was small. This implies that the radial temperature gradient across the two surfaces

can be ignored, and the one-dimensional approach will suffice for analyzing heat

conduction in the wall. Thus, to determine the wall temperatiure history of the

flow channel during the cooldown, a one-dimensional transient heat conduction

equation is formulated as follows:

dT^ a,, Pi „
(- 130)

where

2 = axial coordinate

Tu, = wall temperature of the flow channel

q'^ = heat flux to fluid flowing inside the tube

Pi = inside perimeter

Au) = cross sectional area of the tube wall
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CHAPTER III

NUMERICAL ANALYSIS

3.1 Inverted Annular Film Boiling Regime

In general, the conservation equations described in section (2.3.1) must be

solved together with the equations of state, which specify the fluid densities in

terms of fluid temperature and pressure. Therefore, there are ten equations and

ten dependent variables. The variables are:

Plj Pvi hi, Pi, Py (3 1)

The equations include:

1) six conservation equations

2) relations for the volume fractions, using the following equation:

Q/ + Qi, = 1 (3-2)

3) equation (2-14) for the phasic pressure difference

4) two equations of state.

Pi = Pi{Ph hi) (3 - 3)

pv=Pv{Pv,h„) (3-4)

To solve the above set of equations, using implicit technique, requires an im

plicit numerical scheme in which either a large matrix has to be inverted or itera

tions are carried out until the convergence of all the dependent variables is achieved
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at every time step. Usually, the computational effort and cost of such a numerical

scheme is enormous.

The numerical solution method described in this section is a semi-implicit,

finite-difference scheme which needs few iterations per time step. At atmospheric

pressure, liquid density can be reasonably assumed to remain constant with re

spect to temperature. On the other hand, vapor density is a strong function of

temperature at low pressure. It decreases significantly with temperature at at

mospheric pressure. Other vapor properties such as viscosity, specific heat and

thermal conductivity are assumed to be dependent only on temperature.

In the following equations, Mk, Gk, and Hk denote the phasic mass, otkPki

momentum, akPk^k-, a.nd energy, QkPkhk, respectively for phase k, which are the

quantities to be conserved. Also let j,n and N represent the node, the iteration

step and time step. The steps for solution axe as follows:

1) the liquid continuity equation is finite-differenced, as

Mr*' = - G5) - Atm'i;"*' (3 - 6)

Since the calculations are carried out from the bottom node upward, values of

variables below the current node and at the current iteration step can be considered

to be known. After solving equation (3-5), the liquid and void fractions at node j

are given by,

ar*'=Mr*'/p, (3-6)

= 1 - (3-7)

2) the vapor continuity and energy equations axe solved together to obtain the

vapor temperature and density. In solving the energy equation, the source terms
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(vapor heating flux and energy transfer due to the mass transfer) are recognized to

be highly dependent on the vapor temperature. For this reeison, the heat transfer

rates are first expressed as functions of the vapor temperature. From equations

(2-20) and (2-17),

Nu* k

Nu* k

5- = (T:^ i (3 - 9)

The net volumetric heat flux received by the vapor is given by,

5"' = - l",) = ̂41+ MT, (3 - 10)

where

2Nu*kv

" £>(5(1 -Q)^ "' (3-11)

k^Nu*

The interfacial mass transfer rate is also dependent on the vapor temperature,

because vapor-to-liquid convection contributes to the evaporation heat flux.

QeLp — Tii'ivl + q'rad ~ Q'i'h) (3 " 13)

tn

nt "tvap
mi =

hfg

= A3+ (3 - 14)

where
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4  jfc Nu*

^ Dhfg^'^'''"^ ~ (1 - ~ ~

A — ^ kyNu* —"  Dhfg 6{1 - a) ^ ^
The vapor energy equation is then implicity finite differenced as follows:

h:;'=<+ +a( (<"■"+mf "a., .„)
(3-17)

Since, , we can rearrange equation (3-17) and solve for

a/;+' + |ig;+'
The vapor continuity equation is also implicitly finite differenced as follows:

= M,". + - g;+' ) + Aim;;"-'' (3 - 19)

The terms in the denominator of equation (3-18) are not known, but can be replaced

with an expression which comes from equation (3-19). Also, by using equations

(3-10) and (3-13), the following equation is obtained:

zjN I At tJ-n-l-l i a a f i -v,'"""*"' U \^Vj Az \^9vj "ti, sat )

Since,

hv = Cp„(r„ — Tgat) + hv^sat (3 — 21)

the left hand side of equation (3-8) is an explicit function of and rearrange

ment of the equation leads to a quadratic equation in .

-f- c = 0 (3-22)
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where

a = (3 - 23)

b= +AjAicp.

-A2^t - K,,atA^^t (3 - 24)

c = (A.,„, - + M„, + AsAi) -

- fjK,"!:! "S/.", - AiA, - AtAiK,.., (3-25)
The desired value is the positive root of the quadratic equation (3-22).

=  (3-26)

With the vapor temperature determined, various heat transfer rates can be

calculated from equations (3-8), (3-9), (3-10), and (3-12). Interfacial mass transfer

can be calculated from equation (3-14). Various vapor properties are also calculated

with the new temperature. Vapor density is given by,

p".*'= (3-27)

(3-28)

3) the vapor continuity equation is finite differenced as follows to find the vapor

mass flux and velocity.

g:+' = £?;+'. - - m;;') + Azm-;;"*' o - 29)

(3-30)
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Equations (3-18) and (3-29) are solved together from the quench front node upward.

Thus, the values of the dependent variables Gv, and at the {j — l)th

node are all known, when their values at the j th node are to be calculated.

4) the momentum equations are solved as follows. First, the shear stress terms

are evaluated from equations (2-42), or equations(2-55) and (2-56) with the most

recent estimates of vapor velocity.

(3-32)

The vapor momentum equation is then finite-differenced to yield the vapor pres

sure.

p'*' = P?;. + )/At+
Otvj

nG:;'K+' - gi*_\<i\-)iaz+

(1 - f )(g:+\<+' - g:«<+")/az+

+ rZj - mi;') (3 - 33)

where F = 1 when G" > 0, otherwise F = 0Vj — '

It is assumed that the pressure of the vapor in the dispersed flow regime is

equal to the exit pressure, which is equal to the atmospheric pressure; therefore,

the pressure at the top of the inverted annular flow regime is considered to be equal

to the exit, and equation (3-33) is solved from the top node downward.

5) the liquid momentum equation is finite-differenced as follows:

G"/' = of! + - g:;+'u;;+'-)/a2+

(i-r)(G,■■+'«,y'-Gr,„u5^.)/Az+
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s-mix) (3-34)

The term can be written as f and brought to the left hand

side. The result is a quadratic equation and solving that, can be foimd. The

result is as follows:

ai(Gr+^)2+6iG|;+i+ci =0 (3-35)

and

where

= -3. + v/t; - 4a.c. _
'  ZOj

fli = (3 - 36)

6i = 1 (3 - 37)

c, = -G,, + A([[-re,';+'«j+' + (1 - F)Gj+;u;;«]/Az-

"^'(pr' - - ̂pr.t'("K: -

+Arr'p + '"IX1 (3-38)

The equations described in the steps 1-5 are solved iteratively at each time

step until the solution converges.

6) the liquid energy equation is solved explicitly outside the iteration loop for

the above five equations. It is finite-differenced as follows, with a superscript, N,

indicating the time step.

+ A([F(ujJ.,.H« , - u!'.H[;)/Az+
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+ Atq'i'lj. ̂  (3 - 39)

The above overall solution scheme for the inverted annular flow regime is

shown by a flowchart in figure (3-1).

3.2 Dispersed Flow Film Boiling

The steps for the numerical solution of this region are:

1) the drop continuity equation is explicitly finite differenced as follows:

= (ptai)^ + ̂[{piaiua)^_^ - (piaiu^)^] - At (3 - 40)

Assuming the liquid density to be constant, solution of the above equation yields

liquid and void fractions at the new time step.

+'= (rta, (3-41)

= 1 - aif (3-42)

2) the vapor continuity and energy equations are both implicitly finite differ

enced as follows:

{pvOtv)^^^ = {pvOiv)f + - (p„a„u„)^] + m'/'^Al(3 - 43)

(^Pv^vhtt)j ^Pv^v^v) j ~^[iPv^v'^V^V^Vj (^Pv^l'^V^Vj^ j ]■!"

(3-44)
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Figure 3-1. Inverted Annular Flow Solution Scheme.
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The above equations are then combined to give the specific enthalpy of vapor.

+ mf"K,
{Pvav)f + f7(PvavUr)j^V +

(3 - 45)

In this equation, dependent on the vapor tem

perature at the new time step,

Assuming that the most dominant effect of the vapor temperature on the

vaporization rate is through vapor-to-drop convection, the mass transfer term is

written as follows:

^,,,N + , ̂ 1 ^ ^ ^ _ yjV)] (3 _
"/s

For vapor heating flux, the dominant effect of the vapor temperature is assumed

„lllN+l _L ^ 1. N+l/rnN rpN+lsQvj = ilwv - Qvd )j + jrhwvj {T^- - )

to be on the convection rate from wall to vapor and from vapor to drops.

4

Dt

+  _ (J.N+. _ rjVj (3 _

By substituting equations (3-46) and (3-47) into equation (3-45), and using the

following relation,

hv = /iii.aot + Cp„(T„ — Tgat) (3 — 48)

equation (3-45) can be reduced to a quadratic equation in .

<'2(r,')'+')' + 62rjJ+'+c2 = o (3-49)

where

n^=r^
'' hf^ •><'2=c^'P-A^r>'^' (3-50)
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-N+l
^Pvj

At_L fjll ^ J"' JL ̂ l"'' ^"' ̂  l,N+\rpN
h  W"''' ^^<1 / • h t ' % >^  ̂ 1 ""ft ' J

_L A aIII^+\N+1^^ a'II^+\N+1+ K,s^,A,. h,^, 7^"% % hj^
AAt

DAz'

At At

Jt

C2 = (^i>,satcJ(,^^T8at) (/3vav)f + )^LY
,  ( III r r „"'*' „'ll \^ aIIi'^'^^ t.N+lmN
hf 9vd ivi ^dn) n ^ ^Vjf9 ^ f8

At
- (PvQvK)^ - —

At

~ ZI{(?:: -<)J+ic^T«
+

TV

\^9u>a "I" 9u;i + 9vi ^dH) J ^
/ P

,iV + l

(3 - 52)

Once the vapor temperature at the new time step is calculated, the vapor density

is determined and the vapor velocity is calculated from (3-43).

3) to find drop velocity and drop temperature, the drop momentum and energy

equations are both explicitly finite differenced as follows: .

{■nipiQiUd)^'^^ = impif^iud)^ - ̂ [{mpi0'iud)^ud.^ - {viPionud)^-iu^._^]

+At[T'JI^ - {rjipiai)fg - (77,mJ"ud)f ]N, (3 - 53)

At(piocihi)^'^^ = (piaihi)f - —[(T}ipiaiud)f hfj - {r]ipiaiUd)f.ihfl_^]

+At{q7„^^ - (3 - 54)

The solution scheme described in this section is illustrated in Figure (3-2).
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time step N+1
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D'^mazj
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Next time step

Figure 3-2. Dispersed Flow Solution Scheme.
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3.3 Fully Liquid Region

In the liquid region, the velocity is assumed to be constant and equal to the

inlet velocity. In order to find the liquid temperature, liquid energy equation

(equation (2-121)) is finite differenced explicitly as follows:

"v" hf' -unr'j+i h+i h hhf'+i (3= -I- At
h  V D Az

- 55)

3.4 Heat Conduction in Flow Channel Wall

Equation (2-130) is solved numerically using an explicit finite difference method.

The thermophysical properties are considered to be temperature dependent. The

finite difference formulation of the equation is given by:

T-iN-t-l rpN .
'

At

 (o c K\Hw^p^ )j
N

' rpN IT^ A-

+

'tN _ rpN uN _ uN

Az Az

{Azf

Pj
A  '

(3 - 56)

3.5 Overall Solution scheme

The objective of the present work is to investigate the flow channel wall tem

perature history and thermo-fluid parameters during the cooldown process. This

section will describe the solution procedure, the nodalization, and the numerical

stability criteria.

3.5.1 Solution Procedure

The flow channel is subdivided axially into a number of nodal points. The

flow and heat transfer calculations are performed at every time step in order to
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obtain the local wall heat transfer coefficient, which is required to determine the

flow channel's wall temperature. The overall computational scheme is illustrated

in figure (3-3), and the calculation procedures axe as follows;

1 ) the input data is read and the variables axe initialized.

2) the inverted annular flow regime calculations are performed. The solution

scheme for the inverted annular flow regime was described in section (3-1), and a

flow chart was shown in Figure (3-1). At each time step, volume fractions, phase

velocities and pressures, vapor temperature and heat transfer rates axe calculated

at each fluid-dynamic node iteratively.

3) calculations continue for the single-phase liquid. In this step, liquid tem

perature from the inlet to the quench front is computed.

4) the dispersed flow model is solved as described in section (3-2) and shown

by a flow chart (Figure 3-2). Volume fractions, phase velocities and temperatures,

and heat transfer rates are calculated.

5) the wall temperature at the new time step is calculated.

6) in the model, quench front propagates forward during the cooldown with a

velocity obtained from experimental data. At the end of each time step, the quench

front location, and the dependent variables axe updated for the next computation

step.

3.5.2 Nodalization

For fluid-dynamic and heat-transfer calculations, two different grid sizes are

used. A schematic of the flow channel and nodalization used in the computer code

is shown in Figure (3-4). The nodalization is designed to save some computing

time without sacrificing accuracy. The nodes axe listed as follows:

1) each grid in the single-phase region, inverted annular flow and the axial
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Figure 3-3. Overall Solution Scheme.
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grid spacing is equal to 1 inch.

2) each grid in the dispersed flow region is 13 inches.

3.5.3 Numerical Stability - Time Step Size

The time increment for the next time step is computed from the fluid-dynamic

node size and maximum fluid velocity calculated in the previous time step, so that

the Courant condition given below is not violated:

Az
<1 (3 - 57)

In the following chapter, the calculated results from the code will be analyzed and

compared with experimental data.
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CHAPTER IV

DISCUSSION AND RESULTS

In order to calculate the thermo-fluid parameters during the cooldown pro

cess, based on the model described in CHAPTER II and the numerical solutions

discussed in CHAPTER III, a code was developed and validated for both water

and liquid nitrogen as working fluids. The computed results axe compared with the

experimental data for water and liquid nitrogen. References [67], [68], [69], and [70]

are used in order to calculate the thermodynamic and transport properties needed

for the calculations. In the following sections, the comparison of calculations with

experimental data in each case will be presented.

4.1.1 Description of Experiment for Water

In this case, the calculations were compared with Kawaji's data [71] for the

bottom reflood of a heated vertical tube. The test section was 12 ft Inconel tube

with 14.3-mm-id and 0.8-mm wall thickness and was resistance heated. The wall

was not insulated and a convection heat transfer model from the wall to the sur

rounding was considered. The inlet flow rate was kept at a constant rate. Initial

wall and inlet water temperatures were 1050° F and 80° E, respectively. In addi

tion, the quench front and its speed were determined from experimental data. The

quench front equations for each test axe as follows:

Zqj — At -f- Bt^ -|- Ct^ (4 — 1)

where

Zqf = Quench Front Location

t = Time

- 88-



a) coolant inlet velocity 3 in!sec

A = 1.10481360, B = 0.00271739, C = -0.00004313; below 74 in.

A = 1.25916755, B = -0.00197486, C = -0.00000755; above 74 in.

b) coolant inlet velocity 5 in/sec

A = 1.66089070, B = 0.01846154, C = -0.00032389; below 74 in.

A = 1.69043159, B = 0.00996912, C = -0.00012086; above 74 in.

4.1.2 Results for Water

Simulation of two different reflood experiments (inlet velocities of 3 and 5

m/sec), indicated reasonably good agreement between the calculated values and

the data as shown in Figure (4-1).

For both tests, the calculated values of the wall temperatures for lower ele

vations are in good agreement with the experimental values, while values for the

higher elevations are underpredicted.

4.2.1 Description of Experiment for Liquid Nitrogen

For liquid nitrogen, the predicted values axe compared with McGee's experi

mental data [72]. The purpose of his experimental investigation was to study the

effect of quench front cooling, using cryogen cooling in a vertical copper tube. Liq

uid nitrogen was used as the working fluid and derived from a dewax into a test

section from a pressurized GN2 tank. The experimental set up consisted of; 1)

supply system; 2) test section; 3) data acquisition system. The experimental set

up is shown in Figure (4-2). The tests were performed with tank pressures of 2-10

psi. The liquid inside the dewax was assumed to be at the saturation temperature.

The supply system, as shown in Figme 4-2, consisted of a pressurized dry
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nitrogen gas tank, a 160 Liter dewar, a turbine flow meter, and a nominal 3/8

inch I.D. copper supply line. In order to minimize the heat flux to the supply line,

the line was insulated. The turbine flow meter was used to monitor the liquid

flow rate during the experiment. The supply line was cooled down to a stable

operating temperature (near saturation temperature) before allowing the liquid to

flow through the test section. The test section used to simulate a cryogenic transfer

line was comprised of a 12 foot vertical section of nominal 3/8 in. I. D. copper tube.

The test section was well insulated using a 3 inch thick urethane foam insulation.

Thermocouples were placed every 12 inches along the test section. The LN2 and

GN2 in the test section were allowed to vent to the atmosphere through the top

of the test section during each run. Each test r\m was continued until quenching

was achieved throughout the test section, and a stable operating temperature was

maintained. The test matrix consisted of making runs at 2, 2.5, 3, 4, 5, 10 psig

pressures supplied by the GN2 tank. In order to implement the computational

procedure, quench front velocity (which is a necessary input parameter) can be

found from the experimental results. The quench front information for different

experimental conditions is shown in Figure 4-3.

4.2.2 Results for Liquid Nitrogen

The calculations to be presented for the liquid nitrogen were generated using

two different versions. The model used in Version 1 is exactly as described in

CHAPTER II. To improve the calculated results and to formulate the cooldown

process as closely as possible to the experimental data. Version 2 was developed.

Quench front velocity computed from the experimental data is used as an input

parameter. The initial and boimdary conditions axe as follows:
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Initial Conditions

1) tube wall has an initial temperature To, or for any location for the tube

wall:

= To

2) it is assumed that initially the tube is filled with the vapor at a film tem

perature (average of the wall and saturation temperatures),

Tv = Tfilm

where

Tfilm = 0.5(ru, d- Tgat)

Boundary Conditions

1) the initial vapor pressure in the tube is the same everywhere in the tube,

and equal to the exit pressure which is at atmospheric pressure:

Pv — Patm

2) the inlet liquid velocity is at a constant rate.

Table 4.1 shows the quench front gradient and inlet velocity for each test. The

initial and boundary conditions are the same for both versions. A description of

each version and comparison with the experimental resvdts will be presented in the

next subsections.

4.2.2.1 Version 1

In this case, it was considered that as soon as the inlet valve is opened the

liquid enters into the inlet, and the flow field achieves a pattern as described in

CHAPTER II, consisting of fully liquid, inverted annular flow, dispersed flow,
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Table 4.1. Quench Front Gradient and Inlet Velocity

Test R\an

(psi)

Inlet Velocity (liquid)

in/sec

Slope of QF-
dt

in/sec

3 7.0 2.47218

5 11.5 4.12500

10 24.0 5.73493
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and fully vapor. Calculations proceeded for the test run of 5 psi and comparison

between the calculated and experimental results axe shown in Figures 4-4 through

4-9 for this case. In this version, the calculated wall temperature for the lower

elevations were overpredicted, while for the mid elevations, calculations were in

a reasonable agreement with the experimental data. The results for the higher

elevations (close to the top) were underpredicted. By careful reviewing of the

quench front data (Figure 4-3), one can notice that quench time for the first location

(1 ft) is almost half that of the last location (12 ft). Since the quench speed and

movement are almost at a constant rate, the overprediction of the lower elevations

could be due to the following hypothesis. Initially, the valve temperature is near

room temperature, which is relatively much higher than the liquid temperature.

When the inlet valve is opened and liquid passes through, it absorbs the heat

and cools the valve down until its temperature drops to a value which allows the

nitrogen to pass as a liquid. Therefore, in the initial period of the cooldown process,

the tube wall could be cooled by the vapor generated at the inlet valve and not

by the two-phase flow mechanism as described before. After the inlet valve is

cooled to the temperature that allows the fluid to enter into the inlet as a single-

phase liquid, the quench front starts moving and two-phase regions and flow field,

which was described in CHAPTER II, will proceed. By adding a vapor cooling

mechanism for the early portion of the cooldown time. Version 1 can be modified.

This modification led to the development of Version 2, which will be discussed in

the next subsection.

4.2.2.2 Version 2

In the second version, it is considered that when the inlet valve is opened

and liquid enters into the line, the flow model is slightly different than Version 1.
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Initially the valve temperature is close to room temperature, which is much higher

than the liquid temperature. It is assumed that, when liquid passes through the

valve, liquid absorbs more heat and the valve temperature is reduced until it drops

near saturation temperature which allows nitrogen to pass through as a liquid.

Therefore, based on this assumption, it is considered that as the valve is opened,

for some time the liquid absorbs the heat, vaporizes and this vapor enters into the

line. Calculations in this version start with the vapor region, due to generation

in the valve, and later the flow pattern follows with fully liquid, inverted annular

flow, dispersed flow, and fully vapor. The following conditions are considered:

1) Tw (at the end of vapor cooling) = Tu, (initial wall temperature for the

two-phase cooling)

2) Pd (initial vapor pressure for the two-phase cooling) = patm

3) all conservation equations for each regime are one-dimensional

The calculations were performed for three different test runs (3, 5, and 10

psi) and comparison with the experimental results are illustrated in Figures 4-10

through 4-26 for each test. Indeed, this change has increased the accuracy of the

predicted results. The predicted results are in good agreement with experimental

results in the case of 5 and 10 psi. The values in the two-phase regions are over-

predicted, which mean the heat fluxes are underpredicted. Several possible reasons

could lead to underprediction of the heat flux.

In the inverted annular flow regime, the interfacial shear was modeled based

on a laminar flow of vapor in a straight annulus. Lowering the interfacial factor

would decrease the interfacial friction, which would decrease interfacial drag and

lead to a thinner vapor film and, therefore, increased heat transfer rates. Another

possible factor is the energy partition fimction, which determines the vaporization

rate for a subcooled liquid column. The present model for the energy partition
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function is based on a laminar flow in the liquid core.

With turbulent liquid core, more heat can be transferred into the liquid core

away from the liquid-vapor interface, thereby reducing the rate of vaporization at

the interface. Less vapor generation is again expected to result in a thinner vapor

film and increased heat transfer rates. This effect should, however, be significant

only at lower positions of the test section where the liquid column is subcooled.

An important aspect of the inverted annular film boiling phenomena which

could not be incorporated into the present one-dimensional two-fiuid model is the

possible two-dimensional motion of the liquid column. The eccentricity of the

liquid core and random motion in radial and circumferential directions can lead to

an extremely thin vapor film locally, and may be an important factor in enhancing

the film boiling heat transfer rate, especially in regions close to the quench front.

Furthermore, possible contact between the liquid and the unquenched wall surface

may affect the results.

At higher elevations of the test section, the predicted wall temperature de

creases faster than the measured wall temperature. This overcooling of the tube

wall could be attributed to the decrease of temperature of super heated vapor due

to the following reasons. Highly superheated vapor leaves the inverted annular

flow regime; however, the vapor loses much of its sensible heat to liquid drops by

convection and is cooled significantly. As a result, convective heat transfer from

the channel wall is overpredicted further downstream, where the vapor velocity,

convective heat transfer coefficient and the difference between the wall and va

por temperatures become substantially large due to vaporization of drops in the

upstream region.

Convective heat transfer from superheated vapor to drops may have been

overpredicted, because the predicted interfaciaJ area or heat transfer coefficient
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may be larger than it actually is. Since an equilibrium size distribution was used

for the droplets in the dispersed flow regime, droplet sizes used in the calculation

are most likely smaller than the actual diameters, especially in regions close to the

inverted annular flow regime where large liquid fragments and ligaments rather

than small drops are believed to exist.

An additional factor that should not be overlooked is the actual mechanism of

wall-drop interaction heat transfer. In the present model, all of the heat transfer

from the wall by this mechanism is assumed to be received by the liquid and

used in either heating up of the drops or in vaporizing them. The effect of drops

flowing near the hot wall surface may, instead, be to disturb the thermal boundary

layer of vapor formed on the wall siu-face. This should increase the wall-to-vapor

convection heat transfer rate well beyond the values presently calculated using a

Dittus-Boelter correlation.
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CHAPTER V

CONCLUSIONS AND RECOMMENDATIONS

5.1 Model for the Cooldown Process in a Vertical Tube

Based on the flow pattern observed in the past experimental studies, a model

with the following regions was developed: fully liquid, inverted annular film boiling,

dispersed film boiling, and fully vapor. A transient two-fluid model was developed

to describe the two-phase regions. A set of mass, momentum and energy equa

tions was solved for each phase with necessary constitutive relations that describe

the wall-to-fluid and interfacial transfer of mass, momentum and energy. For the

fully liquid regions, liquid velocity was considered to be constant and equal to the

inlet velocity, and a transient energy equation was solved. To compute the wall

temperature, a one-dimensional energy equation was formulated.

The necessary constitutive relations to solve the two-fluid equations are gen

erally flow regime dependent and must be developed based on the correct under

standing of physical mechanisms. If the mechanisms were complicated or unclear,

either simple assumptions were made or a dominant mechanism was considered.

For the inverted annular flow regime, a set of six fully-transient conservation

equations was solved. The difference in the pressure between the vapor and the

liquid phases arising from surface tension and interfacial vaporization forces was

incorporated into the momentum equations.

In the present model, the phases in the inverted annular flow regime were

assumed to be completely separated with liquid flowing in the center of the flow

channel and the channel wall. The wall-vapor and interfacial momentum transfer

terms were modeled assuming a flow of vapor in a straight annulus with the outer
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wall fixed and inner wall moving upward.

The heat transfer mechanisms considered in the inverted annular flow regime

were as follows: wall-to-vapor convection, wall-to-liquid radiation and vapor-to-

liquid convection. Liquid heating and vaporization heat were described by a corre

lation which was developed from a solution to the laminax thermal entry problem.

For the dispersed flow regime, a two-fluid model consisting of five transient

conservation equations was considered. In order to describe the size dependent

motion of liquid drops, an upper-limit, log-normal distribution fimction was used

to model the drop size distribution. The maximum drop size, which corresponds

to the upper limit of the log-normal function, was determined from smaller of

the maximum stable diameter specified by the critical Weber number and the

maximum entrainable diameter calculated from balancing the drag and body forces

acting on the drops. Wall-to-fiuid heat transfer was assumed to be comprised of

the following mechanisms: wall-vapor convection, wall-drop interaction, wall-drop

and wall-vapor radiation.

Two versions were considered. In the first version, the flow field consisted of

fully liquid, inverted annular flow, dispersed flow, and fully liquid regions. The

predictions were compared with the experimental data. The calculated wall tem

peratures for the lower elevations were higher than the experimental measurements.

In the second version, it was assumed that in the early stage of the process the

tube wall was cooled by the vapor, and followed later by the fully liquid, inverted

annular flow, dispersed flow, and vapor regions. This modification led to closer

corrleation of the results with the experimental data.
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5.2 Recommendations

The present analytical model considered the cooldown process based on the

observed flow pattern. In order to enhance the understanding of the cooldown and

improve the model, the following recommendations axe made:

Flow visualization experiments and local measurements of parameters such as

void fraction are required. Observe the development of the flow regime in each

phase, particularly the transition of inverted annulax flow to the dispersed flow.

Determine the nature of the vapor phase in the inverted annular flow, experimen

tally, by finding whether this flow is turbulent or laminar and develop a proper

constitutive relation for the interfacial phenomena. The effect of the eccentric

ity and lateral motion of the liquid column on film boiling heat transfer must be

analyzed in greater detail. Existance of the liquid column contact with the wall

must be verified experimentally and, in the case of such phenomena, a physical

model needs to be developed for the wall-liquid heat transfer. The size distribu

tion of drops in the dispersed flow must be measured through the experimental

investigation. Finally, a mechanistic criterion for the quenching phenomena and a

correlation for the quench temperature must be developed.
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APPENDIX

Phase Conservation Equations

The derivation of the phase conservation equations is relatively straightfor

ward but there has been some disagreement on the form of the equations because

incorrect averaging procedures have been used. We will, therefore, briefly outline

the derivation of the volume averaged, area averaged form of the phase conservation

equations starting from the generalized local instantaneous conservation equations

of Delhaye Achard [18]. The one-dimensional equations will be derived; however,

exactly the same general procedure may be followed in deriving multidimensional

equations.

Let Vk be the volume of phase k enclosed between the walls and the cross-

sectional planes spaced a distance z apart (z can be arbitrarily small). To derive

the volume averaged form of the conservation equations, we will use Gauss' theorem

and Leibnitz rule. The particular forms applying to Figure A-1 are given below.

We have chosen to derive the equations in volume averaged form rather than

cross-sectional averaged form because some difficulties arise in the latter form when

the interface and the cross-section coincides as, e.g., when the whole interface oc

cupies the cross-section in a refilling problem. Singularities may be introduced

into cross-sectionally averaged equations which may be avoided by volume averag

ing. The distance z shown in Figure A-1 CEin be made as small as desired, so we

essentially average over a thin slice.

The theorems we will use are given below.

Leibnitz Rule

I j f(x,y,z,t)dV= I ̂ dV + J f{vi -ni)dS (1)
Vtiz,t) ai
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(2)

Gauss' Theorem

J V • adV = ̂  J fii • adV + J fik • adS
^^'e will define averages by the following symbols

<h> = ̂ f fidV (3)

< A >. = i / hds (4)
Oi

where

V = Y^V, (4a)

The local instantaneous form of the general conservation equation will not be

derived as Truesdell and Toupin, 1960, contains a detailed discussion. If pktj'k is

the quantity being conserved in the kth phase, and jk and Sk are the flux and

source of then

+ V • pki^kdk + V • Jjt - PkSk = 0 (46)
dt

The general conservation equation may be volume averaged using Equations (1)

and (2) as follows:

/  f
Vk Vk Q.

j V • {pk^'k^k + Jk)dV = ̂  J n^- {pkipkVk + jk)dV
Vk V'k

+ J fik -{pkipkVk + jk)dS (4c/)
ii + atu)

The usual assumption that iT/t = 0 at the wall (akw) has been used. The

general volume averaged conservation equation is then derived as follows:

^ J pktkdV + ̂  J n^ - {pktpkVk +jk)dV - J pkSkdV
W  V'k Vk
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= J Pk^'knk n (vi - Vk)dS - J fikw-jkdS (4e)
Q, ai + Okw

Let a = Vk/y = phase volume fraction. Then using equation (3) (the defini

tion of < • >, we have

d  d _ ^
— ak < pk^pk > n (Pk'^kVk + jk) > -Oik < PkSk >
ot oz

= -^ Jirhkipk + jk •fik)dS - ̂  J fikw-jkdS (5)
I  ̂kw

where we have written the interphase mass transfer rate as

rhk = pk^k • {vk - Vi) (6)

The forms of the conservation equations for each quantity (mass, momentum

in the ̂  direction, and energy) for each phase may now be derived.

Mass

In this case y = 1, jk =0, 5jt = 0.

d  d •
— ak < Pk > < PkUk >= - < mk >,= Tmk (0

where equation (4) has been used to write the right-hand side. In general, the

volume averaged interfacial mass transfer rate is not known "a priori" and a cor

relation must be supplied.

Momentum

In this case tp = Vk-, jk = Pk d — Tk, Sk = Fk- Tjiking the dot product

of the conservation equation (5) with Uz-, we obtain the equation for conservation

of f direction momentum as follows;

d  d 2 ^—ak < PkUk > < pkUk > < Pk > ~^^k <n,- {Tk -J-tz) >
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-Gk < PkFz,k >= J rhkUk + fiz • fikPk - fiz • (njt- r^) dS
Oi

+ ̂ J fiz •inkw-Tk)dS (8)
flfc u-

To derive equation (8) we have used the relationship iikw • ffzPk = 0 (since

fikw • 72, = 0 if there is no area change).

The pressure term on the right-hand side can be further simplified by using

equation (2) (Gauss' Theorem) as shown below, provided we assume that pk = pki

(the phase pressure at the interface).

Now

J fik • {nzPk)dS = J ffk- [nz(< kk > +Apki)]dS (8fl)
n, a,

where Apk, = pk,- < Pk >

It is often possible to write the difference in bulk and interfacial pressures

through a form drag term of the form

Apki = CkPkAu" {Sh)

where Au is the difference between the volume averaged quantities. This is under

stood to be simply an empirical constitutive law. Using this form we obtain

y J fik n {nzPk)dS = -[<pk> -fCfcPfcAu"] (9)

Substituting equation (9) into equation (8), we obtain the momentum conser

vation equation as

d  d . 2 d < Pk > d =
— Qk < pkHk > < Pk^k > +<^k -^Oik <Tzz,k>

dck-CkPku"-^ = Gk < PkFz,k > - < rhkUk >i + < {fik -Tz >, + < (ntu- -Tj >u,

(10)

- 138 -



Note that a term involving the form drag multiplied by the derivative of at

appears in the equation. This is a purely empirical term which arises out of the

relationship between bulk and interfacial pressure and is introduced at this stage

to illustrate the form of the terms introduced by the retention of unequal pressures.

Energy

In this case

(10a)

Sk = Fk n vk + Qk

We ha^•e

Q  ̂ d ^
—Qk < PkEk > < PkEkUk > < q2,k > < PkUk > (106)

• (t* -vk) >= Qk < Pk{Fk ■vk + Qk>

J '^kEk + nk • {qk + PkVk- Tk -Vk) dS

4/ fikw-qkdS (11)
ak<.

The equation can be written in enthalpy form as

Ek = hk + Y ~ Pk/pk (11a)

Now rhk = Pk{dk — Vi) ■ fik by definition, therefore

or

fik ■ PkVk = —{nk- {vk - v,)pk} + Pk^k ■ Vi
Pk

= rhk—+ pkfik ■ Vi (116)
pk
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i j('''kEi+n-pVk)<iS = -^ n "') (12a)

a I

^ J Pk{fik n Vi)dS = ̂  J [<P> +Ckpk^u"] {nk n v,)ds (126)
a I

As discussed previously for the derivation of equation (9). Using Leibnitz's

rule, we find

^ J pk{nk n v,)dS = [< Pit > +CfcPifcAu"] (13)
O,

Substituting equation (13) into equation (12) Eind then substituting equation

(12) into equation (11). we obtain the form of the energy- equation given below.

Note again that a form drag term involving —— has appeared in the equations to
Ot

account for the difference between the bulk and interfacial pressure.

d  „ d - d dak
— Ok < pkEk > +^^k < PkEkUk > < qz,k > + < Pfc >

dz dz dt

Ooi d d
+ Ca/?a-Au"^— + —akPkUk - -^Qk < n, n (r -Vk) >

C/t wt C/Z

= - < "U- { 6it + — ) + n;t • n Vk- Tk ^ j '^ ( '^ fc U' n 91 ^ U'

+ <!*: < (PkVk n Fk + Qk) > (13u)

The left-hand side may be written in enthalpy form.

dt

/  ul\ d ( u?\Oik < pk ( ~ j > ^ 1 2/ ̂ a < Pk >

dt

0  d d+ Ui:PJtAu"—Qit + -^Ok < qz,k > ^ ^

= - <
U\mk { hk + ̂  ) + Uk • qk - fik n Vk- r >i - < {fikw - qk) >

< (pkVk - Fk + Qk) > (14)
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