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Abstract

The focus of this study is to evaluate and compare two alternate control strategies
for a multi-stage wastewater treatment plant, in the attempt to offer insight into what
benefits first level automated closed-loop control may have over manual open-loop
control. The plant under study is being built in Victoria, Texas by the DuPont
Corporation, with the potential of several other DuPont plants being modeled after this
one. The evaluation and comparison of the alternate control strategies is based upon the
ability of each control system to render the overall closed-loop system stable over long
term, and to meet plant treatment performance criteria in the face of setpoint and
disturbance perturbations. The ability to maintain stability may come as a sacrifice of
some degree of desirable performance. The greater the margin of stability, the poorer the
performance, and vice versa. The ease of controller tuning is also an important part of the
evaluation and comparison considerations, so as to gain operator acceptance.

The wastewater treatment plant is based on an anoxic/oxic model. This features an
anoxic reactor, an aerobic reactor, and a clarifier aligned in series. The output
concentrations of interest are effluent concentrations of carbonaceous waste (BOD),
ammonia, and nitrate. The treatment objectives are to reduce the carbonaceous wastes
and nitrogen compounds to water, carbon dioxide, and nitrogen gas. The input variables
being considered to control the output variables are the recirculation ratio and the sludge
age.

Two-by-two decentralized feedback controllers were designed for the plant. Two

approaches are considered: 2 Proportional-Integral-Derivative (PID) based and a model
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based predictive control (MPC). Simulation results show that with the first level feedback
control strategy of decoupled PID, long term stability issue is a big problem for those
loops that exhibit delay times and inverse response characteristics. Additional
compensatory control elements, such as lag filters, Smith predictors, and inverse response
compensators would need to be added to improve the stability. However, controller
complexity is also increased greatly, leading to increasingly complex tuning. Although,
instability with pure PID controllers is manifested only very gradually (>100 days), its
implications in application will be discussed in this report. On the other hand, decoupled
model based control, the next level up in controller design hierarchy, such as the internal
model control (IMC), can be easily tuned to yield long term stability of the closed-loop
system, even when plant/model mismatch is present. However, the large and rapid control
actions called for at times may not be feasible for implementation. In addition, the long
time constant required in reaching a steady state may also not be feasible. In this case an
advanced multivariable controller that can handle either input or output constraints
explicitly would need to be considered. But this would be at a major technical and
financial investment on the part of the industrial practitioner. If only a first level feedback
controller is to be considered, then model based control appears to be more preferable to
that of PID based because of its stability yielding characteristics, ease of tuning, and the
ability to incorporate plant/model mismatch into the controller design. If a pure PID based
controller is employed, very close monitoring and frequent returning of the controller is
required in order to insure closed-loop stability. This need for constant vigilance may

obviate any advantage of implementing an automated feedback controller over manual




open-loop control by an experienced operator. Details of simulation results of the two

approaches will be presented in this thesis.
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Chapter One

Introduction

The focus of this study is to evaluate and compare two alternate control strategies
for a multi-stage wastewater treatment plant in the attempt to offer insight into what
benefits first level automated closed-loop control strategy may have over manual open-
loop control. The plant under study is being built in Victoria, Texas by the DuPont
Corporation, with the potential of several other DuPont plants being modeled after this
one. The evaluation and comparison of the alternate control strategies is based upon the
ability of each control system to render the overall closed-loop system stable over long
term, and to meet plant treatment performance criteria in the face of setpoint and
disturbance perturbations. This ability to maintain stability may come as a sacrifice of
some degree of desirable performance. The greater the assurance of stability, the poorer
the performance, and vice versa, the greater the performance, the less the assurance of
stability. The ease of controller tuning is also an important part of the evaluation and

comparison considerations, so as to gain operator acceptance.

A. Motivation

Biological treatment of wastes in water is based on the simple and readily repeated
observation that polluted water left standing and open to air undergoes chemical and
biochemical changes which finally result in clarification. Wastewater treatment in the
United States is based primarily on the activated sludge process (Grady and Lim, 1980).
An anoxic/oxic system is an example of an activated sludge process. It incorporates the
use of microbes in an anoxic reactor (without oxygen) and the use of microbes in an
aerobic reactor (with oxygen) to ultimately convert organic carbonaceous wastes in the
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water stream to carbon dioxide and water, along with the conversion of ammonia, nitrite,

and nitrate to nitrogen gas. The inlet waste streams to a wastewater treatment plant
usually have a high variability of the influent waste load rates and concentrations (Metcalf
and Eddy, 1991). When a system is operating at a proposed steady state, fluctuations in
the influent concentrations and loading rates disrupt the system, causing it to deviate from
this ideal steady state, thus requiring control action in order to bring the system back to its
propos;ed steady state. If the fluctuations are lafge enough, the system may go
uncontrollably unstable, due to the nonlinearity of the plant dynamics possibly creating a
very dangerous situation in the plant and forcing the operator to shut down the system.

Grove (1995) studied the open loop dynamic steady state response of a multi-stage
waste system to perturbations and identified which variables are most affected by which
perturbations, and which variables may be used as fhe most effective manipulated variables
to compensate for the anticipated perturbations. The present study seeks to close the
control loop and compare the effectiveness of model based control strategy to the
traditional Proportional-Integral-Derivative (PID) control strategy, both implemented as
2 x 2 single-input single-output (decentralized) feedback loops.

In designing decentralized controllers, specification of pairing of an input to an
output variable is an important consideration. Decentralized controllers are the most
common type of multivariable controller utilized in the process industries systems, because
these controllers are easier to design and implement than a true multivariable controller
designed to fully utilize the interactions between the inputs and the outputs. However,
decentralized control strategy has the drawback of reduced stability margin (how close the
closed-loop system is to the point of instability) because interloop interactions are ignored.
PID based decentralized controllers are usually the first control strategy to be considered
by plant personnel to control a system. PID based controllers have been in use for
decades and are very well understood by engineers and plant operators. However, there
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are limitations to the PID based controller, especially when the system is more complex

and displays increasingly non-ideal dynamic characteristics. These non-idealities limit the
PID based controller effectiveness in sustaining a stable system to within the proposed
effluent discharge constraints. Thus, the PID based controller may not be robust enough
to handle the many operating requirements placed on a wastewater treatment plant, such
as the long term stability and controlling the average daily organic and nitrogen
concentrations in the effluent discharge, to within the desired level in the presence of
disturbances and model drift. Process performance may be improved by the use of more
advanced control modes. The simpler of these could be the addition of filters to the PID
based controller to take into account such non-ideal characteristics as dead time and
inverse response (Andrews, 1973), but at the expense of increasing the controller
complexity. The next level of control strategy would be the use of model based
controllers. Model based controllers have an advantage over the PID based controller in
that they have built-in capabilities to compensate for some of the non-idealities of the
process, mentioned above, because the controller is an approximate inverse of the process.
In addition, the stability issue of the model based controller is much simpler to analyze
than that of PID. For that reason alone, it is more desirable to implement even a PID
controller in the format of a model based controller (Garcia and Prett, 1988).

Recently, progress has been made in the area of model based controllers,
(summarized in Ogunnaike and Ray, 1994), which are more effective in handling operating
constraints and system non-idealities in achieving a desired output behavior. There are
several algorithms for the design of model based controllers and most agree that they are
easier to tune and better accommodate uncertainty associated with the description of the
plant model than that of PID. One of the more advanced, and more complex, model based
control is the quadratic dynamic matrix control (QDMC), which has the ability to
explicitly consider constraints on both the manipulative and controlled variables, but to
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inexperienced personnel the QDMC would be rather complex to design and maintain. A
simpler version of model based control is the internal model control (IMC), but IMC lacks
the ability to handle constraints explicitly. IMC would be the next step up from
conventional PID based control (Prett, ef al., 1986), in the hierarchy of controller design
complexity. It is desired that the marginal benefit as well as the limitations of IMC be
studied and identified, so as to help industrial practitioners in judging its adequacy as the
final control strategy for the wastewater treatment system. If the results are acceptable,
then the need for a more complex and sophisticated controller can be avoided.

A comparison between the workings of the conventional PID control strategies
and that of the more modern model based control strategies (IMC), and their respective
performances, on a wastewater treatment plant, along with a better understanding of their
benefits and shortcomings will help in developing and implementing a control system that
may be both effective and simpler to design. In addition, an understanding of the
incremental effort involved in using model based controllers over that of conventional PID
will better help plant managers in evaluating the choice of the final control strategy. If
neither strategy proves to be satisfactory, then an advanced version of model based
control (e.g. QDMC) with contraints, or a true multivariable controller should be the
choice of control strategy, but it would be at the expense of much increased need for

expert personnel and cost.

B. Description of the Wastewater Treatment Plant

The wastewater treatment plant to be analyzed is a facility under construction at
Victoria, Texas by the DuPont Corporation. The computer simulation model of the plant
has been developed by James Grove (1995) and this study is a continuation of his open-
loop study of the control analysis of the wastewater treatment plant. In this study, the
loop(s) will be closed, and two decentralized control strategies (PID and IMC) will be
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designed and compared by evaluating their performance in the face of perturbations and

operational constraints and by their relative ease of tuning.

The wastewater treatment plant is based on an anoxic/oxic process (Metcalf and
Eddy, 1991). It consists of an anoxic reactor (which allows the oxygen concentration
level to reach zero) and an aerobic reactor (which maintains a consistant level of oxygen
concentration) aligned in series. There is a recirculation stream from the output of the
aerobic; reactor to the inlet of the anoxic reactor. After the aerobic reactor is a clarifier
which uses the force of gravity to settle out most of the solid waste. There is also a
recycle stream from the output of the clarifier to the inlet of the anoxic reactor. The main
reactions of the system are denitrification (conversion of nitrate to nitrogen gas), chemical
oxygen demand (COD) degradation, and nitrification (conversion of ammonia to nitrate,
and eventually into nitrogen gas). Figure 1-1 is a flowsheet representation of the system.

In the activated sludge process the principle objectives of process control are:
dampening out the effect of input variation, minimization of effluent variation, and
prevention and recovery from process upsets. Control of these three factors is directly
related to process reliability in terms of meeting discharge requirements (Schroeder, as

presented by Arthur, 1983).
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Dioxide
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Reactor Reactor Clarifier
]
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Recirculation
-——
- Wastage -
Sludge Recycle

Figure 1-1. Bardenpho Process for Victoria, Texas Plant
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C. Objective

The objective of this study is to analyze the effect of plant setpoint change and
disturbance perturbations on the characteristics of the final effluent and the effectiveness
of PID based control strategy in comparison to a first level unconstrained (IMC) model
based control strategy to compensate for these perturbations. This will allow plant
persox;nel and control engineers to better understand the advantages and disadvantages of
conventional PID based feedback control and the first level model based control of the

wastewater treatment plant, and will aid in choosing the final control design for the plant.



Chapter Two

Background

A. Waste Characteristics

Wastewaters from most industrial manufacturing of organic chemicals cannot be
characterized very easily. In most chemical insustial process there are numerous
components being utilized during the process. Trace amounts of all these components and
their products and by-products usually contaminate the wastewater stream of the plant
(Foster et al., 1977). It is nearly impossible to calculate the exact concentration of all of
these components in the waste stream.

Carbonaceous material, or organic wastes, in the waste stream must be removed or
oxidized prior to the release of the wastewater into a waterway. If not, they are consumed
by bacteria that in their metabolism reduce the oxygen content of the water. Thus,
depletion of oxygen is a common result of the assimilation of organic wastes by bacteria
(Arcievala, 1981). Bacteria assimilation of organic matter may also result in the
production of excessive amounts of carbon dioxide, which is toxic.

In the study of an individual manufacturing plant, all of these possible pollutants
should be identified. Analysis of the wastewater should recognize any that may be of
polluting significance. It is not always necessary nor desirable to evaluate each specific

chemical. Analytical methods have not been developed for some substances and the

wastewater composition is often too complex to permit detailed analysis. It is usually



adequate to analyze the wastewater for broad chemical classes, such as aldehydes or
hydrocarbons.

Analysis of compound or class of compound is useful in tracking down sources of
pollution and in planning in-plant control of wastewater. However, for overall pollution
control, it is easier to use the more general, although cruder, parameters familiar to
pollution control agencies. These include the biochemical oxygen demand (BOD),
chemical oxygen demand (COD), color turbidity, suspended solids, and similar tests; plus
more specific tests necessitated by the particular waste, for example, toxicity, grease, and

foaming characteristics (Bessilure, 1969).

B. Organic Load

All organic wastes, of course, contain compounds of carbon. These carbon
compounds usually include hydrogen and oxygen, and often nitrogen, sulfur, chlorine,
phosphorous, or any of the other chemical elements. Most organic wastes exhibit a
significant BOD; noteworthy exceptions being organic wastes that are relatively immune
to biological degradation (such as some hydrocarbons and ethers), compounds that resist
degradation until the available microorganisms have adapted or become acclimated to
them, and toxic compounds that retard or even stop biological activity. Dilution, time,
and acclimation of organisms may cause even these resistant substances to exert an
oxygen demand. High BOD and/or COD concentrations in a waste stream that is being

discharged to a waterway can greatly upset and even destroy the balance of life in that



environment by depleting the amount of life sustaining oxygen in the waterway
(Wheatstone, 1977).

The chemical oxygen demand (COD) test is frequently used to measure the
strength of organic wastes, in place of the BOD, because it has a quicker turn-around time
and is not affected by materials toxic to microorganisms. However, a COD test is usually
inferior to a test on the BOD, which is more representative of the ability of the waste to
affect the oxygen levels in the disposal waterway. This is because some classes of
chemicals resist chemical breakdown in the COD test. These are usually not the chemicals
that resist the BOD test. There is no general correlation between the two tests; however,
valuable empirical relationships can often be established in comparing wastes from a single
plant or unit (Wheatstone, 1977).

All organic compounds are “volatile” in the sense that they are evaporated or
oxidized in the conventional muffle furnace test for “volatile materials.” Determination of
weight loss under 600°C conditions in an air atmosphere may be a useful adjunct to the
BOD and COD tests in evaluation of gross organic load in an uncharacterized waste
(Dickinson, 1974). The test can be applied to total residue on evaporation, to residue

from a filtered sample, to suspended matter in the waste, or to any other fraction of

significance.

C. Basic Reactions and Solids/Liquid Separation in the Activated Sludge Process
The activated sludge process, such as the one upon which the Victoria wastewater

treatment plant is based, consists of two basic systems working together to stabilize waste




matter and separate solids and liquids. One is the biological system and the other a

physical system (Arthur, 1982).
1. The Biological System

Biodegradable organic compounds that are found in the wastage stream of a waste
water treatment plant may be harmful to the environment by placing an oxygen demand on
the receiving waterway. Therefore, it is necessary for the waste water treatment plant to
reduce the amount of biodegradable organic compounds in the influent stream prior to
discharge into a waterway. In an activated sludge process this is normally accomplished
by utilizing heterotrophic organisms to consume organic compounds in an aerobic
environment and, ultimately, converting inorganic nutrients to carbon dioxide, water, cell
mass, and a few other end products (Metcalf and Eddy, 1991). Grove (1995) presents a
detailed theory of the mechanism for the sequence of events required to metabolize these
materials.

Under certain conditions a form of biological oxidation known as nitrification
occurs. In this reaction, ammonia is oxidized to nitrite and nitrate using two highly
specialized species of bacteria, nitrosomonas and nitrobacter, both of which are
autotrophic bacteria (Arthur, 1982). The nitrite and nitrate from both the raw influent
stream and that produced during nitrification undergo denitrification in the anoxic reactor.
The heterotrophic microorganisms in the anoxic reactor utilize nitrate as an oxidizing
agent while consuming the carbonaceous waste present for growth. Excess amounts of

nitrogen discharged into a waterway may be toxic to the living organisms in the waterway.
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2. The Physical System

The separation of suspended solids and liquids is a final step in the activated sludge
process. This is accomplished in the clarifier using the force of gravity to separate the
suspended solids from the liquid. The majority of the separated suspended solids are
recycled back to the anoxic reactor with the remainder exiting through a bottoms wastage

stream. The separated liquid is discharged through the supernatant stream.

D. Dynamic Simulator

A dynamic simulator for the wastewater treatment plant kinetics has been
developed using the Simulink programming environment of Matlab employing the
Activated Sludge Model No. 1 (Henze et al., 1986) as a theoretical basis (Grove, 1995).
The kinetics is based on a lumped and unstructured modeling approach based on the
conservation of mass principle. Birdstrup and Grady (1987) also used the Activated
Sludge Model No. 1 as a basis for development of a simulator. Through personal
communication with Grady (1996), it was validated that their Simulation of Single-Sludge
Process (SSSP) agreed with data from wastewater treatment plants. Grove’s simulator is
constructed around a modular design for a continuously stirred tank reactor (CSTR) and a
standardized data stream capable of calculating the concentrations of twenty-one
components simultaneously. The model simulates denitrification in the anoxic reactor and
combined aerobic BOD degradation and nitrification in the aerobic reactor. Both reactors
are treated as continuously stirred tank reactors. The reactors are almost identical, except

for their difference in size (the aerobic reactor is twice that of the anoxic reactor, in
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accordance to DuPont specifications) and the use of an oxygen-rich environment in the

aerobic reactor compared to the oxygen-depleted environment in the anoxic reactor. A
layout of the anoxic/oxic process was shown previously in Figure 1-1.

There is a recirculation stream from the output of the aerobic reactor back to the
inlet of the anoxic reactor. The recirculation ratio is defined as the ratio of the
recirculation flow from the aerobic reactor to the anoxic reactor divided by the raw
influent flow to the wastewater plant. Following the two reactors is a clarifier that utilizes
the force of gravity to separate out the solids. The supernatant of the clarifier is
discharged, while the underflow is split into two streams. Most of the underflow is
recycled back to the anoxic reactor for microbe seeding and denitrification and a smaller
fraction goes to wastage. The recycle ratio is defined as the ratio between the rate of
recycle water flow from the bottom of the clarifier to the effluent water flow from the top
of the clarifier. The wastage rate, which can be set by the operator, is determined by the
desired solids retention time. The wastage rate can, in turn, dictate the concentration
loads in the overall effluent. The recirculation ratio from the aerobic reactor to the anoxic
reactor can also be set by the operator. This has an effect on the final effluent
concentrations. These two variables can be manipulated in order to control the
wastewater treatment process (Grove, 1995). Figure 2-1 is a flowsheet of the Simulink
Dynamic Simulator created by J. Grove (1995).

Grove (1995) presented the planned plant configurations that were decided upon
by the DuPont Corporation and relayed to Grove by many conversations (Robertaccio,

1995). They are once again presented in Table 2-1.
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Figure 2-1. Simulink Dynamic Simulator of the Wastewater Treatment Plant
(Grove, 1995)

Table 2-1. Plant Configuration for Design Study (Grove, 1995)

Parameter Value
Anoxic Tank Size 8,5000,000 liters
Aerobic Tank Size 17,000,000 liters
Oxygen Level, Aerobic Tank 2.0 mg/liter
Clarifier Size 500,000 liters
Recirculation Ratio 3.5
Sludge Age 30 days
Recycle Ratio 0.5
13




Grove (1995) also presented the expected average flow rates and organic

concentrations of the influent waste stream that were based upon DuPont’s flow sheets of

the plant (DuPont, 1994). They are shown in Table 2-2.

Table 2-2. Wastewater Influent Parameters (Grove, 1995)

Parameter Value
Volumetric Flow Rate 5,450,000 liters/day
Readily biodegradable soluble substrate 9,500 mg COD/liter
Slowly biodegradable soluble substrate 500 mg COD/liter
Soluble inert carbonaceous waste 150 mg COD/liter
[N-NH,'] concentration 300 mg N-NH,'/liter
[N-NO;’] concentration 1000 mg N-NO3-/liter

E. Activated Sludge Model No. 1

The Activated Sludge Model No. 1 (Henze et al., 1986) was the basis for the
kinetics incorporated by Grove’s dynamic simulator. It is a generic model for wastewater
treatment reactors involving the activated sludge process and utilizing Monod kinetics in
an unstructured and unsegregated modeling approach. The Activated Sludge Model No. 1
also uses the principle of conservation of mass to account for the production and
consumption of the reactor components. It assumes that all reactors are well-mixed,
continuously stirred tank reactors (CSTR). By definition in a well mixed CSTR, the
concentrations of the components in the reactor are assumed to be consistent throughout
the reactor. These assumptions result in a mass balance around the reactor where the rate
of accumulation of mass is equal to the rate of inflow of mass, minus the rate of outflow of

mass, plus the rate of the net production of mass. This is shown in equation 2-1.
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[dC/dt] = QCi, - QCi+ Vi, @-1)

where dCy/dt = rate of change of component I concentration in the reactor, measured in
terms of mass of COD (or mass of N) per (volume*time)

V, = reactor volume

Q = flow rate, volume/time

Ci, = concentration of component I in influent, mass of COD (or N) per volume

C; = concentration of component I in reactor, mass of COD (or N) per volume

r’, = rate of component production in reactor, mass of COD (or N) per

(volume*time)

There are a total of thirteen components involved in the dynamic simulator and an
ordinary differential equation (ODE) similar to the one shown in equation 2-1 is
incorporated for each one. The dynamic simulator uses these ODEs that are developed
from the Activated Sludge Model No. 1 and simultaneously solves them to establish the
output concentrations of all components as a function of time. Grove (1995) details the
kinetics involved in the Activated Sludge Model No. I, which are based on Monod

kinetics.

F. Conventional Process Control

Between the measuring device and the final control element comes the controller.
Its function is to receive the measured output signal yn(t) and after comparing it with the
desired setpoint, y,, to produce an actuating signal c(t) so as to render the output, y, close

to the desired value, y,, Usually, the input to the controller is the error £(t)= y,, - ym(t),
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while the output of the controller is the value for the manipulated variable. The various

types of continuous feedback controllers differ in the way they calculate c(t) from &(t)
(Anand, 1974). Some basic forms of PID based process control, as well as the more
modern model based control design principles, will be briefly reviewed below. For a more
detailed coverage of the latter, please see the reference Robust Process Control, (Morari
and Zafiriou, 1989).
1. Proportional Control

Proportional control is characterized by producing a controller output, c(t),
proportional to the error input to the controller. It is parameterized by the proportional
gain K. or equivalently, by the proportional band PB, where PB=100/K.. The
proportional band characterizes the range over which the error must change in order to
drive the actuating signal (the equivalent of the controller output signal) of the controller
over its full range. The actuating output is proportional to the error by the equation 2-2.

ot) =Ke(t) + ¢ (2-2)

where K. = proportional gain

c, = the steady state value of the actuating signal, or the bias signal

€ = the error signal

In most controllers, c, can be adjusted so that it effects the required output signal
when the control system is at steady state and e = 0. The equivalent transfer function G,
for a proportional controller is shown in equation 2-3.

G(s) =K. (2-3)

where s denotes the Laplace variable.
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The larger the gain, K., or equivalently, the smaller the proportional band, then the

higher the sensitivity of controller’s actuating signal to deviations €. With proportional
action only, the control system is able to arrest the rise of the controlled variable and
ultimately bring it to rest at a new steady state value. The difference between this new

steady state value and the desired setpoint value is called ‘offset’. Having an offset is a

hallmark of proportional only control. Proportional only control is employed in situations

in which the exact output level is not critical but must remain in the neighborhood of some

safe level.
2. Proportional-Integral Control

In order to eliminate the undesirable offset with proportional only control, integral
model of control is frequently added. Most common proportional-integral control is
known as proportional-plus-reset control. The actuating signal is related to the error by
the equation 2-4.

c(t) =K e(t)+ }%(i)e(t)di +c (2-4)

where 1; is the integral time const:nt Lr reset time, and c, is the steady state bias signal.

K., as well as the reset time, are adjustable parameters. Some manufacturers do
not calibrate their controllers in terms of 1; but in terms of it reciprocal, 1/1;, which is
known as the reset rate. The equivalent transfer function of a proportional-integral
controller is shown in equation 2-5.

G(s)= Kc(l +—L)

T1s (2-5)

where s it the Laplace variable.
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Cbnsider that the system is initially at steady state and that error changes by a step
of magnitude, €, at a time designated t=0. The initial output of the controller will be K€
(only the contribution of the proportional term, because the contribution of the integral
term is zero). If € remains constant, then after a time period of 1, the contribution of the

integral term is shown in equation 2-6.

Y
I Eg(l)e(l)dl = ﬁ"-t:‘t:l = KE (2-6)
0TI T .

The integral control action has “r_e’p—ea_tu ” the response of the proportional action. This
repetition takes place every 1; time period. Therefore, reset time is the time needed by the
controlier to repeat the initial proportional action change in its output, assuming the error
remains constant.

The integral action causes the controller c(t) to change so long as an error exists in
the process 6utput. Unlike the proportional only controller, the addition of integral action
eliminates the offset. The controlled variable ultimately converges to the setpoint value,
provided there is no plant/model mismatch. However, the addition of integral action has
the disadvantage of possibly resulting in greater oscillatory behavior, because the order of
the system is increased by the presence of the integral controller. Rules of thumb exist for
heuristic tuning of the two controller parameters, K. and 7. One of the most common
methods was developed by Ziegler and Nichols and is presented in Ogunnakie and Ray
(1995).

3. Proportional-Integral-Derivative Control
In industrial practice this is commonly known as proportional-plus-reset-plus-rate

control. This is a more desirable controller because it allows for a smoother approach of
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the process output to the setpoint value. The output of this controller is shown by

equation 2-7.
UK o 0n
c(t) = Ke(t)+ [==(1)di +Ktp E, cs (2-7)
| di
where 1p is the derivative time constant.
With the presence of the derivative term (de/dt), the PID controller anticipates
what the error will be in the immediate future and applies a control action proportional to
the current rate of change in the error. Due to this property, the derivative control action

is sometimes referred to an anticipatory control. The equivalent transfer function for a

PID controller is shown in equation 2-8.

G(s>=Kc(l+;:—s+ros) @)
The addition of derivative action to the PI action gives a definite improvement in
the response. The rise of the controlled variable is arrested more quickly as the process
output approaches that of the setpoint. The response is returned rapidly to the setpoint
value with little or no oscillation. The major drawbacks of the derivative control action
are the following:
1. For a response with constant non-zero error it gives no additional control
action since de/dt=0.
2. For a noisy response, but with almost zero average error, it can compute a
large and rapidly changing derivative and thus yield large control action.

However, large control action is not needed.
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The PID based controller has a total of three tuning parameters, K., 11, and .
Effective and coordinated tuning of these parameters is paramount to its proper action.

PID controllers alone usually cannot compensate for the effect of process dead
time and the presence of inverse response (where in a positive step test the process output
first decreases then increases toward the new step level). Dead time is a common feature
in many chemical engineering processes. In the presence of considerable process dead
time and inverse response, the usual approach is to severely detune the PID controllers
(e.g. decrease the K.) in order to avoid potential stability problems. Significant detuning
usually results in degraded controller performance (e.g. sluggish response), and still may

not avoid ultimate instability.

G. Model Based Control

Model based control is an alternative approach to process control in which the
desired dynamic behavior of the control system is specified first; unlike the case of PID
control where the controller structure is specified first. The exact structure of the
controller will vary, depending on the specification of the process model. In model based
control, after the specification of the desired behavior, the controller design approach is
invoked to derive the controller (the structure as well as the parameters) that will achieve
prespecified objectives. This completely different controller design paradigm involves an
explicit use of a process model. Essentially, the controller is a ‘stable’ inversion of the

plant model. Therefore, this technique is referred to as model based control. Model based
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control has demonstrated its effectiveness during the past fifteen years (Morari and Lee,

1990), since its debut.

Consider the block diagram shown in Figure 2-2 where the control system includes
the blocks marked controller and model. The structure enclosed in the dashed lines
constitutes the whole controller and has as its input the setpoint and as its output the
manipulated variable, u. This is a typical Internal Model Control (IMC) structure, one of
the basic model based controller structures (Ogunnaike and Ray, 1994). Other structures
are the dynamic matrix control (DMC) and quadratic dynamic matrix control (QDMC)
(Morari and Lee, 1990). When compared to PID based control, model based control
offers several advantages. Tuning is made easier and model based control has built-in
capability for compensating for dead time and inverse response. In addition, it is easier to
incorporate design techniques that will take care of plant/model mismatch. The latter

(plant/model mismatch) is a woe to all process control practitioners.

|  plant

controller

w—-’ model

precncscsevsnsnasenne

Figure 2-2. Internal Model Control Structure (Morari and Zafiriou, 1989)

Therefore, in all model based schemes, there is a model in parallel with the actual plant

model, used for predicting purposes. When either plant/model mismatch or a disturbance
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to the process exists, the predicted process output and the actual output will differ. This

difference, along with the desired process output setpoint, is the input to the controller.
The structure of the model based controller is essentially an inversion of the plant model
process. Overall stability is insured, after inversion, by incorporating enough process lag
elements to make the overall controller transfer function stable and proper. For a single-
input single-output process, there is usually only one tuning parameter associated with
IMC; in contrast to three for a PID controller.

The Internal Model Controller partially imitates the role of a feedforward
controller. However, the IMC controller does not exhibit the typical problems associated
with a conventional feedforward controlier. The IMC has the ability to cancel the
influence of unmeasurable disturbances because the feedback signal includes the effect of
this influence and causes the controller to modify the control action. In effect, this will
cancel out the effect of the disturbance (Garcia and Prett, 1988).

In addition, the stability of the IMC controller alone implies the stability of the
overall closed-loop, provided the process is open-loop stable (Morari and Zafiriou, 1989).
In contrast, stability of the overall closed-loop process cannot be implied by the stability of
the PID controller alone. The overall stability of the closed-loop process must be
reassessed everytime the PID controller is retuned, even if the process is open-loop stable
(Garcia and Prett, 1988).

For most control systems, it is impossible to exactly model the process. For the
IMC, when there is plant/model mismatch, the feedback signal expresses the combined

signals of unmeasured disturbances and the effect of the model error. Modeling errors
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usually give rise, in feedback, to possible stability problems (Morari and Zafiriou, 1989).

In other words, controllers usually have to be detuned significantly, at the expense of
reduced controller performance, to accommodate for modeling error. Recently,
techniques have been developed explicitly to incorporate modeling error into controller
design. This characteristic allows controllers to maintain long term closed-loop stability
and is referred to as robustness (Doyle and Stein, 1986). IMC design more easily takes
into consideration the modeling error than that of PID design. This is partially due to the
fewer number of tuning parameters associated with IMC design (Garcia and Morari,

1982). This study also incorporates the effect of modeling error into the IMC design.

H. Advantages of IMC Control over PID Control

Theoretically, Internal Model Control (IMC) has advantages over conventional
PID control. For one, if there is no plant/model mismatch then the relationship between
any input and output is affine (a linear relationship) in the IMC controller, Q. Contrarily,
this is not true for a PID controller, C, because the relationship between the input and the
output is a nonlinear function of the PID controller. From a mathematical point of view, it
is significantly easier to optimize an affine function than a nonlinear function (Garcia and
Prett, 1988).

A second theoretical advantage is that the IMC controlled closed-loop system is
stable as long as the controller, Q, is internally stable, provided there is no plant/model

mismatch. This is not true for PID closed-loop controlled systems. For PID controlled
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systems to be stable, both the system model, G, and the control system, C, must be

internally stable (Garcia and Prett, 1988).

Thirdly, the IMC controller imitates the role of a feedforward controller, giving it
the ability to help reduce the time elapsed before proper operating conditions are restored,
after a disturbance to the system (Andrews, 1994). In addition, the feedback loop helps to

compensate for model inadequacies that are detrimental to feedforward controllers.

L Decentralized Control

The trend in chemical process industries is toward increased process integration.
In turn, this trend has created a need for more advanced high performance control
systems. Practicing control engineers are now frequently faced with the task of designing
controllers for multivariable plants with more than just one or two inputs and outputs
(Grosdidier and Morari, 1987).

Ideally, a multivariable plant would be controlled by a full multivariable controller,
where the control action of each manipulated variable is a function of all the process
output variables. However, full multivariable control is very difficult to design,
implement, and maintain, especially for the unskilled engineer or operator. The more
common and simpler practice is to favor a simpler “decentralized” control design
approach. By “decentralized”, it is meant that instead of the control action of each
manipulated variable being a function of all output variables, the control action of each
manipulated variable is the function of only the one variable that is discerned to have the

most effect on the control action. Which one variable having the most effect must be
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determined by predetermined selecting criteria. Thus, the action of each manipulated
variable must be calculated from only one output variable, the one selected to be paired
with it, ignoring interactions from all other output variables. An example would be the
simple heating of a liquid filled vessel. Instead of basing the amount of heat needed to be
added upon both the temperature and the volume of the vessel; the amount of heat needed
to be added would be based only on the temperature.

Decentralized control structures are considered first by industrial practitioners
because they offer many practical advantages. Not least among these is the fact that by
carefully selecting the variable pairings, a multivariable control problem can sometimes be
effectively reduced to several single-input single-output (SISO) problems. Not only does
this result in simpler tuning procedures, but the tuning can be left to relatively
unspecialized personnel. In contrast, a full multivariable controller would almost
invariably require the presence of an experienced specialist (Grosdidier and Morari, 1987).

Decentralized controllers are also used when more complex multivariable controls
are not necessary. If the off-diagonal components of a system (signifying the interaction
terms) transfer function are minute (i.e. contribute little) compared to the diagonal
components of a plant, then the off-diagonal components can essentially be ignored with
little ill effect. This set of circumstances allows for a decentralized controller. The
exclusion of these minute off-diagonal elements may decrease the controller performance,
but the resulting controller simplicity may be judged well worth the sacrifice in its

performance.
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The task of determining which input and output elements of a system should be

paired is not an easy task. Grosdidier and Morari (1987) developed an interaction
parameter to aid in this determination. The factors under consideration are stabilizability,
controllability, actuator-sensor failure tolerance and sensitivity. Consider the 2 x 2 system

with transfer function:

G(s) = [gu 812]
821 822

There are two alternatives for decentralized control. The decentralized controller can be

implemented on the diagonal or the off-diagonal transfer functions:

- gy O ~n_| 0 812]
G(s) = G(s) =
) [ 0 gzz] * [821 0

In other words, pairing input 1 with output 1 and input 2 with output 2, or the other way,
input 1 with output 2 and input 2 with output 1. The number of alternatives grows rapidly
for systems with more than two inputs and two outputs. The selection of control structure
is of significant importance when dealing with more complex systems. The purpose of the
interaction measure would be to assist the control engineer in this selection by quantifying
the difference between the full plant G(s) and its approximate diagonal 6(s).

Interactiorrmeasure should also guide the engineer in tuning the block diagonal
controller C(s) for the full plant G(s). Even if the difference between full plant G(s) and
diagonal a(s) is small, selecting C(s) such that the feedback loop around a(s) is stable
does not guarantee the stability of the feedback loop around the real plant G(s)

(Grosdidier and Morari, 1987). This is because the off diagonal blocks do have an effect
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on the other blocks in the system. Ignoring the off diagonal blocks results in interactions

which can lead to performance deterioration and even instability.
Consider the decentralized controller given by the diagonal transfer function:

C(s) = diag[Cx(s), Cx(s), Cs(s), .., Ca()] (2-9)
which is to be designed based on the noninteracting system:

G(s) = diag [Gui(s), Gzz(s), - GaalS)] (2-10)
such that the block-diagonal, closed-loop system with the transfer matrix:

H(s) = GEC(EHT + GEHCEN' @11)
is stable. An interaction measure expresses the constraints imposed upon the choice of the
closed-loop transfer matrix ﬁ(s), thus on C(s) such that the stability of the closed-loop
system with the real and interacting plant G(s):

H(s) = GE)C(E) + GE)CE) (2-12)
is guaranteed (Grosdidier and Morari, 1987). In other words, how large can Cbe(Cis
calculated based on a diagonal g) such that when the loop is closed with the full plant (full
G) in operation, the overall closed-loop will not become unstable. The bigger the off-
diagonal elements of G, (i.e. the higher the interaction among loops), the more severe the
constraints become and the more conservative C(s) has to be tuned.

The relative error arising from the approximation of the full system G(s) by the
block diagonal system a(s) is defined by:

E() = (G(s) - G()GE)" @-13)

and from E(s), one can arrive at an upper limit for tuning of the diagonal C(s).
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J. p-Interaction Measure

The p-Interaction Measure is a concept developed by Grosdidier and Moran
(1987) to measure the closed-loop stability of a controlled system H(s). The stability
analysis using the p-interaction measure is based in the frequency domain. Morari
theorizes that if G(s) and ﬁ(s) are stable, then the closed-loop system H(s) is stable if

G < IEGo) @14)
where ||A|| denotes the induced norm of A, © denotes the frequency, and j denotes the
imaginary number.

By definition, [[E(jo)|l is an interation measure. It has the disadvantage of being
very conservative (i.e. constrictive). A less conservative bound can be derived, if it is
assumed that the diagonal blocks of ﬁ(s) are norm-bounded in the sense of the spectral
norm (Grosdidier and Morari, 1987)

B0l = oo <8@)  ¥io (2-15)
where Gmax(A(j0)) is the maximum singular value of A at every 0. A real positive
function, p(E(jo)), can be defined in order to satisfy the stability requirement of the
closed-loop system H(s), assuming that G(s) and ﬁ(s) are stable and if and only if

Gane(HH(j0)) < H''EG0)) 2-16)
u(E(jo)) is the “optimal” Interaction Measure because equation 2-16 constitutes the
tightest possible norm bound (Grosdidier and Morari, 1987).

The p-Interaction Measure treats the block-diagonal system ﬁ(s) in a unified

“optimal” manner. This offers the advantage that, independent of the number of system
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inputs and outputs, the design engineer can determine from a single curve if the selected
control structure would lead to possible instability and to significant performance
deterioration (Grosdidier and Morari, 1987). A major drawback of the p-Interaction
Measure is the calculation of u. For higher order systems there is no precise numerical
method of calculation, but for 2 x 2 systems this interaction measure was the same as that

proposed by Rijnsdorp (1965) and Bristol (1966). This interaction measure can be

calculated by:

x(s) = g12(5)821(5)/811(5)82:(s) (2-17)
where the g;; are the ij** elements of the plant transfer function matrix, G(s).
The following relationship can be made with (Grosdidier and Morari, 1987):

W(EGo)) = [rGw)] (2-18)
where [(jo)| refers to the absolute value of the complex x at frequency (jo).
Thus, if G(s) and H(s) are stable, then the closed-loop system H(s) is stable if

o)l < kGo)'? = W' (EGo)  Fio (2-19)
where i denotes each of the single feedback loops and h~;denotes the i® diagonal element

~/
of the matrix H which is based on the diagonal controller.

Equation 2-19 provides a criteria by which to judge when the controller tuning of
C(s) will render a stable closed-loop system, when implemented on the fully interactive,
multivariable system. Note that the controller C(s) has been designed assuming that no
interaction exists in the original system. Therefore, it is not necessary to explicitly

calculate for the poles of the multivariable closed-loop transfer function in order to assess

its stability (a daunting task).



K. Linear Modeling

The wastewater treatment exhibits nonlinear dynamics. However, it is
mathematically easier to approximate the nonlinear plant by a linear model, so that linear
controllers such as PID and IMC can be used. Both are designed based on a linear
description of the plant. Therefore, the first step in this study was to develop the linear
approximation of the original nonlinear plant. It should be noted that a linear model of a
nonlinear system may represent the true dynamics only to within a certain range.
Operating values outside of this range may lead to the linearized model being an erroneous
representation of the original nonlinear model.

A step input in each of the inlet variables will affect each of the output variables
causing them to exhibit different characteristics in gain, lead or lag time, delay time,
inverse response, and/or a combination of all of these. A linear model between each input-
output pair will be derived from the step response of the original nonlinear plant. The
linear model characteristics will be briefly explained below.

1. Gain

This is the simplest and the most common element of all responses. It is
represented by a simple constant, K. The constant K can be any real number from
negative infinity to positive infinity, inclusively. Values of either negative infinity or
positive infinity demonstrate a truly unstable system that will have output values growing
without bound due to a unit change in the input. Determination of K is based on the new
steady state value of the output variable, after implementation of a step change in an input

variable, minus the original steady state value of the output variable. It is the simple,
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steady state change in the output after a unit change in the input. In this study, all gain
changes are computed on a percentage basis, plus or minus percentage change from the
nominal value.
2. Lag

A lag response is represented in Laplace transform by 1/(s + 1), where >0 (1<0
is an inherently unstable system) represents the lag time constant of the process.
Normally, a system with only a gain response is a true step response, i.e. the new steady
state is reached instantaneously after a step change in the input. A lag response causes the
instantaneous step response to become “sluggish,” thus increasing the time needed to
reach the new steady state. The larger the value of 7, the more “sluggish” the system.
The value of 1 is approximated by drawing a tangent to the inflection of the “sluggish”
step response and subtracting the x-intercept value of this tangent line from the x-value at
which the response has reached 0.632 of the final steady state rise (or K). Thisis
demonstrated in graphic form, as shown in Figure 2-3, and is more commonly known as
the Fit 2 Method (Coughanowr, 1991). The greater the lag time, usually implies the
greater the controller gain required in order to speed up the overall system response. The
approximate dead time is 6. Note explanation of 6 later in this study.
3. Lead

A lead response is represented in Laplace transform by (zs+1), where z>0. A lead
response causes the system to be more “aggressive”, initially starting out at a level higher
than the new steady state and then converging to the new steady state. In most cases, this

causes the system to overshoot the new steady state and extra time is needed for the
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system to “settle” down to the new steady state. The larger z is, the greater the

overshoot.

—>

time (t)

Figure 2-3. Fit 2 Method Determination of Lag Time Constant, 7, and Dead Time, 6
4. Inverse

An inverse response is represented by (zs+1), with the zero defined as z<0. The
system initially responds in a direction opposite to the direction of its eventual new steady
state gain after a step input. For example, if an increased (positive) step change in the
input variable resulted in an increased (positive) change in the new ultimate steady state of
the output variable, an inverse response would initially result in the system decreasing
(negative) until the other terms in the transfer function “overtake” the inverse term. This
can be seen in Figure 2-4. The larger |z] is, the greater the inverse response. The presence
of an inverse response usually requires the PID controllers to be detuned (backing off on
the tuning) in order to insure overall system stability. Figure 2-4 depicts an inverse

response.
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tme (t)

Figure 2-4. Inverse Response

5. Delay (or Dead Time)

A delay is exactly what it sounds like, a delay in the response of the system to a
change in the input. It is represented by e® where 6>0, signifies the dead time. Ifa step
change is implemented at time t=0, then a delay will cause the system not to respond until
a certain time t=0 later. The larger 0 is, the longer the delay in the response. The
presence of a large delay time also necessitates a significant detuning (backing off on the

tuning) of the PID controller parameters to insure overall system stability.
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Chapter Three

Study Approach

The objective of this study is to evaluate and compare two possible control
strategies for a proposed industrial wastewater treatment plant. The treatment plant in the
study i.s under construction in Victoria, Texas by DuPont Corporation, with the potential
of several other plants being modeled after this one. One of the two control schemes
under comparison, the PID based decentralized scheme, is more commonly used in
industrial process control applications; whereas the second approach, a model based
approach, is a relatively newer scheme and appears to work well in situations in which
dead time and/or inverse response are present. Successful industrial applications of model
based control have been widely reported during the past few years (Morari and Zafiriou,
1989) and more are emerging every day. The evaluation and comparison of the different
control strategies is based upon the ability of each control system to remain stabie and to
meet performance criteria in the face of setpoint and disturbance perturbations. The ease
of tuning will also be used to evaluate and compare the two control systems. Several
steps are involved in the research strategy to accomplish the study objective.

a. Utilize the dynamic simulator based on the Matlab platform (Grove, 1995) to
develop approximate linear transform function models for each of the possible

input-output pairs, based on step changes in the corresponding input.
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b. Identify the optimum control pairings for each set of manipulated-controlled
variables to be used in decoupled, multiple single-input single-output (SISO)
feedback control loops, so as to minimize inter-loop interactions.

c Design decoupled, multiple SISO feedback control loops for all the optimum
configurations identified above. Simulate, analyze, and appropriately tune the

.controllers for setpoint changes and disturbance rejection responses. This is to be
done for both conventional PID control and model based control.

d. Assess the ability of the two control schemes in tolerating plant/model mismatch
with respect to performance and stability of the closed loop system. This will be
done by utilizing simulations in the time domain; as well as analysis in the
frequency domain of the system, as described previously using the p-interaction

measure.

A. Relative Gain Array

The Relative Gain Array (RGA) provides a measure of interaction among potential
control loops for a multi-input, multi-output system, based on system responses to
selected perturbations from a nominal steady state (Bristol, 1966). By providing a
measure of interaction between input variables and output variables in a plant, the RGA
gives a control system designer a means by which the best pairing for a set of input and
output variables can be chosen in order to minimize the interaction among the individual
control loops. The Relative Gain Array has been widely used for nearly thirty years. RGA

is primarily an empirical tool, with little theoretical basis (Grosdidier and Morari, 1987).
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RGA can provide information on those pairing configurations expected to lead to severe
closed-loop problems.

The Relative Gain Array is determined from the steady state input-output gain
information for a given process. Therefore, RGA does not require any dynamic
information of the system. Often, only the steady state gain information for the process
can be.obtained without too much trouble; while the dynamic characteristics of the
process are harder to obtain (Grosdidier and Morari, 1987). From the steady gain array,
the RGA can be used to determine the best manipulated, variable-controlled variable
pairing for a given set of variables, in decoupled, decentralized, multiple SISO feedback
control strategies, which is usually much simpler to design than a true full multi-input
multi-output (IMO) control system. Calculations of the RGA are detailed in several
references, such as Process Dynamics, Modeling, and Control (Ogunnaike and Ray,
1994).

The following gives the guideline in using the RGA. Consider the values of the
RGA with n rows and m columns. The number of output variables, y, is n and the number
of input variables, u, is m. Every row and every column of the RGA must sum to one. A
value of 0 in the nm” position of the array indicates that the corresponding y, is
completely unaffected by the corresponding un. A value of 1 in the nm® position of the
array indicates that the corresponding y, is affected only by the corresponding us. Thus,
the ideal matching of manipulating input variables with output variables would be those
that have corresponding array elements near the value of 1. In addition, pairing with a

negative RGA number should be avoided because of potential instability problems. An
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example of ideal and non-ideal pairing for a 2 x 2 system is shown in Figure 3-1. The

obvious, and most logical, pairing would be y, with u; and y; and u,.

’Sum=1

090 0.10 | yl
RGA = ..
Pairings Should Be
yl-ul and y2-u2
010 090 { y2
ul u2
sum = 1

Figure 3-1. Pairing of Input-Output Variables According to the Relative Gain
Array
B. Interactions among Decentralized Multivariable Systems

The degree of interactions among the various input-output pairs is extremely
important if decoupled, multiple single-input single-output (SISO) feedback control loops
are considered. In multiple SISO feedback control loops, an output is chosen to be paired
with a manipulated input, and it is best chosen when this manipulated input is the primary
contributor to the output variable.

What characterizing a process as a multi-input multi-output system model,
characteristic of most chemical processes, the open-loop transfer function between an
input u; and an output y; is defined in equation 3-1.

(dyv/duj)at = gij(s) G-1

where g;(s) = the ij® element of the open loop transfer function matrix G(s)



dy; = change in the i* output variable response of the system due to a change in
the input variable
dy; = change in the j* input variable to the system.
For a two input (u, and u;) and two output (y; #nd y2) system, each output is the
net effect of changes of both inputs and changes in each input affects all outputs. Figure

3-2 is a diagram representing the interactions between two inputs and two outputs in an

more complex as the number of input and output variables increases. In a2 x 2 system,

open loop 2 x 2 system. As one can determine, the interactions among the system become
the transfer function for the overall system can be written as in equations 3-2 and 3-3.
|
|

¥1(s) = gu(s)ui(s) + gz (s)ux(s) (3-2)

y2(s) = gar(s)ui(s) + gza(s)uxAs) (3-3)

Equations 3-2 and 3-3 can be rewritten in matrix notation as in equation 3-4.

y1(s) |={ 811(s) 812(s) f uj(s) (3-4)

Yy 2(s) |=| 821 (s) £22(5) J ua(s)

This model approach is applicable to any open loop system with n inputs and m

outputs as long as the transfer function matrix, G(s), has the form of equation 3-5. The

contain m elements

|
|
|
|
|
|
input vector, u(s), would then have n elements while the output vector, y(s), would |
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u2
—_—l ]

y2

Figure 3-2. Transfer Function Diagram for a 2 x 2 System

Where g; = element ij of the plant transfer matrix; transfer function between the j* input

and the i output
yi=i® plant output variable

y; = j® input variable for plant.

G(s)=

[ Bm1(s)

and

y(s) = G(s)u(s)

[ g11(5)  g22(5) -
g821(s) g2(s) ---

8im (5)]

8mn (5).

(3-3)

Figure 3-3 features the system outlined in Figure 3-2 with two decoupled single-

input single-output (SISO) conventional feedback controllers added. This is now a

closed-loop, decoupled, multiple SISO feedback system where y, is controlled by

manipulating u, and y; is controlled by manipulating u,. The conventional controller is



represented by the transfer function for a PI controller as defined in equation 3-6.
Derivative control is not being added, because the response of the system is expected to
be noisy with little error. This would cause the controller to compute large derivatives

and thus yield large and rapidly changing control action, although it is not needed.

1
;=K | 1+—
& [ t,s] (3-6)
1 yl
XS—P gel ul i gll
—> g2l
> g12
y2s u2 y2
—P g2 i 22

Figure 3-3. Transfer Function Diagram for a 2 x 2 System with Two Single Loop
Conventional Controllers (Ogunnaike and Ray, 1994)

Where g; - element ij of the plant transfer matrix; transfer function between the i* input
and the i® output |
Bi= i® element of controller transfer matrix, G.(s); or the controller transfer
function for the i*® loop.
yi = i plant output variable
Vi = setpoint of i plant output variable

y; = j* input variable
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For Model Based control, the configuration of the closed-loop multiple SISO
system is very different. Figure 3-4 depicts the system outlined in figure 3-2 with two
decoupled single-input single-output (SISO) Internal Model (IMC) controllers added in
the feedback loops. Once again, this is now a closed-loop, decoupled, multiple SISO
feedback system where y; is controlled by manipulating u, and y is controlied by
manipulating u;. However, the basic design of PID and IMC controllers differ
theoretically. The IMC controller is represented by the transfer function defined in
equation 3-7.

where g;" is the invertable part of the plant transfer function gj(s).

r—P{ gll
yis 1
mali Al
gl2 |
2
- - -+

Figure 3-4. Transfer Function Diagram for a 2 x 2 System with Two Decoupled
Single Loop Internal Model Controllers (Ogunnaike and Ray, 1994)




Where g; = element ij of the plant transfer matrix; transfer function between the j® input
and the i output
g;; = nominal model of element ij of the plant transfer matrix.
g<i =i element of controller transfer matrix, G.(s); or the controller transfer
function for the i® loop.
. y; = 1" plant output variable
ya = setpoint of i® plant output variable

y; =j" input variable

C. Derivation and Tuning of Controller Transfer Functions

There are several ways to calculate the initial settings of the tuning parameters for
both the conventional PID control and the model based control. A common and well-
tested method for conventional PID control is the use of the Ziegler-Nichols rules which
involve first finding the ultimate gain, K,, and the ultimate period, P,, of the process. As
for model based controllers, Morari and Zafiriou (1989) have not only outlined the
derivation of an internal model controller, but have also developed a systematic tuning
rule, presented below. Note that PID controllers have three tuning parameters; whereas
IMC controllers have only one.
1. Conventional Control (Proportional Plus Integral, PI)

If the derivative mode is not considered, PI has two tuning parameters. The

transfer function for a conventional PI controller is independent of the system transfer



function. No matter how complicated the system is, the PI controller transfer function will

always be of the form shown earlier in equation 3-6, and once again below:

1
=K 11l4—
B c( Tls}

where the two tuning variables are the controller gain, K., and the integral time constant

(or reset time), .

Ziegler-Nichols control setting rules were first proposed by Ziegler and Nichols in

~ 1942. Based on their experience with the transients from many types of processes, they

developed a heuristic tuning method still used today in one form or another (Coughanowr,
1991). When their rules were first proposed, frequency response methods and process
models were not generally available to control engineers. Therefore, they intended that
the ultimate gain, K,, and the ultimate period, P,, could be calculated using an open-loop
frequency response, such as a Bode plot.

Consider the selection of a controller for the system represented in the Bode plot
of Figure 3-5. It should be emphasized that the controller is omitted from the plot, thus
the plot is only of the process and measuring transfer function elements in series
(Coughanowr, 1991), in the frequency domain.

As noted on the figure the crossover frequency (the frequency at which the phase
is -180 ) for the process is ®a. At the crossover frequency, the overall gain is A, as
indicated. The ultimate gain, K,, is defined as the gain that would cause the system to be

on the verge of instability. This is defined in equation 3-8

K.= VA (3-8)
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Figure 3-5. Open Loop Bode Diagram for a Typical Control System
(Coughanowr, 1991)

The ultimate period, P,, is then calculated by equation 3-9

P, =2/ (3-9)
The Ziegler-Nichols settings for controllers are determined directly from K, and P,
according to the rules summarized in Table 3-1. Other controller tuning guidelines, such
as Integral-Squared-Error (ISE) or Integral-Absolute-Time-Error (ITAE) can also be
used. They yield proximal settings to that of Ziegler-Nichols.
a. Limitations of the Conventional PID Controller

The initial tuning thus arrived at needs to be further fine-tuned in order to best fit

the process at hand. This final phase of “fine tuning” is what usually escapes a new



Table 3-1. Ziegler-Nichols Controller Settings (Coughanowr, 1991)

Type of Control , G.(s) K. T Tp
Proportional K. 0.5K,
Proportional-Integral (PI) K (1+1/7;8) 0.45K, PJ/1.2

Proportional-Integral-Derivative | Kc(1+1/7s+1ps) | 06K, P2 P/8
(PID)

operator due to inexperience. Such conventional “know-how” is the result of the
accumulation of a vast amount of actual operating experience. In addition, for processes
with “nasty” characteristics, such as large dead time, inverse response or plant/model
mismatch, no amount of “fine tuning” will result in satisfactory controller performance.
This is due to the inherent inability of the conventional PID controller to compensate for
these characteristics. Often, additional compensators, such as the Smith Predictor (to
compensate for the delay time) and inverse response compensator are designed to be
added to the main PID controller. The result is an increase of the controller structure
complexity; and the presence of additional tuning parameter(s). Furthermore, proper
functioning of these additional compensators depends on knowing the plant model exactly,
a rare fact in practice. Lacking such total knowledge, instability may occur and no amount
of tuning will circumvent it.
2. Model Based Control (Internal Model, IMC)

Contrary to PI controllers, the transfer function for IMC controllers is dependent

on the nominal transfer function of the system. For developing a decentralized IMC
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controller, q, one only has to consider the nominal process model, ;, for each loop

independently. Assuming that sis stable, it can then be factored into an allpass portion,
;., and a minimum phase (MP) portion, ;.., as shown in equation 3-10 (Morari and
Zafiriou, 1989)

P = PiPa (3-10)
where ;. includes all the right half plane RHP zeros, (i.e. z < 0), and delays of ; In other
words, ;. includes everything that will force the system to be unstable when inverted. The
MP portion will then contain all constants, left half plane (LHP) zeros, and poles (by
definition of ;being stable, all poles are LHP). Similarly the input, v, is factored as in
equation 3-11. For this study all inputs are considered to be step inputs, thus having no
allpass portion and represented by equation 3-12.

V=V,Vg | (3-11)

v=1/s (3-12)
The first part of the controller, represented by ?1/, is given by

9= @ava)" (Pi'va) (3-13)
where the operator, {p, 'va}. denotes that after a partial fraction expansion of the
operand, all terms involving the poles of ;." are omitted (Morari and Zafiriou, 1989).
This eliminates all of the unstable elements of the inverted plant. In general, the initial part
of the controller transfer function is not proper. Propemess is defined by having a

numerator order equal to or less than the denominator order. An improper function is not

physically realizable. This is of no concern at this point, because it is to be augmented by




a low-pass filter in the second step of the IMC design procedure. Note that a'at this point
involves no tunable parameter.
The second step is comprised of developing a low-pass filter for the controller, in

order to make it proper. Typically, this single parameter filter is of the form

1
(s+1) (3-14)

f(s)=

where A is the adjustable filter parameier and n is an integer selected just large enough to
make the controller q (q = Gf) proper. The controller, g, is then calculated by combining

the first design part q with the filter, as shown in equation 3-15.

s Bl

q=qf= -
(As+1) (3-15)

Once again, n is chosen just large enough to render q proper. Note that q has only one
tuning parameter, A. The tuning rules for A are dependent upon whether one wishes to
have the model based controller act as an equivalent PI or a PID controller. These
guidelines are shown in Table 3-2 (Ogunnaike and Ray, 1994), where  is the dead time of

the plant and < is the plant time constant.

Table 3-2. IMC Approximate Model Controller Tuning Rules
(Ogunnaike and Ray, 1994)

Recommended Choice of A
Controller Type
(A > 027 Always)
Proportional-Integral (PI) A8>17
Proportional-Integral-Derivative (PID) A8 > 025
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a. Advantages of the IMC Controller

Like the PID based controller, the IMC based controller is to be further fine tuned
in order to best fit the process at hand. But, where the “fine tuning” for the PID based
controller is complex and difficult to the inexperienced operator, the IMC based controller
is simpler and more transparent to any operator. This is due to the single parameter, A, as
opposed to the several parameters in PID based control. In addition, for processes with
“nasty” characteristics, such as large dead time, inverse response or plant/model mismatch,
there is still only one parameter, A, for the IMC based controller that needs to be tuned.
With PID control, several filters, thus additional tuning parameters, must be added in
order to guarantee the stability of the system.

Morari and Zafiriou (1989) derived the general relationship between the classic
PID based feedback controller, c, and the IMC controller, q, when the process model is p.

This is shown in equation 3-16.

=9
A (3-16)
1-pq
Using this relationship, along with the general equation for a PID controller with

added compensating filters (equation 3-17), and assuming a step input to the process, one
can calculate and demonstrate how the single parameter,A, in the IMC based controller

contains all of the PID based parameters (K., T;, and tp), plus any and all additional filters,
11 and Tr, needed to compensate for “nasty” characteristics, such as large dead time and

inverse response.

c=K, l+-L+1Ds -2—]— (3-17)
TS TS +1FS+1
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Appendix A contains the calculations for these equivalencies for several common
first order lag systems with added dead time, lead, and inverse response. Table 3-3
summarizes how to calculate the equivalent PID tuning parameters and filter parameters

for these systems.

Table 3-3. IMC Controllers for Mode!s Interpreted as PID Controllers with Filter

Model p pq KX 1] 130) TF1 TF2

First Order Lag
plus Dead Time -85 T+

B
Ke® el B+x | P 3B 0 B+4
Ts+ 1

First Order
M—?glus S 1+B ABz AB+2Pz+ A2

B
K(zs+1)e™® As+1 2B+2 TP T+B B+2 B+

s+ |

First Order Lag
plus Dead Time
and Inverse

Response ol menes 2+B . B ABz A +2)
Keme e oment | Berem| P | TF | Feaem| Beren

D. Plant/Model Mismatch

One of the issues that has always arisen in control system design is how sensitive
the controlled system is to expected variation in the process parameters. For example, if
the controller (it makes no difference if it is PID based or model based) is tuned for a
particular loop, how will this control loop behave if the process gain changes by, say, 20%

or the time delay changes by, say, 30%? This is a question of process sensitivity and the
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robustness of the control design. A highly desirable feature of a controller design is its

ability to render the closed-loop stable at all times, even when the process has changed.

There are two practical situations that lead to problems with robustness. Both
would lead to plant/model mismatch and arise as a consequence of the following situations
(Ogunnaike and Ray, 1994):

. 1. Process Variability: in which an otherwise adequate model no longer matches
the observed plant behavior because the process itself has changed. Catalyst
decay and heat exchanger fouling are two examples of mechanisms underlying
such process variability.

2. Inadequate Modeling: in which the model is an inadequate representation of
the true plant behavior. This may be because the model structure is a
fundamentally poor approximation (as when a linear model is used to
represent a severely nonlinear process), or it may be because of poor
estimates of the model parameters in an otherwise adequate model structure.
This plant/model mismatch may cause the closed-loop process to go unstable
under certain conditions because the controllers are no longer adequate enough to
maintain a stable system. This can be due to their sometimes severe over tuning. The
problem is usuilly remedied by conservatively tuning the controller, thus making the
process response more sluggish but more robust. For a nonlinear process, conservative
tuning of the PID based controller usually only achieves stability over a limited time span.
This may be sufficient, depending upon one’s needs. To completely rectify the situation,

additional lag filters must be added to the PID based controller to make it less aggressive
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and to increase its stability margin (how close to the point of instability). Model based

controllers need no added filters (thus added additional tuning parameters) because they

inherently contain necessary filters and the coordinated tuning of all filters is included in

the tuning of the single parameter, A. It is only necessary to change the A value (by

increasing it) to make the IMC controller more robust.

E. Summary of Advantages and Disadvantages

In summary, the advantages and disadvantages of conventional PID and model

based controllers are summarized in Table 3-4 below:

Table 3-4. Summary of Control Strategy Advantages and Disadvantages

Advantages

Disadvantagm

[PID Based |[Well tested through decades of use |Several tuning parameters
K, 1, o
Easier to design Stability problems with "nasty"
systems
Details of fine-tuning well Additional filters, thus added
understood by experienced parameters, needed to
operators compensate "nastiness"
Difficult to understand details of
fine-tuning for new operators
[IMC Based Only one tuning parameter, A Not is wide use in industry

Can maintain stability for "nasty"
systems

Slightly more coplex to design

Additional compensating filters
included in one parameter, A

Very simple and transparent fine-
tuning
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Chapter Four
Results and Discussion

This study evaluates and compares two alternate control strategies for a multistage
wastewater treatment plant. The evaluation and comparison of the alternate control
strateg.ies is based upon the ability of each contfol system to render the overall closed-loop
system stable over long term, and to meet plant treatment performance criteria in the face
of setpoint and disturbance perturbations. The ease of controller tuning is also an
important part of the evaluation and comparison considerations.

Grove (1995) studied the open loop dynamic and steady state response of the
system to perturbations and identified which variables are most affected by which
perturbations, and which variables may be used as the most effective manipulated variables
to compensate for the anticipated perturbations. The present study seeks to close the
control loop and compare the effectiveness of Model Based control strategies to the
traditional Proportional-Integral-Derivative (PID) controllers, both implemented as

multiple single-input single-output (decentralized) feedback loops.

A. Control Strategies

In designing decentralized controllers, specification of pairing of an input to an
output variable is an important consideration. Decentralized controllers are the most
common type of controller utilized in the process industries for multiple-input multiple-
output (MIMO) systems, because these controllers are easier to implement than a full
controller designed to fully utilize the interactions between the inputs and the outputs. If
the controller pairings are chosen carefully, a multivariable control problem (such as a
wastewater treatment plant) may sometimes be effectively reduced to several single-input
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single-output (SISO) problems. Not only does this result in simpler procedures, but
tuning can be left to relatively unspecialized personnel. In contrast, a full MIMO
controller would almost invariably require the presence of a specialist (Grosdidier and
Morari, 1987).

PID based decentralized controllers are usually the first to be considered by plant
personnel to control a system. PID based controllers have been in use for decades and are
very vu;ell understood by engineers and operators. But, there are limitations to the PID
based controller, especially when the system is more complex and displays increasingly
non-ideal characteristics. These non-idealities limit the PID based controlier effectiveness
in sustaining a stable system. Thus, the PID based controller may not be robust enough to
handle the effects of disturbances or the occurrence of plant/model mismatch. This is
when the model based controller has an advantage over the PID based controller, because
model based controllers have built-in capabilities to compensate for some of the non-
idealities of the process, such as dead time, and it can also accommodate design
modification required to accommodate plant/model mismatch.

Recently, progress has been made in the area of Model Based controllers
(summarized in Ogunnaike and Ray, 1994) which are more effective in handling operating
constraints and system non-idealities in achieving a desired output behavior. There are
several algorithms for the design of model based controllers and most agree that they are
easier to tune and better accommodate uncertainty associated with the description of the
plant model. A comparison between the workings of the conventional PID control
strategies, and that of the more modern model based control strategies, and their
respective performances on a wastewater treatment plant, will help in developing and
implementing a control system that is both effective and simpler to design. In addition, an

understanding of the incremental effort involved in using model based controllers over that
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of conventional PID will better help plant managers in evaluating the choice of the final

control strategy.

B. Review of the Dynamic Simulator (Grove, 1995)

A dynamic simulator for the wastewater treatment plant kinetics was developed by
Grove (1995) using the Simulink programming environment of Matlab employing the
Activated Sludge Model No. I as a theoretical working model for the treatment kinetics.
The kinetics are based on a lumped and unstructured modeling approach using the
conservation of mass principle. The simulator is constructed around a modular design for
a continuously stirred tank reactor (CSTR) and a standardized data stream capable of
calculating the concentrations of twenty-one components simultaneously. The model
simulates denitrification in the anoxic reactor and combined aerobic COD degradation and
nitrification in the aerobic reactor. Both reactors are treated as CSTRs. Following the
two reactors is a gravity based clairifier, with a recirculation and supernatant effluent
streams coming out of it.

There are five main input variables to be considered for the simulator. They are
shown in Table 4-1 along with their nominal inlet rates. The sludge age is determined by
the desired solids retention time, which in turn can influence the concentration loads in the
overall effluent. The recirculation ratio is defined as the ratio of the recirculation flow
from the aerobic tank to the anoxic tank divided by the raw influent flow to the
wastewater plant. The three output variables of interest are the effluent concentrations of

biochemical oxygen demand (BOD), ammonia, and nitrate.

C. Development of Approximate Linear Models for the Treatment Plant
The wastewater treatment plant may exhibit very nonlinear dynamics. However,

one needs to approximate the nonlinear plant via a local linear model, because only linear,
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Table 4-1. Plant Input Parameters and Nominal Rates (Grove, 1995)

Input Parameter Nominal Value

Volumetric Flow Rate 5,450,000 liters/day
Influent Ammonia Concentration 300 mg N-NH4*/liter

Influent Nitrate Concentration 1000 mg N-NO3-/liter
Sludge Age 30 days
Recirculation Ratio 3.5
Influent BOD Level 10,000 mg/liter

decentralized SISO controllers are to be considered for the plant. This is because the
theories of both PID and model based controllers are based on linearity of the plant. The
former is the most frequently employed feedback controller in industry. The latter is an
emerging controller in industrial practice. Therefore, the first step in the study was to
develop the linear approximation of the original nonlinear plant. This was done by using
the dynamic simulator developed by Grove (1995) and implementing positive and negative
step changes in each of the five inlet parameters in turn; while monitoring the output
responses of the effluent concentrations of BOD, ammonia, and nitrate.

Linear models were then designed using the output response graphs and the Fit 2
method for determining first order lag plus delay models. Several of the output responses
were more complex than a first order lag plus delay system. A few had an additional lead
response or inverse response and one had a double lag, or second order, response. These
were modeled using engineering judgment and comparison with the simulator output
graphs. In many cases, the response to a positive step change was not the mirror image of
a response to a negative step change indicating nonlinearity. The overall gains and time

constants would vary slightly, because of the nonlinearity of the system. In these
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situations, the final values for the parameters in the linear model were the average of their

values in both step responses.
Table 4-2 is a listing of the approximate linear transfer function models that relate
the controlled variables to the two manipulative variables; sludge age and recirculation

ratio. This approach gave the possibility of six different control pairing cases.

Table 4-2. Approximate Linear Transfer Functions Relating the Controlled
Variables to the Manipulative Variables

Manipulative Variables

Recirculation Ratio Sludge Age

Effluent 0.093(1.77s+1)e 055 0.032¢ 79035

Controlled BOD (s+1) (10.255+1)
Variables Effluent 0.00145(—55s +1)e 0% | 0.194(—125s+1)e~01¢

Ammonia (10.8952 +3.635+1) (24.365+1)

Effluent ~1.9¢~° 2.89¢7035

Nitrate (3.25+1) (9.1s+1)

As one can se, all the transfer functions are not first order lag plus delay. They
contain more complex attributes, such as first order lead, inverse response, and second
order lag. These types of responses are more difficult for a traditional PID based
controller to handle effectively. Very conservative tuning of the PID controller would be
required to render stability over a certain time range; but eventually, the system may still
g0 unstable. Additional compensators, such as a Smith predictor for dead time and an
inverse response compensator, need to be added (along with their additional tuning
parameters) in addition to the PID based feedback controller for effective control and to
enhance long term stability (Ogunnaike and Ray, 1994). Model based controllers, on the
other hand, such as Internal Model Controllers (IMC), do not have the need for additional
compensators, because they intrinsically include compensators for dead time and inverse

response kinetics, and involve only a single tuning parameter, A. Morari and Zafiriou
56



(1989) demonstrated how an IMC controller is equivalent to a PID controller with an
additional first order lag filter in series with it. The mathematical calculations for this
equivalency can be found in Appendix A.

It has long been common practice when controlling wastewater treatment plants to
concentrate on manipulative variables of sludge age and recirculation ratio. Feed flow rate
is a tempting alternative as a manipulative variable, but major manipulation of what is
being t:ed to the plant is impractical from an industry point of view, because its use
necessitates the use of an equalizer tank, an often expensive alternative. Therefore, this
study employs only the sludge age and recirculation ratio as the manipulative variables to
control effluent BOD, ammonia, or nitrate levels (two of the three). Since only two
manipulative variables are used and there are three output variables (an under defined
system), one of the output variables will be left “free” for each two-input two-output

control configuration.

D. Comparison of the Linear Model to the Non-Linear Model

A major concern with linear modeling of a non-linear process is how well the linear
model represents the non-linear model when more than one value is changing. For the
linear model, the rule of superposition holds true. That is, the effect of two variables on
the system is the sum of the effects of each individual variable alone on the system. For a
non-linear model, this does not necessarily hold true. However, the linear model may give
a reasonable approximation of the non-linear model within a certain narrow variation from
the point of linearization. The degree of the ability of the lineanized model to accurately
represent the non-linear model was studied by varying the recirculation ratio and the

sludge age in the open-loop linear model, and comparing the results to the same changes
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in the recirculation ratio and ine sludge age in the open-loop non-iinear model developed
by Grove (1995).

Figure 4-1 is a graph of the responses of the non-linear and linear systems to a
50% change in the recirculation ratio (both positively and negatively). The linear response
is shown by the lines (solid'and dashed), while the non-linear response is shown by the X’s
and O’s. The responses are similar. Figuré 4-2 is a graph of the non-linear and linear
system responses to a 50% change in sludge age (both positively and negatively). The
qualitative aspects are similar, but the overall gains are somewhat different and the linear
model may not be a reasonable approximation of the non-linear model. This is because the
linear system gain was modeled utilizing the average gain of the system due to an increase
and a decrease of the same magnitude in sludge age in the non-linear system. The two
gains are not mirror images of each other. Consequently, the linear model will vary from

the non-linear model.

s \
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. - H .
- ]

Figure 4-1. Linear and Non-Linear Responses 10 a2 50% Change in Recirculation
Ratio;
Positive Change in Recirc. Ratio: Linear Response, — - —; Non-Linear Response, x x x;
Negative Change in Recirc. Ratio: Linear Response, —; Non-Linear Response, o0 o o;

58



3

...........................

~

o

8
=
]
Ll
L
x
x
o
L]
»
"
L]
L]
x
u
-
»

8
'
]

3
i
H
g
z

“5;°
3
s
g
]
8

myl

.

“"
“°
O
o
o
(1)

o

N4, oulpu
- ~
1 ] 1]
,

#
- [}
k.
b
1o
" v
x
x
x
N
o
”
L4
n
n
x
x
:,
'y

&
3
*s
g
e
g

~
.

BON, antpus, inyn
\J
q
ﬂ
d
q *
x
x
»
x
x
n
x
Ll
£y
x
»
[t
« "
»n
d

........

. A J
-] 20 4 80 0 100

-20
Time, cays
Figure 4-2. Linear and Non-Linear Responses to a 50% Change in Sludge Age;
Positive Change in Sludge Age: Linear Response, - — —; Non-Linear Response, x x x;

Negative Change in Sludge Age: Linear Response, —; Non-Linear Response, 0 0 o;

When combining these two 50% changes in the recirculation ratio and the sludge
age and introducing them to the open-loop linear and non-linear systems, it is seen in
Figure 4-3 that the linear system response is the addition of the individual responses to a
change in recirculation ratio and a change in sludge age. This is not necessarily the case
for the non-linear system responses. As seen in Figure 4-2, there seems to be significant
divergence between the nonlinear and linear systems whenever sludge age is varied by
50%. This also implies that the linear model may not be an acceptable approximation of
the non-linear model, especially when the sludge age is varying 50% from its nominal
value. The controllers would have to be detuned somewhat to accomodate this
discrepancy, if the two manipulated variables do change by this much.

A larger change in the decrease of recirculation ratio and sludge age was

impiemented on the linear system and non-linear system and the differences between the
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responses become more evident than that for the 50% change. Figure 4-4 is a graph of the
response to a 60% decrease in the sludge age and the recirculation ratio simultaneously for
the linear system and the non-linear system. The overall new steady states are very
divergent. This demonstrates that the results of the linear modeled system, as in this
study, become even a poorer representative of the true system as the changes in the
recirculation ratio and the sludge age approach and surpass a 50% change from their
nominal steady state values. In the random disturbance simulations, this mainly occurred

for large disturbances in feed flow rate and influent BOD.

E. Use of Relative Gain Array Analysis in Input-Output Pairing

The relative gain array (RGA) provides a measure of interaction among potential
control loops for a MIMO system, based on system responses to selected perturbations
from a nominal steady state (Bristol, 1966). By providing a measure of interaction
between input variables and output variables in a plant, the RGA gives a control system
designer a means by which the best pairings for a set of input and output variables can be
chosen so as to minimize the interaction among the control loops. This may reduce the
more complicated MIMO system into a simpler multiple SISO system with acceptable
performance. The relative gain array had been in wide use for nearly thirty years, but is
primarily an empirical tool, with little theoretical basis until recently (Grosdidier, et al.,
1985). The rows of the RGA correspond to the control (or output) variables, y; (i.e row 1
corresponds to y,). The columns of the RGA correspond to the manipulative (or input)
variables, uj (i.e. column 2 corresponds to u,). The sum of each row and the sum of each
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Figure 4-3. Linear and Non-Linear Responses to Simultaneous S0% Changes in
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column is equal to one. The ijth element is the ratio of the influence of the jth u on the jth

y in the open loop to the closed-loop configuration. Therefore, the element in each jj
position is similar to the percentage of influence that each particular u; has on the
corresponding y.. It measures how much the impact of the jth u on the ith y changes when
all other loops are closed. Thus, the nearer to one that element ij is, the more ideal the
pairing of'y, and u,, and the more decoupled the multiple SISO systems are.

"The RGA was determined for all six different cases of possible pairings between
the two manipulative variables and the three controlled variables. It was determined that
three pairings out of the six were more ideal. Ideal implies that they were almost
completely decoupled. This is logical because the three rejected pairings are the opposite
of the three accepted pairings; thus they were almost completely coupled. The three
accepted cases are in Table 4-3 along with their corresponding RGAs. Therefore, these

three cases are chosen for further simulation in subsequent control studies.

F. Controller Design

After selecting pairings, two separate decoupled SISO controllers must be
designed and tuned for each of the cases. The PID based controllers will be discussed
first, because they are the most widely used and they do not differ in structure. They are
only different in the tuning of their parameters.
1. Proportional-Integral (PI) Controller

Derivative control is not being added, because the response of the system is
expected to be noisy with little error. This would cause the controller to compute large
derivatives and thus yield large and rapidly changing control action, although it is not

needed. This results in a two parameter PI controller. The structure of a PI controller G,

in Laplace form is shown below in equation 4-1.
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Table 4-3. Acce

G = KC[H—L]
T1s

~ Pairing RGA
(Manipulative-Control)
Case I Recirc. Ratio-Effl. BOD 0.997 0.003
and 0.003 0 997]
Sludge Age-Effl. Ammonia
Case I Recirc. Ratio-Effl. BOD 0822 0178
and [ 0.178 0 822]
Sludge Age-Effl. Nitrate
Case I | Sludge Age-Effl. Ammonia | [ 1012 —00] 2
and -0012 1012
Recirc. Ratio-Nitrate

(1)

ted Pairings and Corresponding Relative Gain Arrays

where the tuning parameters are the controller gain, K¢, and the integral time constant T,

Initial tuning for each controller was done using Ziegler-Nichols tuning rules as discussed

in Chapter Three. Smaller values of K¢ and larger values of 7, make the system more

robust but sluggish (i.e. more stable, but less responsive). Larger values of K¢ and smaller

values of 1, make the system more responsive to perturbations, but the stability margin is

compromised. The Ziegler-Nichols tuning rules give a first estimate of the tuning

parameters, but additional fine tuning may be necessary to make the system more or less

robust, and to better simulate the desired output effect in response to anticipated

perturbations. This fine tuning is to be determined using the p-Interaction Measure and

time domain simulations, in order to take into consideration the inter-loop interactions.

2. Internal Model Controller (IMC)
IMC based controllers differ from PID in basic structure. Discussion of how IMC

controller is developed from the system model is found in Chapter Three. Differences
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among the detailed IMC controllers occur when the System transfer functions differ (i.e.
the presence or lack of dead time, inverse response, etc.). However, there is only one
tuning parameter associated with each IMC control loop. This is in direct contrast to two
for the PI and three for the PID loop. For a first order lag plus delay system (such as the
recirculation ratio-effluent nitrate pairing of Case IIT), the IMC controller q, has the

general form:

Ts+1
q= m “4-2)
where K and t correspond to the system gain and time constant and the only tuning
parameter is A.

The presence of an inverse response (a right half plane zero) to the first order lag
plus delay system (as seen in the sludge age-effluent ammonia pairing of Case IIT) adds an
additional pole to the IMC controller. Its value is fixed in the left half plane and
corresponds to the mirror image of the right half plane zero. Once again, the only tuning

parameter is A.
s+1

4= K(h+l)(ps+l)

(4-3)
The presence of a lead response (a left half plane zero) to the first order lag plus
delay system transfer function (such as in Case I with the recirculation ratio-effluent BOD
pairing) is similar to adding an inverse response. However, the additional pole is
equivalent to (and not the mirror image of) the zero of the system transfer function. There
is only one tuning parameter, A.
_ s+l
q_KOLs+])(ps+]) (4-4)
Initial tuning was done according to guidelines summarized by Ogunnaike and Ray

(1994) and discussed earlier in Chapter Three. The larger the value of A, the more robust
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but sluggish the system. The lower the value of A, the more responsive but less stable the

system. As always, the controlier performance is traded off against overall stability of the
system. Once again, additional fine tuning may be necessary. This will be discussed along
with the p-Interaction Measure and time domain simulations.

Additional controller tuning is generally required to take care of the effects of
inter-loop interaction, such that long term closed-loop stability can be achieved. The p-
Interaction Measure (Morari, et al., 1987) provides a quantitative measure to guide the
systematic fine tuning of the decentralized controller so as to render long term system

stability.

G. p-Interaction Measure in Fine Tuning of Decentralized Controller

The p-Interaction Measure is a concept developed by Grosdidier and Morari
(1987) to measure the closed-loop interaction and stability of a controlled system H(s)
characterized by its closed-loop. It is a measure in the frequency domain of the lowest
possible upper bound for stable operation of a system and all of its possible configurations
due to perturbations and disturbances. This boundary line is referred to as mu-inverse
(u'l). The system’s closed-loop transfer function, H(s) must lie beneath this upper bound
in the frequency domain to guarantee stability for the full multivariable closed-loop
system. If the system H(s) violates the u’l boundary, the controller can usually be
conservatively detuned (made more robust) by appropriately changing the tuning
parameters, until the system lies below the u'l boundary, unless significant dead time
and/or inverse response are present in the process dynamics.

Generic PID based controllers usually have difficulties with systems that contain
inverses, leads, and dead times, which add ‘zeros’ to the numerator of the system transfer

function. In these instances, the system H(s) may violate the u'l boundary in the high

frequency range, and it is impossible to correct by manipulating only K¢ and 1. The
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violation is due to the effects of the added terms in the numerator which keep the piot of

H(s) from mimicking the “rolling off” characteristic that the p.'l boundary has at high
frequencies. One of the ways for PID controllers to guarantee closed-loop stability with
these systems is to add additional lag filters that will counteract the ill effects of inverses
and dead times. Of course, this would involve the tuning of additional filter parameters.
The addition of first order lag filters force the frequency plot of the system to lie below the
u'l boundary at all frequencies; thus guaranteeing stability. On the other hand, IMC based
controllers do not have this problem. All model based controllers inherently contain dead
time as well as inverse response compensators, because model based controllers are
designed based on the process model dynamics. For IMC control, these compensators are
inclusive in the single tuning parameter, A. The p-Interaction Measure test was applied to
all three cases for both PID and model based controlled systems. The results are

presented below.
1. Casel

This is the case where recirculation ratio and sludge age are used to control
effluent BOD and effluent ammonia concentrations, respectively, and effluent nitrate
concentration is the free variable. In the first loop of the system, h!(s), the manipulative
variable is recirculation ratio and the controlled variable is effluent BOD. In the second
loop of the system, h,(s), the manipulative variable is sludge age and the controlled
variable is effluent ammonia. Figures 4-5 and 4-6 are frequency graphs for the
p-interaction of Case I for systems with PI and IMC controllers, respectively. The failure
of the PI controller to compensate for the complexity of the system is clearly visible at

high frequency. In contrast, the IMC controller yields a stable system.




Figure 4-7 is a frequency graph depicting the effect when additional lag filters are
implemented in series with the PI controllers in order to compensate for the high

frequency failings of the PI controller alone.
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Figure 4-7. Frequency Response of p-Interaction for Case I with PI Controllers plus
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2. Casell

The first loop h,(s), in Case II is the same as that in Case I, recirculation ratio is

paired with effluent BOD. The second loop h,(s) still has sludge age as the manipulative
variable, but now it is paired with effluent nitrate and the free variable is now effluent
ammonia. Figures 4-8 and 4-9 are the frequency plots for the p-interaction of Case II
with PI alone and IMC controllers, respectively. Once again, in the system with PI
controllers, additional filters are needed to compensate at the high frequency violation of

the u'l boundary, in order to render the closed-loop system stable.
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Figure 4-8. Frequency Response of p-Interaction for Case II with PI Controllers;

u-l’ —;loop 1, —~—;loop2,- - -
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Figure 4-9. Frequency Response of pu-Interaction for Case II with IMC Controllers;

u'l,—;loop l,~—;loop2,- - -
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3. CaseIll

In this case, effluent BOD is now the free vanable Effluent ammonia is controlled
in the first loop h,(s), by manipulating the sludge age, and the second loop h,(s), controls |
effluent nitrate by manipulating the recirculation ratio. Figures 4-10 and 4-11 are the
frequency responses for Case III with PI and IMC controllers, respectively. The

inadequacy of the PI controllers without additional filters is obvious.

40
20 -t
-}
° _—————— -
O s —m e e e o e
10™ 107 10° 10° 10*
Frequency

Figure 4-10. Frequency Response of p-Interaction for Case III with PI Controllers;
u’l, —loop 1, =~ ;loop 2, - - -

Magnhtude, dB

Figure 4-11. Frequency Response of p-Interaction for Case III with IMC
Controllers; u'l, —,loop 1, —~—;loop 2, - - -
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H. Servo Control and Regulator Control

Once the controllers are fine tuned using the p-Interaction Measure so that the
system’s closed-loop transfer function, H(s) lies below the u-1 boundary or, in the cases
with PI controllers, so that the system, H(s) lies below the boundary at lower frequency;
then the control system can be considered from the point of view of its ability to handle
either of two types of situations. In the first situation, referred to as the servomechanism-
type (6r servo) problem, it is assumed that there is no change in the load (or disturbances)
and that one is interested in changing the monitored effluent concentrations (Coughanowr,
1991). For this problem, the setpoint of the controlled variable would be changed in
accordance with the desired variance in the controlled variable. The second situation is
the regulator problem. In this case, the desired setpoint value is to remain fixed and the
purpose of the control system is to maintain the controlled variable at this desired setpoint
in spite of changes in the load (disturbances) (Coughanowr, 1991). In the time domain
simulations, to be presented below, additional fine tuning was done to achieve more
satisfactory results. Examples of more satisfactory behavior are the decrease of oscillatory
behavior and/or the reduction of overshoot.

1. Servo Control (Setpoint Tracking)

The majonty of problems that may be simulations described as the servo type come
from fields other than the chemical industry (Coughanowr, 1991), but it is critical to
operate the wastewater treatment plant within the acceptable limits of many constraints.
The controller system needs the ability to accurately track setpoints for effluent discharge
concentrations. If at some point during operation, the output concentrations were running

high, then it would be necessary to permanently lower the setpoint for the effluent
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concentration value to meet specified discharge constraints, such as the weekly
concentration average of nitrate discharge. This document reports simulation results of
25% reductions from the nominal steady state value in the setpoints of all three output
variables for each of the three pairing cases.
a. Casel

This is the case where effluent BOD and effluent ammonia concentrations are
controlled by recirculation ratio and sludge age, respectively, and effluent nitrate
concentration is the free variable. The nominal steady state value of effluent ammonia is
0.89 mg/l (reported by Grove, 1995) and a 25% setpoint reduction in this value would
ideally bring the new steady state value to 0.67 mg/l. A 5% reduction in the steady state
effluent BOD value lowers the setpoint from 6.90 mg/l to 6.56 mg/l. Figure 4-12 is a plot
of the input variables u,, and the output variables y,, after a setpoint change in BOD (loop
1) at time, t=10 days, for the PI controlled system. Figure 4-13 is a plot of a setpoint |
change in BOD at time, t=10 days, for the IMC controlled system. Where the IMC
controlled system is stable, the PI controlled system begins to become unstable after a
period of time. However, a few cautions should be noted. A desired setpoint change of
over -5% of nominal in BOD is never fully reached because the manipulative variable for
the loop (recirculation ratio) "bottoms out" at a value of zero (i.e. it becomes a total
outflow with zero recirculation). This agrees with the steady state gain associated
between the two variables (gain = 0.07 for every 1 percent change in input, u) which calls
for a drastic change in recirculation ratio to achieve a moderate change in effluent BOD.

The maximum amount of reduction in effluent BOD that can be achieved by using
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Figure 4-12. PI Based Servo Control for a Setpoint Change in Effluent BOD (I);
(a) Inputs: recirculation ratio, —; sludge age, - — —;

(b) Outputs: BOD, —; [NH4*], - - —; [NO37), ~—
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Figure 4-13. IMC Based Servo Control for a Setpoint Change in Effluent BOD (I);
(a) Inputs: recirculation ratio, — ; sludge age, - — —;

(b) Outputs: BOD, — ; [NH4*], - - —; [NO3], —o—
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recirculation ratio as the control variable is approximately 7%, or a drop from 6.90 mg/1 to
6.42 mg/l. Tracking of the effluent ammonia setpoint is easily achieved, as will be shown
next.

Figure 4-14 is a plot of the input variables and the output variables after a -25%
setpoint change in ammonia (loop 2) at time, t=10 days, for the PI controlled system. The
system remains stable for a limited time span, and then it proceeds to instability. This is
due to the “nasty” characteristics of the system dynamics, such as inverse response in loop
2 and dead time in both loops. A more conservative tuning of the system would make it
more robust, thus stabilizing it for a longer time period. However, without the addition of
compensating filters, it will eventually become unstable. Figure 4-15 is a time simulation
plot of the input variables and the output variables after a -25% setpoint change in
ammonia at time, t=10 days, for the IMC controlled system. The output graph is displayed
as a deviation from normal steady state in mg/l in order to better display the
-25% change in effluent ammonia. In contrast to the PI controlled system, the IMC
controlled system is stable in the long term. Figure 4-16 is a time simulation plot of the PI
controlled system with added first order lag filters undergoing a setpoint change in effluent
ammonia (loop 2). The system is now stable (in contrast to that shown in Figure 4-13)
and, as can be seen, corresponds similarly with the response to the same setpoint change in
the IMC controlled system. Again, this illustrates that when the process dynamics exhibit
dead time and inverse response characteristics, the intrinsic IMC controller designed for it
is equivalent to a PID controller with an additional filter added. The IMC still has just one
tuning parameter, whereas the PID would have four parameters per loop to be tuned in

accordance with each other.
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Figure 4-14. PI Based Servo Control for a Setpoint Change in Effluent Ammonia
M;

(a) Inputs: recirculation ratio, — ; sludge age, - — - :
(b) Outputs: BOD, —; [NH4*], - - —; [NO3], ~—
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Figure 4-15. IMC Based Servo Control for a Setpoint Change in Effluent Ammonia
@;
(2) Inputs: recirculation ratio, — ; sludge age, - - —;

b

(b) Outputs: BOD, —; [NH4*], -~ - —; [NO3"], ~—
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Figure 4-16. PI Based with Additional Filters Servo Control for a Setpoint Change
in Effluent Ammonia (I);
(a) Inputs: recirculation ratio, — ; sludge age, — — —;
(b) Outputs: BOD, —; [NH41], - - — [NO3"],

b. Case I
This is the case where recirculation ratio and sludge age are used to control
effiuent BOD and effluent nitrate, respectively, and effluent ammonia is the free variable.

Once again, a 5% reduction in the steady state effluent BOD value should lower the

setpoint from 6.90 mg/1 to 5.56 mg/l. Figure 4-17 is a plot of the input variables u,, and

the output variables y,, after a -5% setpoint change in BOD (loop 1) introduced at time,

t=10 days, for the PI control system. The system reméins stable for a lengthy time span
because there is no inverse response exhibited in the closed-loop process dynamics. The
"nasty" characteristics consist of only dead time in both loops and a lead response in loop
2. A more conservative tuning of the system would make it more robust, thus stabilizing
it for an even longer time period, but still, without the addition of compensating filters, it
may eventually go unstable under certain circumstances. Figure 4-18 is a plot of the input
and output variables after a -5% setpoint change in BOD (loop 1) introduced at time, t=10

days, for the IMC controlled system. This is a stable but sluggish system.
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Figure 4-17. PI Based Servo Control for a Setpoint Change in Effiuent BOD 1m;
(a) Inputs: recirculation ratio, — ; sludge age, - — -

(b) Outputs: BOD,— ; [NO3-],- - —; [NH4*], ~—

Figure 4-18. IMC Based Servo Control for a Setpoint Change in Effluent BOD (II);
(a) Inputs: recirculation ratio, — ; sludge age, - — ~
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(b) Outputs: BOD,— ; [NO3-],~ ~ —; [NHg"), ~—
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Figure 4-19 is a plot of the input variables and the output variables after a -25%
setpoint change in nitrate (loop 2) at time, t=10 days, for the PI controlled system. As
seen in Figure 4-17, the system remains stable for a very lengthy time span because there
is no inverse response exhibited in the closed-loop process dynamics. The "nasty"
characteristics consist of only dead time in both loops and a lead response in loop 2. A
more conservative tuning of the system would make it more robust, thus stabilizing it for
an even longer time period, but still, without the addition of compensating filters, it may
eventually go unstable under certain circumstarnces as depicted earlier from the H-
Interaction Measure test (see Figure 4-8). Figure 4-20 is a plot of the input and output
variables after a -25% setpoint change in effluent nitrate (loop 2) introduced at time, t=10
days, for the IMC controlled system. Unlike the plot of the PI controlled system, this plot

has long term stability.

30i_ ................................... =]
25- ]l
s¥r ]
5155- i
gw:— 5
st J
o. .

G S0 100 150 200 250 300 350 400 450 500
kLT,

-

[
B
AR il T SRR,
z !
2 7
£ st :
8 i

e m e e e e e e e e e e e

[+] 80 100 1% 200 250 0 350 400 450 S00
Tene. cays

Figure 4-19. PI Based Servo Control for a Setpoint Change in Effluent Nitrate );
(a) Inputs: recirculation ratio, — ; sludge age, - — —;

(b) Outputs: BOD,—; [NO3"],- ~ —; [NH41], ——
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Figure 4-20. IMC Based Servo Control for a Setpoint Change in Effluent Nitrate
s

(a) Inputs: recirculation ratio, — ; sludge age, - — —;
(b) Outputs: BOD,—; [NO3-],- - —; [NH4"], —~—

c. CaseIll

This case involves using sludge age and recirculation ratio to control effluent
ammonia and effluent nitrate, respectively, with effluent BOD as the free variable. Figure
4-21 is a plot of the input variables u,, and the output variables y,, after a -25% setpoint
change in ammonia (loop 1) introduced at time, t=10 days, for the PI controlled system.
The overall long term stability of the system is compromised by the inclusion of inverse
response and dead time in the system process dynamics. Additional lag filters would be
needed along with the PI controller in order to remedy the situation. Figure 4-22 is a plot
of the input and output responses after the same -25% setpoint change in ammonia is
introduced at time, t=10 days, for the IMC controlled system. The ouput graphis in
deviation from steady state in mg/l. As opposed to the PI controlled system, this clearly is

a stable system.

78




Lol S,
bl R K

15- _

|8 LN i
10~ ... j

£ -

g inocomomooommTooTT <

g " .
% S0 100 150 200 250 30 350 40 480 500

Tene, days

Figure 4-21. PI Based Servo Control for a Setpoint Change in Effluent Ammonia
(am);

() Inputs: sludge age, — ; recirculation ratio, — — —;
(b) Outputs: [NH4¥],— ; [NO3"],- - —; BOD, ~—
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Figure 4-22. IMC Based Servo Control for a Setpoint Change in Effluent Ammonia
(Tm);

(a) Inputs: sludge age, — ; recirculation ratio, - — —;
(b) Outputs: [NH4"],— ; [NO3-],- - —; BOD, ——
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Figure 4-23 is a plot of the input variables and the output variables after a -25%

setpoint change in nitrate (loop 2) at time, t=10, for the PI controlled system. As in the
other cases, the PI controlled system remains stable for a limited time span, and then it
begins to proceed to go unstable after a lengthy time period. This is because of the
introduction of an inverse response in the first loop (sludge age-effluent ammonia) in
addition to the dead time in both loops. In contrast, Figures 4-24 is a plot of the input and
output variables after setpoint changes in nitraté, for the IMC control system. This clearly
is a stable system, but sluggish.

2. Regulator Control (Disturbance Rejection)

Contrary to servo control, regulator control is very common in the chemical
industry (Coughanowr, 1991), and it is a major concern for the wastewater treatment
plant. Since several parameters in the chemical industry, such as flow rate and inlet
concentrations, are expected to vary depending on up stream conditions. Inputs can also
vary when the nature of the waste vary from batch to batch and process to process. It is
highly desirable for the control system to have the ability to compensate for these
disturbances and to still maintain outputs at the desired setpoint values. Studies reported
here also include results of introducing percentage increases in the nominal steady state
inlet values of feed flow rate, ammonia concentration, and nitrate concentration for each
of the three pairing cases. Only a small disturbance in the feed flow rate was introduced in
all three cases (about 6%) in order to try and keep zero recirculation from occurring.
There tends to be a small mathematical anomaly in the outputs when this disturbance is
introduced. The outputs tend to display small little spikes periodically throughout the
simulation. This is most likely due to the inter-loop interactions and the mathematical

calculations used in the Simulink package of Matlab.
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Figure 4-24
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Figure 4-23. PI Based Servo Control for a Setpoint Change in Effluent Nitrate (III);
(a) Inputs: sludge age, — ; recirculation ratio, — — -
(b) Outputs: [NH4*],— ; [NO3°],- — — BOD, ~—
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a. Casel

In this case, recirculation ratio and sludge age are used to control effluent BOD
and effluent ammonia, respectively, and effluent nitrate is a free variable. The nominal
steady state value of influent flow rate is 5,450,000 liters/day and a 6% increase in this
value would result in a feed flow rate of 5,777,000 liters/day. Any disturbance
significantly higher results in zero recirculation, thus a higher new steady state value of
effluent BOD, along with a greater display of the aforementioned anomaly. Figure 4-25 is
a plot of the input variables u,, and the output variables y,, after 6% disturbance
perturbation in the feed flow rate for the system with PI controllers. As with servo control

with the PI control systems, the system is initially stable, but begins to go unstable after a
lengthy period of time. Figure 4-26 is a plot of the input variables u,, and the output

variables y;, after 6% disturbance perturbation in the feed flow rate for the system with
IMC controllers. The system is stable as guaranteed by the p-Interaction Measure. The
BOD effluent is controlled rather well, though a drastic change is not expected because of
the small disturbance. The ammonia effluent at first deviates from its original steady state,
but eventually returns to it. The “free” effluent nitrate increases to a higher steady state.
This is due to the opposing action between recirculation ratio and nitrate.

The second disturbance introduced was that of a 15% step increase in influent
ammonia. The nominal inlet concentration of ammonia is 300 mg/l and a 15% increase
would step this value to 345 mg/1. Figure 4-27 is a plot of the input variables and the
output variables after a 15% disturbance perturbation in ammonia introduced at time, t=10
days, for the PI control system. As it can be seen, the system remains stable for a limited
time span, and then it proceeds to become unstable. This is due to the “nasty”
characteristics of the system, such as inverse response in the first loop and dead time in
both loops. A more conservative tuning of the system would make it more robust, thus
stabilizing it for a longer time period, but without the addition of compensating filters, it
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Figure 4-25. PI Based Regulator Control for 2 6% Disturbance in Feed Flow Rate
for Case I;

(a) Inputs: recirculation ratio, — ; sludge age, - — —;
(b) Outputs: BOD,— ; [NH4*), - - - ; [NO3], =
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Figure 4-26. IMC Based Regulator. Contral for a 6% Disturbance in Feed Flow
Rate for Case I;
(a) Inputs: recirculation ratio, — ; sludge age, - - —;

(b) Outputs: BOD,—; [NH4'], - - - ; [NO3"), =~
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will eventually go unstable. Figure 4-28 is that of the same system under the same
disturbance perturbation and having the same PI controller tuning, but compensatory
filters have been added. As you can see, the system is now stable. However, the nitrate
level settles toward a much higher steady state, because the first step in ammonia
degradation is conversion to nitrate and the nitrate is uncontrolled. This compensated PI
controlled system is similar to that of the IMC controlled system, whose response to the
same ammonia disturbance introduced at time, t=10 days, is shown in Figure 4-29. Once
again, the two controlled variables, effluent BOD and effluent ammonia, are regulated by

the controllers at their original steady state value, but nitrate emissions increase to a higher

steady state value.
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Figure 4-27. PI Based Regulator Control for a 15% Disturbance in Influent
Ammonia for Case I;

(2) Inputs: recirculation ratio, — ; sludge age, - — —;
(b) O“tp“ts: BODo— ’ [NH4+]) ===, [NO3-], ——s
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Figure 4-28. IMC Based Regulator Control for a 15% Disturbance in Influent

Figure 4-29.
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Figure 4-30 is that of the input and output variables in response to a 10%

disturbance in the influent nitrate concentration introduced at time, t=10 days, for the PI
controlied system. The nominal value of the influent nitrate is 1000 mg/l. This pairing
configuration of the plant is such that this disturbance leads to a more stable response than
the other two disturbances; but it still eventually goes unstable. This supports the claim
that when the p-Interaction criteria is violated, then PI control alone for the plant may
cause severe instability in the long run, for some configurations, while other configurations
may only lead to moderate instability or may even maintain stability. However, there
always will be the potential for instability when the p-Interaction criteria is violated by the
presence of inverse and significant dead time process kinetics. In contrast, Figure 4-31 is
that of the input and output variables in response to a 10% disturbance in the influent
nitrate concentration for the IMC controlled system. As with the case of the ammonia
disturbance for the IMC controlled system, and contrary to the PI controlled system, the
two controlled variables are regulated to their original steady state values and the "free"
effluent nitrate approaches a lower steady state value, because the recirculation ratio
increases.
b. Case II

This case involves using recirculation ratio and sludge age to control effluent BOD
and effluent nitrate, respectively, and effluent ammonia is the free variable. Figure 4-32 is
a plot of the input variables u; and the output variables y,, after 6% disturbance
perturbation in the feed flow rate for the system with PI controllers. The system is fairly
stable, because there is no inverse response in either of the control loops, but over time,
and/or under certain disturbance, it may become unstable. This demonstrates how the
p-Interaction Measure test allows one to see if a system has the potential to become
unstable, without informing when or under what circumstances the system will become
unstable. However, the potential for instability is always there. Figure 4-33 is a plot of
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Figure 4-30. PI Based Regulator Control for a 10% Disturbance in Influent Nitrate
for Case I;
(a) Inputs: recirculation ratio, — ; sludge age, - — —;

(b) Outputs: BOD,— ; [NH4*], - - - ; [NO3"], ~—
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Figure 4-31. IMC Based Regulator Control for a 10% Disturbance in Influent
Nitrate for Case I;
() Inputs: recirculation ratio, — ; sludge age, - — —;

(b) Outputs: BOD,— ; [NH4*], - - - ; [NO3], =
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Figure 4-32. PI Based Regulator Control for a 6% Disturbance in Feed Flow Rate
for Case II;
‘ (a) Inputs: recirculation ratio, — ; sludge age, - - - ;

(b) Outputs: BOD, —; [NO3°], - - — ; [NH4+], ~—
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Figure 4-33. IMC Based Regulator Control for a 6% Disturbance in Feed Flow
Rate for Case II;
(a) Inputs: recirculation ratio, — ; sludge age, - — -
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(b) Outputs: BOD,—-;[NO3‘], - - - ;[NH4*], ——
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the input variables u,, and the output variables y, after 6% disturbance perturbation in the

feed flow rate for the system with IMC controllers. The system is stable as guaranteed by
the p-Interaction Measure. The BOD effluent is controlled rather well, though a drastic
change is not expected because of the small disturbance. The nitrate in the PI controlled
case never quite reaches its original steady state value after a brief deviation. In the IMC
controlled system it does. In contrast to Case I, the free variable (nitrate in Case I and
ammonia in this Case IT) in Case II the free variable is not affected by this disturbance.

Figure 4-34 is a plot of the input variables and the output variables after a 15%
disturbance perturbation in ammonia for the PI control system. Once again the sludge age
control action is initially too aggressive, but it eventually regulates the effluent nitrate to
its original steady state. The other control variable, effluent BOD, is also regulated to its
original steady state. As seen in the servo control simulations, Case II tends to be the
most stable of the three cases. Figure 4-35 is a plot of the input variables and the output
variables after a 15% disturbance perturbation in influent ammonia introduced at time,
t=10 days, for the IMC control system. The two control variables, effluent BOD and
effluent nitrate, are regulated by the controller to their original steady state values.

Figure 4-36 is that of the input and output variables due to a 10% disturbance
introduced at time, t=10 days, in the influent nitrate concentration. Once again, this
configuration of the plant seems to be more stable than the other two disturbances. The
control actions are significantly less aggressive; even though the tuning is the same. This
supports the notion that when the p-Interaction criteria is violated, then certain
configurations of the plant may cause severe instability; other configurations may cause
moderate instability; and some confiigurations may maintain stability. There will always be
the potential for instability when the pi-Interaction criteria is violated. Figure 4-37 is that

of the input and output variables due to a 10% disturbance in the influent nitrate
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Figure 4-34. PI Based Regulator Control for a 15% Disturbance in Influent
Ammonia for Case II;
(a) Inputs: recirculation ratio, — ; sludge age, - - - ;

(b) Outputs: BOD, —; [NO3], - - - ;[NH4"), ~—
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Figure 4-35. IMC Based Regulator Control for a 15% Disturbance in Influent
Ammonia for Case II;
(a) Inputs: recirculation ratio, — ; sludge age, - — — ;

(b) Outputs: BOD, —; [NO37], - - - ; [NHg*), —~—
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Figure 4-36. PI Based Regulator Control for 2 10% Disturbance in Influent Nitrate
for Case II;

(a) Inputs: recirculation ratio, — ; sludge age, - — — ;
(b) Outputs: BOD, —; [NO37], - — - ; [NH4'], ——
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Figure 4-37. IMC Based Regulator Control for a 10% Disturbance in Influent
Nitrate for Case II;

() Inputs: recirculation ratio, — ; sludge age, - — — :

b

(b) Outputs: BOD, —; [NO3"], - — — ; [NH4t], ——s
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concentration for the IMC controlled system. This is very similar to the PI controlled
system, but according to the p-Interaction Measure test, the IMC controlled system is
guaranteed long term stability. Both control variables, effluent BOD and effluent nitrate,
eventually return to their original steady state. The free variable, effluent ammonia, is
once again barely affected.

c. CaseIll

Case I1I has the pairings of sludge age-effluent ammonia and recirculation ratio-
effluent nitrate. The free variable is effluent BOD. Figure 4-38 is a plot of the input
variables u;, and the output variables y, after a 6% disturbance perturbation in the feed
flow rate at time, t=10 days, for the PI controlled system. This control scheme completely
fails for PI control. Not only is inverse response and dead time involved, but added
complications occur in the inter-loop interactions due to the choice of pairings. Though
the RGA for this system (see Table 4-3) depicts nearly complete decoupling of the loops
(represented by the near A values of the corresponding pairings), the inter-action of the
other loop has an opposite effect (represented by the negative numbers in the RGA in
Table 4-3). This is an undesirable characteristic of decentralized controlled systems.
Figure 4-39 is the response of an IMC controlled system after a 6% disturbance in the feed
flow rate. The controller is able to return the system back to its desired steady state
values, but only after large initial deviations, such as that in the nitrate. The free BOD is
hardly affected, because it is a minute change in the feed flow rate.

Figure 4-40 is a plot of the input variables and the output variables after a 15%
disturbance perturbation in ammonia introduced at time, t=10 days, for the PI controlled
system. In the long term, the control variables undergo unrealistic changes, such as an
extremely high recirculation ratio and the steady decline of the sludge age. The IMC
controlled system, whose response is seen in Figure 4-41, has the same problem with the
recirculation ratio, but the problem with the declining sludge age in the long run is
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Figure 4-38. PI Based Regulator Control for a 6% Disturbance in Feed Flow Rate
for Case III;

(a) Inputs: sludge age, — ; recirculation ratio, - — - ;
(b) Outputs: [NH4%], —; [NO3"], - — —; BOD, ~—
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Figure 4-39. IMC Based Regulator Control for a 6% Disturbance in Feed Flow
Rate for Case III;
(a) Inputs: sludge age, — ; recirculation ratio, - - — :

3

(b) Outputs: [NH4*], —; [NO37], - — —; BOD, ~—
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Figure 4-40. PI Based Regulator Control for a 15% Disturbance in Influent
Ammonia for Case III;
(a) Inputs: sludge age, — ; recirculation ratio, - — — ;
(b) Outputs: [NH4*], —; [NO3], ~ ~ —; BOD, ~—
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Figure 4-41. IMC Based Regulator Control for a 15% Disturbance in Influent
Ammonia for Case III;
() Inputs: sludge age, — ; recirculation ratio, - ~ — ;
(b) Outputs: [NH41], —;[NO3"], - = - ; BOD, ——
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remedied. This is due to the inherent ability to compensate for inverse responses.

The high recirculation ratio must be due to the opposing inter-loop interactions as
demonstrated by the RGA shown in Table 4-3, because the controller has to counteract
the opposing effect of the other loop.

Figure 4-42 is that of the input and output variables due to a 10% disturbance in
the influent nitrate concentration for the PI controlled case. The system is stable for a
limited time period, but in the long term it becomes unstable. In contrast, the response of
the IMC controlled system is able to handle the inverse responses, as seen in Figure 4-43.
This is because the IMC controlled system has inherent filters that will compensate for the
inverse respon'se and dead time that are inherent to the system. It is necessary to add

additional lag filters to the PID controlled system, which in turn would add addtional tuing
constants.
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Figure 4-42. PI Based Regulator Control for a 10% Disturbance in Influent Nitrate

for Case III;
(a) Inputs: sludge age, — ; recirculation ratio, - — — ;
(b) Outputs: [NH4¥], —; [NO3-], -~ — - ; BOD, ——.
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Figure 4-43. IMC Based Regulator Control for a 10% Disturbance in Influent

Nitrate for Case III;
(a) Inputs: sludge age, — ; recirculation ratio, - — — ;
(b) Outputs: [NH4¥], —; [NO3"], - - —; BOD, —~—

L Plant/Model Mismatch

One of the issues that always arises in control system design is how sensitive the
controlled system is to expected variations in the process parameters. For example, if the
controller is tuned for a particular loop, how will this control loop behave if the process
gain changes, by say, 20% or the time delay changes, by say, 30%? This is a question of
process sensitivity and the robustness of the control design. A highly desired feature of a
controller design is the ability to render the closed-loop stable at all times, even when the
process has changed somewhat. At the same time, the controller is expected to deliver a
given minimum amount of controller performance

As discussed in Chapter Three, there are two practical situations that lead to
problems with robustness: process variability and inadequate modeling, both leading to
plant/model mismatch. Inadequate modeling is an important concern whenever a linear
controller is designed for the linearized model of an originally nonlinear plant model, as is

the case in this study. Using linear models to represent the nonlinear wastewater
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treatment is a prime example of inadequate modeling that will lead to plant/model
mismatch.

Plant/model mismatch may cause the closed-loop process to become unstable
under certain conditions, because the controllers are no longer able to maintain a stable
system due to their sometimes severe over tuning. The problem is usually remedied by
conservatively tuning the controller in the first place. Conservative tuning renders the
process response more sluggish, although more robust. Hopefully, this will be adequate to
tolerate plant/model mismatch. For a nonlinear process, conservative tuning of the PID
based controller usually only achieves stability over a given time span. This may be
sufficient, depending on one’s needs. To completely rectify the situation, additional lag
filters must be added to the PID based controller to make it less aggressive and to increase
its stability margin (how close to the point of instability). Model based controllers need no
added filters. This eliminates the need for additional tuning parameters because model
based controllers inherently contain necessary filters. Their coordinated tuning is included
in the tuning of the single parameter, A, of IMC. It is only necessary to increase the A
value to make the IMC controller more robust.

For this study, a maximum of either positive or negative error was considered for
each parameter of the plant transfer function. Fifty percent is rather large. A conservative
approach will insure stability, if the actual error is less. The worst possible scenario for
overall plant error for each parameter can be determined by engineering judgment and trial
and error. A tendency toward larger process gains, K, and smaller process time constants,
T, larger dead times, leads, and longer inverses all contribute to lower the pu-Interaction
boundary, u-]. This forces the operator to tune the controllers more conservatively so that
they are more robust and do not violate the boundary.

Figures 4-44, 4-45, and 4-46 are frequency plots of the p-Interaction parameter
and the nominal closed-loop transfer function for each of the loops, for the PI based
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Figure 4-44. Frequency Response of p-Interaction for Case I with PI Controllers

and Incorporating Plant/Model Mismatch; u'l, —;loop 1, —=—;loop2,- - -
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Figure 4-45. Frequency Response of p-Interaction for Case IT with PI Controllers
and Incorporating Plant/Model Mismatch; u'l, —;loop 1, ——;loop2,- - -
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Figure 4-46. Frequency Response of p-Interaction for Case III with PI Controllers
and Incorporating Plant/Model Mismatch; u'l, —,loop 1, ——;loop2,- - ~
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control systems of Case I, Case II, and Case ITII. Plant/model mismatch is incorporated

into all of the parameters as an average percentage drift. This slightly lowered the u'l
boundary. It is difficult to determine how much conservative fine tuning is needed
because of the systems inability to “roll off” at high frequencies, a necessary event for the
closed-loop system to remain stable. A reduction in the controller gain K¢, by five times
tended to bring most of the system below the u'l boundary.

The addition of lag filters are needed to guarantee stability of the system in the
presence of plant/model mismatch. Figure 4-47 is the p-Interaction plot for Case I with
added filters derived form the equivalent IMC controller, taking into consideration the
plant/model mismatch. It is evident that the addition of a filter allows the closed-loop

transfer function to "roll off" in the high frequency region.

-100+
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Figure 4-47. Frequency Response of p-Interaction for Case I with PI Controllers
with Compensating Filters and Incorporating Plant/Model Mismatch;

u'l, —;loop 1, =—;loop2, - - -

The three cases with IMC based control systems are simple to retune when
plant/model mismatch is considered. There is only one tuning parameter, A, to
manipulate. IMC controllers inherently incorporate all of the added filters. The greater
the value of A, the more robust the system. Increased robustness is at the expense of more
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sluggish response. The smaller the value of A, the less robust the system. However, the
corresponding response is more aggressive. This exemplifies the simplicity and directness
of tuning an IMC controller.

Figure 4-48 is the p-Interaction plot for Case I with IMC controllers and roughly
50% plant/model mismatch from each parameter’s original nominal value. In order to
meet stability criteria, the controllers must be re-tuned more conservatively. This is
acheived by increasing the single tuning parameter, A. The first loop had to have its
nominal A doubled and the second loop did not need to be retuned. Figure 4-49 is the
pu-Interaction plot for Case II with IMC controllers and 50% plant/model mismatch. The
first loop had to have its nominal A increased to 2.5 times and the second loop to 1.5
times. Figure 4-50 is the p-Interaction plot for Case ITI with IMC control and 50%
plant/model mismatch. The first loop had to be manipulated to 2.5 times and the second
loop to 1.5 times in order to meet stability criteria. All three IMC control systems do not
violate the p-Interaction boundary. This guarantees stability under all perturbations,

within the boundary of the plant/model mismatch considered.
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‘ Figure 4-48. Frequency Response of p-Interaction for Case I with IMC Controllers

1

‘ and Incorporating Plant/Model Mismatch; p™°, — ; loop 1, —— ; loop 2, ~ — -
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Figure 4-49. Frequency Response of p-Interaction for Case II with IMC Controllers
and Incorporating Plant/Model Mismatch; u'l, —;loop 1, ——e;lo0p 2, - - -

Figure 4-50. Frequency Response of p-Interaction for Case III with IMC
Controllers and Incorporating Plant/Model Mismatch;

p.'l, —;loop 1, ——;loop2,- - -

J. Servo Control and Regulator Control with Plant/Model Mismatch

Since the systems now have plant/model mismatch incorporated into them the
behavior of the system due to setpoint changes and disturbance perturbations will be
different from that of the nominal cases without plant/model mismatch. Trying to simulate
servo and regulator control using the controllers not retuned to the new mismatched
system will render almost all simulations unstable, even for the IMC control systems. It is

necessary to retune the controllers using the mismatched m-Interaction Measure defined
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for the mismatched model and apply them to the system that is also mismatched. The

same setpoint changes and disturbance perturbations will be initiated and the results will
then be compared between the PI controlled systems and the IMC controlled systems, as
well as, compared to the simulation results where no mismatch was incorporated.

1. Servo Control (Setpoint Tracking)

This section of the study individually simulates a 25% reduction from the nominal
steady state value in the setpoints of all three output variables for each of the three pairing
cases. Even though the system now has plant/model mismatch, the controllers have been
retuned to compensate for this. The trend of the results should be similar to those without
plant/model mismatch.

a. Casel

Effluent BOD and effluent ammonia concentrations are controlled by recirculation
ratio and sludge age, respectively, and effluent nitrate concentration is the free variable.
The nominal steady state value of effluent ammonia is 0.89 mg/l (reported by Grove,
1995) and a 25% setpoint reduction in this value would ideally bring the new steady state
value to 0.67 mg/l. A 5% reduction in the steady state effluent BOD value lowers the
setpoint from 6.90 mg/l to 5.56 mg/l. Figure 4-51 is a plot of the input variables u,, and
the output variables y,, after a setpoint change in BOD (loop 1) at time, t=10 days, for the
PI controlled system. Figure 4-52 is a plot of a setpoint change in BOD at time, t=10
days, for the IMC controlled system. Where the IMC controlled system is stable, the PI
controlled system becomes unstable in the long term. These mismatched simulation
results are similar to the non-mismatched simulations, because the controllers have been

retuned taking into consideration the plant/model mismatch.

102




m'— -------------------------------------
s .
s .
£l
1or- -
co 50 100 150 200 25 300 350 400 450 SO0
25
[
Ezou e emmmeescecccccccnmmm e -
S18r_- -
-
’ato- -
8 f p
o0 50 100 150 200 250 300 30 400 450 500

Tame, days

Figure 4-51. PI Based Servo Control for a Setpoint Change in Effluent BOD

Incorporating Plant/Model Mismatch (I);

(a) Inputs: recirculation ratio, — ; sludge age, - — -;
(b) Outputs: BOD,— ; [NH4"], - - - ; [NO3}, —~—
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Figure 4-52. IMC Based Servo Control for a Setpoint Change in Effluent BOD

Incorporating Plant/Model Mismatch (I);
(a) Inputs: recirculation ratio, — ; sludge age, - — —;

(b) Outputs: BOD,— ; [NH4™], — - — ; [NO3], ——
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Figure 4-53 is a plot of the input variables and the output variables after a -25%
setpoint change in ammonia (loop 2) at time, t=10 days, for the PI controlled system. The
system remains stable for a limited time span, and then it proceeds to instability, just like
the non-mismatched simulation. This is due to the “nasty” characteristics of the system
dynamics, such as inverse response in loop 2 and dead time in both loops. A more
conservative tuning of the system would make it more robust, thus stabilizing it for a
longer time period; but without the addition of compensating filters, it will eventually
become unstable. Figure 4-54 is a time simulation plot of the input variables and the
output variables after a -25% setpoint change in ammonia at time, t=10 days, for the IMC
controlled system. This output graph is a deviation from the nominal steady state values
in mg/l. This was done in order to better display the -25% change in effluent ammonia
(from 0.89 mg/l to about 0.67 mg/l). In contrast to the PI controlled system, the IMC
controlled system is stable in the long term. Figure 4-55 is a time simulation plot of the PI
controlled system with added first order lag filters undergoing a setpoint change in effluent
ammonia (loop 2). The system is now stable (in contrast to that shown in Figure 4-54)
and corresponds with the response to the same setpoint change in the IMC controlled
system. Again, this illustrates that when the process dynamics exhibit dead time and
inverse response characteristics, the intrinsic IMC controller designed for it is equivalent
to a PID controller with an additional filter added. The IMC still has just one tuning
parameter. The PID needs four parameters per loop, tuned in accordance with each other
b. Case II

In this case recirculation ratio and sludge age are used to control effluent BOD and
effluent nitrate, respectively, and effluent ammonia is the free variable. The nominal
steady state value of effluent nitrate is 13.55 mg/l and a 25% setpoint reduction in this

value would ideally bring the new steady state value to 10.16 mg/l. Once again, a 25%
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Figure 4-53. PI Based Servo Control for a Setpoint Change in Effluent Ammonia
Incorporating Plant/Model Mismatch (I);
(a) Inputs: recirculation ratio, — ; sludge age, - - -;

(b) Outputs: BOD,— ; [NH4"], - — — ; [NO3"], —~—
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Figure 4-54. IMC Based Servo Control for a Setpoint Change in Efffuent Ammonia
Incorporating Plant/Model Mismatch (I);
(a) Inputs: recirculation ratio, — ; sludge age, - — -;

’

(b) Outputs: BOD,— ; [NH4"], - - - ; [NO3-], ——
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Figure 4-55. PI Based with Compensating Filters Servo Control for a Setpoint
Change in Effiluent Ammonia Incorporating Plant/Model Mismatch (I);
(2) Inputs: recirculation ratio, — ; sludge age, - - —;
(b) Outputs: BOD,— ; [NH4'], - - - ; [NO3*], ——

reduction in the steady state effluent BOD value should lower the setpoint from 6.90 mg/l |
10 5.56 mg/l. Figure 4-56 is a plot of the input variables u,, and the output variables y,,
after a -5% setpoint change in BOD (loop 1) introduced at time, t=10 days, for the PI ‘
control system. The system remains stable for a lengthy time span because there is no

inverse response exhibited in the closed-loop process dynamics. The "nasty"

characteristics consist of only dead time in both loops and a lead response in loop 2. A

more conservative tuning of the system would make it more robust, thus stabilizing it for

an even longer time period. Without the addition of compensating filters, it may

eventually go unstable under certain circumstances as depicted earlier from the p-

Interaction Measure test (see Figure 4-44). Figure 4-57 is a plot of the input and output

variables after a -5% setpoint change in BOD (loop 1) introduced at time, t=10 days, for

the IMC controlled system. In contrast to the PI controlled system, this clearly is a stable

system. In this case, the mismatched simulation responses are slightly more oscillatory

than those of the non-mismatched simulations (even more so than the other two
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Figure 4-56. PI Based Servo Control for a Setpoint Change in Effluent BOD
Incorporating Plant/Model Mismatch (II);
(2) Inputs: recirculation ratio, — ; sludge age, - — - ;

?

(b) Outputs: BOD, —; [NO3], - - — ; [NHg*), ——
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Figure 4-57. IMC Based Servo Control for a Setpoint Change in Effluent BOD
Incorporating Plant/Model Mismatch (II);
(a) Inputs: recirculation ratio, — ; sludge age, ~ — -

3

(b) Outputs: BOD, — ; [NO37], - ~ - ; [NHg'], ——
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mismatched cases). This is a result of Case II being slightly more inter-loop interactive
than the other two cases, as shown in the RGA analysis (see Table 4-3). The benefit of
being able to regulate nitrate emissions, and not having to worry about the free variable,
ammonia, reaching much higher steady state values, greatly outweighs the sacrifice of this
slight increase in inter-loop interaction.

Figure 4-58 is a plot of the input variables and the output variables after a -25%
setpoint change in nitrate (loop 2) at time, t=iO days, for the PI controlled system. As
seen in Figure 4-56, the system remains stable for a lengthy time span because there is no
inverse response exhibited in the closed-loop process dynamics. The "nasty"
characteristics consist of dead time in both loops and a lead response in loop 2. A more
conservative tuning of the system would make it more robust, thus stabilizing it for an
even longer time period. Without the addition of compensating filters, it may eventually
go unstable under certain circumstances as depicted earlier from the p-Interaction
Measure test (see Figure 4-44). Figure 4-59 is a plot of the input and output variables
after a -25% setpoint change in effluent nitrate (loop 2) introduced at time, t=10 days, for
the IMC controlled system. Unlike the plot of the PI controlled system, this plot has long
term stability. Once again, the system is slightly more oscillatory.

c. Case IIl

This case involves using sludge age and recirculation ratio to control effluent
ammonia and effluent nitrate, respectively, with effluent BOD as the free variable. Figure
4-60 is a plot of the input variables u,, and the output variables y,, after a -25% setpoint
change in ammonia (loop 1) introduced at time, t=10 days, for the P1 controlled system.
The overall long term stability of the system is compromised by the inclusion of inverse
response and dead time in the system process dynamics, plus the undesirable inter-loop
interaction. Additional lag filters would be needed along with the PI controller in order to
remedy the situation. Figure 4-61 is a plot of the input and output responses after the
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Figure 4-58. PI Based Servo Control for a Setpoint Change in Effluent Nitrate
Incorporating Plant/Model Mismatch (II);
() Inputs: recirculation ratio, — ; sludge age, — — — ;
(b) Outputs: BOD, —; [NO3-], - - - ; [NH4], —~—
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Figure 4-59. IMC Based Servo Control for a Setpoint Change in Effluent Nitrate
Incorporating Plant/Model Mismatch (II);
(a) Inputs: recirculation ratio, — ; sludge age, - — — ;

(b) Outputs: BOD, —; [NO3], - - - ; [NH4%), —~—
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Figure 4-60. PI Based Servo Control for a Setpoint Change in Effluent Ammonia
Incorporating Plant/Model Mismatch (III);
(a) Inputs: sludge age, — ; recirculation ratio, - — — ;
(b) Outputs: [NH4"], —; [NO3"}, - - —; BOD, ~—

inpute (V)
3
< -

i i M
)
)
]

10 N e e e teeemmmm—maa ]
% 1 2 3% « S 6 ™ & 0 0
|S|
N .
: 10~ See--
£ e et
e |---
g st
S |
1
% %6 2 2 e« S ® M 8 0 10

Figure 4-61. IMC Based Servo Control for a Setpoint Change in Efffuent Ammonia
Incorporating Plant/Model Mismatch (IIT);
() Inputs: sludge age, — ; recirculation ratio, ~ — ~ ;

b4

(b) Outputs: [NH4*], —; [NO3"], - - — ; BOD, ——
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same -25% setpoint change in ammonia is introduced at time, t=10 days, for the IMC

controlled system. Once again, the output graph is of the deviation in mg/l from the
nominal steady state values.

Figure 4-62 is a plot of the input variables and the output variables after a -25%
setpoint change in nitrate (loop 2) at time, t=10, for the PI controlled system. As in the
other cases, the PI controlled system remains stable for a limited time span, and then it
proceeds to go unstable. This is because of the introduction of an inverse response in the
first loop (sludge age-effluent ammonia), in addition to the dead time in both loops. In
contrast, Figures 4-63 is a plot of the input and output variables after setpoint changes in
nitrate, for the IMC control system. This clearly is a stable system, but sluggish.

2. Regulator Control (Disturbance Rejection)

Once again, regulator control is very common in the chemical industry
(Coughanowr, 1991), and it is a major concern for the wastewater treatment plant. Since
several parameters in the chemical industry, such as flow rate and inlet concentrations, are
expected to vary depending on up stream conditions. Input characteristics can also vary
when the nature of the waste varies from batch to batch and process to process. It is
highly desirable for the control system to have the ability to compensate for these
disturbances and to still maintain outputs at the desired setpoint values. Studies reported
here also include results of introducing percentage increases in the nominal steady state
inlet values of feed flow rate, ammonia concentration, and nitrate concentration for each
of the three pairing cases. Only a small disturbance in the feed flow rate was introduced
into all three cases (about 6%) in order to try and keep zero recirculation from occurring.
There tends to be a small mathematical anomaly in the outputs when this disturbance is
introduced. The outputs tend to display small little spikes periodically throughout the
simulation. This is most likely due to the inter-loop interactions and the mathematical
calculations used in the Simulink package of Matlab. The plant/model mismatch results in
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Figure 4-62. PI Based Servo Control for a Seipoint Change in Effluent Nitrate

Incorporating Plant/Model Mismatch (III);

(a) Inputs: sludge age, — ; recirculation ratio, - — = ;
(b) Outputs: [NH4*], —; [NO37], - - -; BOD, ~—
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Figure 4-63. IMC Based Servo Control for a Setpoint Change in Effluent Nitrate
Incorporating Plant/Model Mismatch (III);
(a) Inputs: sludge age, — ; recirculation ratio, - — — ;

(b) Outputs: [NH4*], —; [NO3], - — —; BOD, ——
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a more sensitive system that would more easily go unstable under disturbance

perturbations. The control parameters needed to be fine tuned more conservatively in
order to insure plant stability.
a. Casel

In this case, recirculation ratio and sludge age are used to control effluent BOD
and effluent ammonia, respectively, and effluent nitrate is a free variable. The nominal
steady state value of influent flow rate is 5,450,000 liters/day and a 6% increase in this
value would result in a feed flow rate of 5,777,000 liters/day. Any disturbance
significantly higher results in zero recirculation, thus a higher new steady state value of
effluent BOD, along with a greater display of the aforementioned anomaly. Figure 4-64 is
a plot of the input variables u,, and the output variables y,, after 6% disturbance
perturbation in the feed flow rate for the system with PI controllers. As with the non-

mismatched case, the system is initially stable. In the long term, it becomes unstable, as

seen by the slow decline of the sludge age. Figure 4-65 is a plot of the input variables u,,

and the output variables y,, after 6% disturbance perturbation in the feed flow rate for the

system with IMC controllers. The system is stable as guaranteed by the p-Interaction
Measure. The BOD effluent is controlled rather well, though a drastic change is not
expected because of the small disturbance. The ammonia effluent at first deviates from its
original steady state, but eventually returns to it. The “free” effluent nitrate increases to a
higher steady state. This is due to the opposing action between recirculation ratio and
nitrate.

The second disturbance introduced was that of a 15% step increase in influent
ammonia. The nominal inlet concentration of ammonia is 300 mg/l and a 15% increase
would step this value to 345 mg/l. Figure 4-66 is a plot of the input variables and the
output variables after a 15% disturbance perturbation in ammonia introduced at time, t=10
days, for the PI control system. The system remains stable for a limited time span, and
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Figure 4-64. PI Based Regulator Control for a 6% Disturbance in Feed Flow Rate
for Case I Incorporating Plant/Model Mismatch;
(a) Inputs: recirculation ratio, — ; sludge age, - — —;

(b) Outputs: BOD, —; [NH4%], - - — [NO3°], ~—
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Figure 4-65. IMC Based Regulator Control for a 6% Disturbance in Feed Flow Rate
for Case I Incorporating Plant/Model Mismatch;
(a) Inputs: recirculation ratio, — ; sludge age, - — —;

(b) Outputs: BOD, —; [NH4*], - - —; [NO3], ——
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Figure 4-66. PI Based Regulator Control for a 15% Disturbance in Influent
Ammonia for Case I Incorporating Plant/Model Mismatch;
(a) Inputs: recirculation ratio, — ; sludge age, - — —;
(b) Outputs: BOD, —; [NH4*], - - - [NO37), ~—

then it proceeds to become unstable. This is due to the “nasty” characteristics of the
system, such as inverse response in the first loop and dead time in both loops. A more
conservative tuning of the system would make it more robust, thus stabilizing it for a
longer time period. Without the addition of compensating filters, it will eventually go
unstable. Figure 4-67 is that of the same system under the same disturbance perturbation
and having the same PI controller tuning, but with the addition of compensatory filters.
The system is now stable. However, the nitrate level settles toward a much higher steady
state, because the first step in ammonia degradation is conversion to nitrate and the nitrate
is uncontrolled. This compensated PI controlled system is similar to that of the IMC
controlled system, whose response to the same ammonia disturbance introduced at time,
t=10 days, is shown in Figure 4-68. Once again, the two controlled vanables, effluent
BOD and effluent ammonia, are regulated by the controllers at their original steady state

value, but nitrate emissions increase to a higher steady state value.
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Figure 4-67. PI Based with Additional Filters Regulator Control for a 15%
Disturbance in Influent Ammonia for Case I Incorporating Plant Model Mismatch;
| (=) Inputs: recirculation ratio, — ; sludge age, - - —;

1 (b) Outputs: BOD, —; [NH4*], - - —; [NO37], ——
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Figure 4-68. IMC Based Regulator Control for a 15% Disturbance in Influent
Ammonia for Case I Incorporating Plant/Model Mismatch;
() Inputs: recirculation ratio, — ; sludge age, - — —;
(b) Outputs: BOD, — ; [NH4'], — - —; [NO3"}, —=—
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Figure 4-69 is that of the input and output variables in response to a 10%

disturbance in the influent nitrate concentration introduced at time, t=10 days, for the PI
controlled system. The nominal value of the influent nitrate is 1000 mg/l. This pairing
configuration of the plant is such that this disturbance leads to a more stable response
than the other two disturbances, but it still eventually goes unstable. This supports the
claim that when the p-Interaction criteria is violated, then PI control alone for the plant
may cause severe instability in the long run, for some configurations, while other
configurations may only lead to moderate instability or may even maintain stability. There
always will be the potential for instability when the p-Interaction criteria is violated by the
presence of inverse and significant dead time process kinetics. In contrast, Figure 4-70 is
that of the input and output variables in response to a 10% disturbance in the influent
nitrate concentration for the IMC controlled system. As with the case of the ammonia
disturbance for the IMC controlled system, and contrary to the PI controlled system, the
two controlled variables are regulated to their original steady state values and the "free"
effluent nitrate approaches a lower steady state value, because the recirculation ratio
increases.
b. Case I

This case involves using recirculation ratio and sludge age to control effluent BOD
and effluent nitrate, respectively, and effluent ammonia is the free variable. Figure 4-71 is
a plot of the input variables u,, and the output variables y,, after 6% disturbance
perturbation in the feed flow rate for the system with PI controllers. The system is fairly
stable, because there is no inverse response in either of the control loops. However, over
time, and/or under disturbance, it may become unstable. This demonstrates how the
p-Interaction Measure test allows one to see if a system has the potential to become
unstable, without informing when or under what circumstances the system will become
unstable. The potential for instability is always there. Note how the system is slightly
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Figure 4-69. PI Based Regulator Control for a 10% Disturbance in Influent Nitrate
for Case I Incorporating Plant/Model Mismatch;
(a) Inputs: recirculation ratio, — ; sludge age, - — —;

(b) Outputs: BOD, —; [NH4*], - - —; [NO3"], ~—
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Figure 4-70. IMC Based Regulator Control for a 10% Disturbance in Influent
Nitrate for Case I Incorporating Plan/Model Mismatch;
(a) Inputs: recirculation ratio, — ; sludge age, - — —;

(b) Outputs: BOD, —; [NH4"], - - —; [NO3"], ~—
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Figure 4-71. PI Based Regulator Control for a 6% Disturbance in Feed Flow Rate
for Case II Incorporating Plant/Model Mismatch;
(a) Inputs: recirculation ratio, — ; sludge age, - — - ;

(b) Outputs: BOD, —; [NO37}, - — - : [NH4t), ——

more oscillatory than the non-mismatched simulations. This is due to the plant/model
mismatch, causing the system to be more sensitive to perturbations.

Figure 4-72 is a plot of the input variables u,, and the output variables y;, after 6%
disturbance perturbation in the feed flow rate for the system with IMC controllers. The
system is slightly more oscillatory, but stable as guaranteed by the p-Interaction Measure.
The BOD effluent is controlied rather well, though a drastic change is not expected
because of the small disturbance. The nitrate in the PI controlled case never quite reaches
its original steady state value after a brief deviation, whereas in the IMC controlled system
it does. In contrast to Case 1, the free variable (nitrate in Case I and ammonia in Case II)
is not affected by this disturbance. This supports the notion that the system is adept at

maintaining a low level of ammonia emissions.
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Figure 4-72. IMC Based Regulator Control for a 6% Disturbance in Feed Flow
Rate for Case II Incorporating Plant/Model Mismatch;
(a) Inputs: recirculation ratio, —; sludge age, - — — ;

(b) Outputs: BOD, —; [NO37), - - - ;[NH4"], ——

Figure 4-73 is a plot of the input variables and the output variables after a 15%
disturbance perturbation in ammonia introduced at time, t=10 days, for the PI control
system. Once again, the sludge age control action is initially too aggressive, but it
eventually regulates the effluent nitrate to its original steady state. The other control
variable, effluent BOD, is also regulated to its original steady state. As seen in the servo
control simulations, Case II tends to be the most stable of the three cases. This is due to
the lack of an inverse response in either of the loops. Figure 4-74 is a plot of the input
variables and the output variables after a 15% disturbance perturbation in influent
ammonia introduced at time, t=10 days, for the IMC control system. The two control
variables, effluent BOD and effluent nitrate, are regulated by the controller to their original
steady state values. However, the system, using either type of controller, is significantly
more oscillatory for the ammonia disturbance. Tuning the parameters of the controllers
more conservatively will reduce this oscillation, but a more sluggish performance will also

result (i.e. a longer settling time).
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Figure 4-73. PI Based Regulator Control for a 15% Disturbance in Influent

Ammonia for Case II Incorporating Plant/Model Mismatch;
(a) Inputs: recirculation ratio, — ; sludge age, - — — ;

?

(b) Outputs: BOD, — ; [NO37], - — ~ ;[NH4?], —~—
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Figure 4-74. IMC Based Regulator Control for a 15% Disturbance in Influent

Ammonia for Case II Incorporating Plant/Model Mismatch;
(a) Inputs: recirculation ratio, — ; sludge age, - — —
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(b) Outputs: BOD, —; [NO3), - - - ; [NH4"], ——
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Figure 4-75 is that of the input and output variables due to a 10% disturbance
introduced at time, t=10 days, in the influent nitrate concentration. Figure 4-76 is that of
the input and output variables due to a 10% disturbance in the influent nitrate
concentration for the IMC controlled system. This is very similar to the PI controlled
system, but according to the p-Interaction Measure test, the IMC controlled system is
guaranteed long term stability. Both control variables, effluent BOD and effluent nitrate
eventually return to their original steady state, while the free variable, effluent ammonia, is
once again barely affected. Though the oscillation of the output is reduced, when
compared to the responses to an ammonia disturbance, the destabilizing effect of

plant/model mismatch can be seen in the increased sensitivity to perturbations of the

system.
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Figure 4-75. PI Based Regulator Control for a 10% Disturbance in Influent Nitrate
for Case II Incorporating Plant/Model Mismatch;
(a) Inputs: recirculation ratio, — ; sludge age, - ~ - ;

(b) Outputs: BOD, —; [NO3°], - - - ; [NHgt], ——
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Figure 4-76. IMC Based Regulator Control for a 10% Disturbance in Influent
Nitrate for Case II Incorporating Plant/Model Mismatch;
(a) Inputs: recirculation ratio, — ; sludge age, - ~ — ;

(b) Outputs: BOD, —; [NO3], - - — ; [NHg'], ——

c. Case IIl

Case III has the pairings of sludge age-effluent ammonia and recirculation ratio-
effluent nitrate. The free variable is effluent BOD. Figure 4-77 is a plot of the input
variables u,, and the output variables y,, after a 6% disturbance perturbation in the feed
flow rate at time, t=10 days, for the PI controlled system. Just as in the non-mismatched
simulations, this contro! scheme fails terribly for PI control because, not only is inverse
response and dead time involved, but added complications occur in the inter-loop
interactions due to the choice of pairings. The two loops have opposing effects on each
other, which is an undesirable effect in decentralized control. Figure 4-78 is the response
of an IMC controlled system after a 6% disturbance in the feed flow rate. The controller
is able to return the system back to its desired steady state values, but only after large
initial deviations, such as that in the nitrate. The free BOD is hardly affected, because it is

a minute change in the feed flow rate.
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Figure 4-77. PI Based Regulator Control for a 6% Disturbance in Feed Flow Rate

for Case Il Incorporating Plant/Model Mismatch;
(a) Inputs: sludge age, —; recirculation ratio, ~ — — ;
(b) Outputs: [NH4*], —; [NO37], - — —; BOD, —~—.

40

30

s
s2- -

-3 H

5 i
10~ p
S aeiilldtelu et S ]

- I
E10- -
s |
30T ]
¢ |
o J
0 10 .ol 0 40 S0 &0 70 80 90 100

Figure 4-78. IMC Based Regulator Control for a 6% Disturbance in Feed Flow

Rate for Case ITI Incorporating Plant/Model Mismatch;
(2) Inputs: sludge age, — ; recirculation ratio,— — - ;
(b) Outputs: [NH4%], —; [NO37], - - —; BOD, ——.
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Figure 4-79 is a plot of the input variables and the output variables after a 15%

disturbance perturbation in ammonia introduced at time, t=10 days, for the PI controlled
system. In the long term, the control variables undergo unrealistic changes, such as an
extremely high recirculation ratio and the steady decline of the sludge age. The IMC
controlled system, whose response is seen in Figure 4-80, has the same problem with the
recirculation ratio (almost double that of the similar non-mismatched simulation), but the
probletn with the declining sludge age in the long run is remedied. This is due to the
IMC’s inherent ability to compensate for inverse responses. The high recirculation ratio
must be due to the opposing inter-loop interactions as demonstrated by the RGA shown in

Table 4-3, because the controller has to counteract the opposing effect of the other loop.
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Figure 4-79. PI Based Regulator Control for a 15% Disturbance in Influent
Ammonia for Case ITI Incorporating Plant/Model Mismatch;

{
8
8

(a) Inputs: sludge age, — ; recirculation ratio, — — — ;
(b) O“tputs: [N}u*.]! - [N03-]v - ==, BODa .
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Figure 4-80. IMC Based Regulator Control for a 15% Disturbance in Influent
Ammonia for Case III Incorporating Plant/Model Mismatch;
(a) Inputs: sludge age, — ; recirculation ratio, - — - ;
(b) Outputs: [NH4*], —; [NO3-], - — —; BOD, ——.
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Figure 4-81. PI Based Regulator Control for a 10% Disturbance in Influent Nitrate |
for Case III Incorporating Plant/Model Mismatch; |
(a) Inputs: sludge age, — ; recirculation ratio, — = - ;

(b) Outputs: [NH4*), —; [NO3"}, — —= —; BOD, ——. |
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Figure 4-82. IMC Based Regulator Control for a 10% Disturbance in Influent
Nitrate for Case III Incorporating Plant/Model Mismatch;
(a) Inputs: sludge age, — ; recirculation ratio, - — — ;
(b) Outputs: [NH4*], —; [NO3-], - - —; BOD, ——.

K. Random Disturbance Perturbations for Case I

The wastewater treatment plant has the ability to minimize the amount of ammonia
in the discharge, even when perturbations are present. This was shown in Case I where
ammonia was the free variable, but its effluent concentration fluctuated only slightly
during the setpoint and disturbance simulations. Contrarily, the effluent nitrate was very
sensitive to perturbations, especially ammonia perturbations, because of the chemical
breakdown of ammonia into nitrate. This was shown in Case I where the effluent nitrate
was the free variable. Leaving BOD as the free variable is also undesirable. It can be
sensitive to large fluctuations in the feed flow rate, and the use of recirculation ratio and
sludge age to control ammonia and nitrate, respectively, is an undesirable choice due to
their opposing inter-loop interactions.

Taking this into consideration, one more test on Case II was studied. Case I uses

recirculation ratio and sludge age to control BOD and effluent nitrate, respectively, and
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effiluent ammonia is the free variable. In the chemical industry, it is more realistic to have
perturbations that are more random and more frequent than that of a single step input.
Therefore, perturbations in the feed flow rate, the influent ammonia, and the influent
nitrate of roughly -50% to +50% were individually introduced to the closed-loop IMC
controlled systems.

The results for feed flow rate disturbances is shown in Figure 4-83. The BOD is
easily controlled by the recirculation ratio, but control of the nitrate is slightly more
erratic, due to the interaction between the two loops. For the most part, the nitrate level
tends to oscillate around its steady state value of 13.5 mg/l, though there are a few
exceptions due to large disturbances in the feed flow rate. The input graph is displayed as
percent deviation from normal steady state. A concern may be the frequent changing of
the sludge age. This is not a realistic option (Reich, 1996).
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Figure 4-83. IMC Based Regulator Control for Random Disturbances in Feed Flow
Rate (I);

(a) Disturbance: feed flow rate;
(b) Inputs: recirculation ratio, — ; sludge age, - - — ;

’

() Outputs: BOD, —; [NO37], - ~ - ; [NH4"}, ——
Figure 4-84 is that of the IMC controlled system for Case II with disturbances in

the influent ammonia. As can be seen, the effluent nitrate is very sensitive to disturbances
128



in the influent ammonia, thus requiring the need to control it. Leaving it as a free variable

would result in unsatisfactory discharge levels of nitrate. Once again, the input graph is

displayed in percentage change and the sludge age change rate may be too frequent.
Figure 4-85 is that of the same system with disturbances in the influent nitrate.

The IMC controlled system, regulates the two controlled variables (BOD and nitrate) very

well, with minimal control action. The free ammonia is barely affected. The input graph is

shown as percentage change, and the change in sludge age is considerably less frequent

than for the other two disturbances.
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Figure 4-84. IMC Based Regulator Control for Random Disturbances in Influent

Ammonia (II);
(a) Disturbance: influent ammonia;
(b) Inputs: recirculation ratio, — ; sludge age, - — — ;
(c) OUtp“tS: BOD’ -, [N03-]’ - = = r[NH4+]a e
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Figure 4-85. IMC Based Regulator Control for Random Disturbances in Influent

Nitrate (II);
(a) Disturbance: influent nitrate;
(b) Inputs: recirculation ratio, — ; sludge age, - — - ;
(c) Outputs: BOD, —; [NO3°], - - - ; [NH4"], ——

L. Effects of Biochemical Oxygen Demand (BOD) Disturbances

An additional concern for the DuPont Corporation is the effect of changes in the
level of concentration of biochemical oxygen demand (BOD) in the influent stream (Reich,

1996). BOD influent is not a separate inlet stream to the wastewater treatment plant, but

it is a component of the wastage stream that is to be treated by the plant.

Depending on the conditions in the process generating the wastewater stream that
is in need of treating, the concentration of BOD in this stream will vary. This variation of

BOD concentration in the inlet stream will impose disturbances on the wastewater plant,

thus affecting the concentrations in the effluent. This study examined how step

disturbances in BOD concentration affects the effluent of the wastewater treatment plant
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for both the PI and IMC controlled systems. Also, the effects of a more realistic random
disturbance of BOD influent was studied for Case II with IMC control. This is the same
situation where other random responses were examined. The results for these simulations
are presented below.
1. Step Disturbance on Case I

This is the case where recirculation ratio and sludge age are used to control BOD
effluent and ammonia effluent, respectively, with effluent nitrate as the free variable. Asin
the simulations for other disturbances, the long term stability of the PI controlled system is
compromised when a 5% disturbance of BOD is introduced at a time of t=10 days. This is
shown in Figure 4-86. Although this disturbance is small, the recirculation ratio is greatly
affected by the increased level of BOD. Figure of 4-87 is the same disturbance on the
IMC controlled system. The problem of long term instability is corrected, but the free
variable (nitrate) reaches a new, higher steady state value.
2. Step Disturbance on Case I

This is the case where recirculation ratio and sludge age are used to control BOD
and nitrate, respectively, with effluent ammonia as the free variable. As seen previously,
for Case I1, the PI and IMC controlled systems have similar responses, due to the lack of
inverse response in the system. Figure 4-88 is a graph of the response of the PI controlled
system after a 5% disturbance in influent BOD. The effluent nitrate is now controlled
back to its original steady state. The free ammonia only increases slightly. Figure 4-89 is
the response of the IMC controlled system after a 5% disturbance in the influent BOD.

The result is similar to the PI controlled system, but unlike the PI controlled system, the p-
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Figure 4-86. PI Based Regulator Control for a 5% Disturbance in Influent BOD for
Case I
(a) Inputs: recirculation ratio, —; sludge age, —— —;
(b) Outputs: BOD, —; [NH4+], — - —; [NO3-], ~—
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Figure 4-87. IMC Based Regulator Control for a 5% Disturbance in Influent BOD
for Case 1

(a) Inputs: recirculation ratio, —; sludge age, - — —;
(b) Outputs: BOD, —; [NH4+], - — —; [NO3-], —~—
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Figure 4-88. PI Based Regulator Control for a 5% Disturbance in Influent BOD for

Case I

(a) Inputs: recirculation ratio, —; sludge age, — — —;
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Figure 4-89. IMC Based Regulator Control for 2 5% Disturbance in Influent BOD
for Case I
(a) Inputs: recirculation ratio, —; sludge age, — — - ;

(b) Outputs: BOD, —; [NO3-], - — - ; [NH4+ ], —e—
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interaction test, discussed earlier, had no high frequency violation, which would indicate

|

the possibility of instability.

i 3. Step Disturbance on Case Il

This case utilizes the sludge age and the recirculation ratio to control effluent

ammonia and effluent nitrate, respectively, with effluent BOD as the free variable. Figure
4-90 is a graph of the response of the PI controlled system after a 5% disturbance in
influent BOD at time t=10 days. The system is stable for a lengthy period of time, but it
eventually begins to go unstable. Figure 4-91 is a graph of the response of the IMC
controlied system after a 5% disturbance in BOD. The IMC controller remedies the

instability problem. However, the system is sluggish in its performance.
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Figure 4-90. PI Based Regulator Control for a 5% Disturbance in Influent BOD for

Case III
(a) Inputs: sludge age, —; recirculation ratio, — — — ;
(b) Outputs: [NH4+], —; [NO3-], - - -; BOD, ——
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Figure 4-91. IMC Based Regulator Control for a 5% Disturbance in Influent BOD
for Case III

(a) Inputs: sludge age, —; recirculation ratio, — — —;

(b) Outputs: [NH4+], —; [NO3-], -~ —; BOD, ——
4. Random Disturbances in Influent BOD

A more realistic representation of influent disturbance is that of a more frequent

random disturbance, rather than a constant, single step disturbance. This was studied for
Case II with IMC control, because it was found to be the most stable pairing and it has the
ability to contr<.>l effluent nitrate, a substance very sensitive to changes in ammonia. The
BOD disturbance ranged from about -50% to +50% of the nominal steady state value. As
can be seen in Figure 4-92, the recirculation ratio undergoes dramatic changes in order to
maintain the effluent BOD concentration at the desired level. The change in sludge age is
not as dramatic, because the effluent ammonia is not as affected by changes in influent

BOD as the effluent BOD is. The input change is measured as a percent change from the

nominal steady state level.
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Figure 4-92. IMC Based Regulator Control for Random Disturbances in Influent

BOD;
(a) Disturbance: Influent BOD
(b) Inputs: recirculation ratio, —; sludge age, — — —;

(c) Outputs: BOD, —; [NO3-], - ——; [NH4+ ], —~—

M. Summary of Results and Discussion

The PI Based control strategy is not very adept at maintaining long term stability
of the wastewater treatment plant. PI based control has several problems in handling dead
time and, especially, inverse responses when no additional compensatory filters are added
to the controller. This results in stability for only a limited period of time, and instability is
usually inevitable when setpoint changes and disturbance perturbations are introduced to
the system. However, it is noted that in most cases, trend toward instability is only very
gradual, taking place over a period of about one hundred days or so. Contrary to the

instability problems that were seen with PI control, model based control, such as Internal
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Model Control (IMC), is very adept at handling the non-ideal characteristics of the
wastewater treatment plant without additional filters, and thus additional tuning
parameters to the controller. This makes the IMC controller much easier to tune than the
multiparameter PI based controller plus compensators.

Though the stability of the system would be a major concern to the operator and
the engineer, the sluggish performance of both the PI controlled system and the IMC
controlled system must be noted. This may be a result of the interaction among the loops.
There is always a trade off between robustness and performance. In this case, stability
may be guaranteed with IMC, but the performance is too sluggish to be desirable. To
increase the performance, the IMC controller must be retuned as to make the system more
aggressive, but one risks the possibility of instability due to interaction. However, from
the theory of IMC control (Morari and Zafiriou, 1989), IMC has the advantage that the
stability of the IMC controller alone implies the stability of the overall closed-loop if there
is negligible plant/model mismatch (provided the plant is inherently open-loop stable).
Therefore, retuning of the stable IMC controller can be carried out without endangering
the overall system stability, except for the consideration of the interaction effect. The p-
Interaction Measure needs to be used such that retuning individual loops of the IMC
controlled system does not violate the overall multiloop closed-loop stability.

In contrast, the stability of the PI controller alone implies nothing about the overall
closed-loop stability. The overall closed-loop stability has to be derived by calculating for
the poles of the closed-loop transfer function, which is a chore each time the PI controller

is retuned. Furthermore, calculating the overall stability at a particular PI tuning setting
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necessitates the knowledge of the plant’s exact model, often an impossible task. On the

other hand, no such knowledge is required for calculating for the stability of the IMC
controller system, as long as the open-loop remains stable, because stability of the IMC
controller is enough to imply the stability of the overall closed-loop. It can be shown
(Morari and Zafiriou, 1989) that for each mode of IMC, an equivalent PID or PID plus
additional lag-filters controllers can be derived. Because of the above argument
concerning stability, it would be preferable to implement even a simple PID feedback
controller in the framework of the IMC.

However, with PI based control alone, for the wastewater treatment system the
closed-loop is inherently unstable. No amount of retuning will insure the long term
closed-loop stability. Relative stability can only be maintained over a short period of time
(days) before the PI controller has to be returned less aggressively to stave off instability.
This detuning has to be repeated a short while later. After a series of detuning to stave off
instability, the controller performance may have become so sluggish as to render any
feedback control action useless. The loops would have to be decommissioned and a new
start-up commissioned. A new round of PI control would then have to begin,
accompanied by vigilant monitoring and periodic detuning to insure stability. If frequent
retuning is necessary to insure stability while at the same time trying to maintain desired
performance, then the automated PI control strategy may be no better than manual open-
loop control by an experienced operator.

The ease of tuning of the controllers is an important factor when considering that

the controllers may have to be periodically retuned in order to maintain stability while
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performing as desired. The single parameter of an IMC controller loop is much easier to

retune than that for a multiparameter PI controller. This ease of tuning is also very
apparent when plant/model mismatch is incorporated into the system. When the system
changed and the original controllers were not suitable enough to guarantee stability, the
parameters of each controller had to be made more conservative in order to guarantee
stability. In the case of the PI controller, the perfect balance between the two different
parameters in each loop and between the loops had to be found in order to stabilize the
primary loops and to take into account the effects of the inter-loop interaction. The

difficulty of the retuning increases as more parameters are incorporated when

compensating filters are added to the PI controllers. For the IMC controllers there was
only one parameter in each loop to retune to compensate for plant/model mismatch, which
results in much easier and transparent retuning.

Simulation results for all three cases of input-output pairings, along with the
advantages and disadvantages of PI and IMC controllers are summarized in the following
tables. Table 4-4 is a summary for Case I, where recirculation ratio and sludge age are
used to control BOD and ammonia, respectively, and nitrate is the free variable. Table 4-5
is a summary for Case II, where recirculation ratio and sludge age are used to control
BOD and nitrate, respectively, and ammonia is the free variable. Table 4-6 is a summary
for Case III, where sludge age and recirculation ratio are used to control ammonia and

nitrate, respectively, and BOD is the free variable.

139



douwuuio)sad saysiurunp yowm ‘ysiddnjs §1 WaysAg
Aniqers uwd) Suoj ureulew o) AjqY

dousuuiopiad saysuunp yom ‘ysi3snys s wa)shg
(paynnyy 51 38umy> (JOg ySnoy)
sitodias mau saaa1jou pue Atigms uu) uo swurepy

$1211Y jouolippe ppe o) Butawy Jnoyiim sunjas o) Asua K1ap

Y5133ns asows uana sourodaq
W2)sAS 1nq )SNqo1 10W dpuiu 2q )snwl s1jj0u0)

ANNIqEIs utBuIRW 0) patm)al aq 0) spIdU et
wi3)sAs A1IsUIS 10w © Y $)|ns33 s19)wed
uohiouny s3)suen jued uo yojewisiw ¢40¢ Jo uonesodiosu]

ysi33n)s 51 2aueuLIo)Iag
Induy viuounwe 0) ATIsUIS st (1) 9jqeLIep 2334
pawtejulews s§ K)1j1qe)s uud) Buoy

WIAISAS Y} Jo $53NSNGOS DY) I582393p M

saumwuniojsad oy Butaoidwi pue ysi33ngs s IUBULIOJID]
(parnuyy sy unodias Gog yBnoy))

s)ufodias mou 53491429 pue A)j1quis uua) Suoj stnuIepy

$19)[Y [vuonIpps Ioj paau
Ol 51 2121 st “s10pusuaduiod ISULRUY sBY 13]j01)u0))
12weased o13uis oy jo Suiumy sa1BAIISUOD
Aq p21221103 2q A|1se2 Ud UonBjOIA Kigpunoq Luy

2ousuLiofsad saysiumunp yonm ‘ysiings sy wasig
asuodsal 9s19Au1 pus W) peap o) anp wajqoxd v st AN[IQUIS ULs) 3uo

sousuuojsad sayspnunp M ‘Ysi138njs s1 woyshg
asuodsas 3s10Au1 pus 3w pudp o) anp wajqosd v 51 Aviquis uud) Juoy

Aj1qeis uud) uoj 3msul 0) papIau 21V $19))Y [BUOHIPPY
Arepunoq vl jo uoysjoia Kousnbay y3iy

ys183njs asow
U243 §3U1002q WIYSAS JNq ‘)SNQOS 210W IPBWE 3G IS SII[{OINUOT)

Aiiqus uimuew o) paunjas
99 0) 5pa3u 1By WAISAS IANISUIS 2J0UI B UI §){N53L
s19ppwesed uonouny sysuesn jusid uo YoBWISIU 940g Jo uonwiodiosu]

ys183njs 51 9ousuLo)Ig
indut wiuounm o) aantsuas st (3jwn) J|quLIBA 921,
asuodsas 3510AU1 pus W) pusp o) Ianp wojqosd v st ANjiquis uLa) Juo-y

w3)sAs A Jo s52UISNQOI YY) I58ISOIP
litm 2ousunioj1ad oy Juiaoidwi pus ysi88ngs si IUBULIOjI]

asuodsa a513au1 puw awi peap o} anp wajqoid B st Ai1jiqels uL) 8uo]

HnoLip asows Buiumy
Bupyew sny) ‘s1ajourered Suium) [euolIppe sppe 1nq
‘uonivjola Kouanbayy yBiy a 1321100 [ s394y Jsuonippe Suippy
3513AUI puw Sum) peap o} anp
Aiopunog | H oy jo uonejoia Lauanbayy yduy agquidaL100un

YOIBWSIN [spoauetq
i Jonuo) Joje|nday

Y2IBWISIA J2PONAUB
I JOJJU0D) OAJDS

YIBWSHA [SPOAUEL] i

2Inseapy uonowIIY-1l

YRSy [9pojus|g

(o133 2surqImisi(y)
lonuo) 0)einday

(3unpdusy yirodjag)
[onuo)) oAldg

JInseajy uondeN-1f

asuodsay pajjonue) HNI asuodsayf pajjonyuo) [4 uopepnuyg jo adAy
Bjuowury ANy 28y a3pn|g

BN (g aod weniyg onEy uonEINIIRY

dqepasp 1y Jqupawp pIjjosyuo) dquidsp Apendjuspy

1358 jJo Lvwwng “p-p 3qu],

140




dousuunjiad saysunwip Yyoym ‘ysi88nis st wasis
Anpiqus uua) Suoj mEmusw 0} QY

Anatiisuas paseaoul o) sup Klojejfiaso asow sy astiodsay]

SousuL0jIad saysunuip Yotm ‘ysidans sy wajsig
(panuuyy 1 38uweyd> GOg Y3nowp)

sjutodjos mau 539148 pun Apjiqes uud) Buoy sulnuIely

S19)]Y [suchiippe ppe 0) uiABYy JNOIM dun)a1 0} Asea K1ap

ys133njs 2101 UIAD 52WI033q
wd)sAs 1nq ‘jSNQOI J0US IPBW 3q JSNLL SII}[0IU0D)

Anjiqe)s ulBluIBW 0) PIUN|I 2q O) SPIIU JeY)
WajsAs A1ISUIS 210U § U S)[NsI s19)ounted
votjsunyj 13jsuely yueld uo yYoewsiw 9,05 jo uonesodiodu]

ysi88njs s1 sousuLio)iag

dALISUIS A1aa 10U 5§ (BlUOWUR) 9|qBLIBA 2214
paumuiew s1 A)8j1qe}s uud) Suo]

WRJSAS Y JO $SINSNQOS AY) ISBIIIIP [IIM

2susuuojsad 2 Susaordwy pue ysi83njs si ouvuLIo)jIag
(pawwy 51 utedios qod ydnowp)

siutodjas mou 52421Yaw puw AjIqus uua) Suoj swwuiepy

$19)]Y (SUONIppR J0) Pau
ou s1 21} sny) ‘sicjusuxiuiod disupul SRY J2]j01U07)

Jaowmed 31duis ayp Jo Suyum aanvAIsUOD
Aq p2129.00 3q A}j1592 uwd uolvjoIA ATupunoq Auy

2ousuuiopiad saysiutunp yowm ‘ysiddngs s1 wiajskg
awy puap o} anp sisixa AiL{iqusul 1oj jenuaiod 1nq ‘21qUIs 3q 0) Spud |

Ajanisuds paseardul o) anp A10)u]|1950 30w 51 Isuodsay
sousuLiogod saysiununp yoym ‘ysiddnjs s1 wasig

aun) peap o) anp s18IX9 Klijiqeisut Joj [enuajod Jng ‘2|qEs 3q o) spuIj,

Aiquys i) uoj insut o) papaau 218 §13){1) [BUOIPPY
Aropumoq | Wl jo uonejoia ouanbayy ydig

ysi83n|s ssow
UIA2 53111022q UIASAS Inq ‘ISNGOI 10U PBW 3q ISRUI SII|[ORUO))

ANjiquis uiBuew 0) paun)dl
9q 0) SPIIU B} WIR)SAS IATISUIS JI0UI U UL $)|NEIs
sipuered uonounj 1ajsues) Jued vo Yaeuisiw 940g Jo uonelodioou]

ysi88nys st sousuLIo)idy
aANIsuas A194 jou s (BlUOUIUM) I{qBLILA 931
asuodsal 9559aul pus wi) peap 0) anp wizjqoid 8 1 L)i[1qu)s uu) Suo

wa)sAs YY) Jo $SAUSNQOI 3} I8P
(1im Sdueuuojsad ay) Buiaosdusy pus ysi88njs 1 2usuLIojIag

swigy peap o) anp sisixe Ajjiqeisul soj jenuajod ynq ‘o[quis aq o) spua

WnaLysp 10w Jumnun)
Buppew sny) ‘sivpwend Sulum) [euonippe sppe 1nq
‘uonjwjoia Louanbaly yBuy ayy 1921103 i s13))1) [euonIppe Buppy
S5JIAUT pUV SUN) pu3p o) anp
Kiepunoq W 31 Jo uoneoia Kauanbasy ydiy sjgwaaniosun

YPIBWSIN [dpojnusid
Y jonuo)) Jopeinday

YIIRWSTA [PpOpNAUSId
YIM [ORUOD) OAJIS

YOIWWST [9PONAUN]] Yim
E3 N S ARTIRNIEN B

YIRWSIN [SpoNAueid

(uonoafey Idusqmisiq)
jonuo) Jojenday

141

(3uvypus] jutodjag)
JoRnuUOD oAlag

AMSWIN Uol)duIAN]-H

asundsay pajjoniuo) HNI asuodsay pajjonuo) jd uojjepnug jo adAg
JunIN wang 38y 38pnig
eluouNIY Juaniys aod wanyyg olj8y] UoheNaLIdAY
IAqUIIBA 2014 AQUIIBA pIjoNu0)  IqupieA apendjuspy

I1 358D jo KLavwming ‘g-p IqU,




dusuuio)1ad saysrunup yorym ‘ysi88ngs sy wia)skg
Anjiqeis uud) Suoy ureuieul o) Ajqy

daususosad saysiutunp yowm ‘ysidangs s1 wayskg
siutodias mau s3a911{o8 pue A)jiqe)s uud) Suo] sursjuIsiy

SI)Y jsuonippe ppe 0) Suiasy JNOYRIM M) 0} Ased K1ap
ys133njs sy waisAs ‘jsnqo1 210w Ipeus 3q SR SIAjOINO0))

Anpiquis uimurew o) paunjas aq o) spasu jeip
WR)SAS IANISUIS 21011 ¥ UY )N §19)aweled
uonouny sojsuen ymid uo yoBWISIW 9405 Jo tonjesodioou]

Iusuaduiossano o) 13jj0nuod
o) asned Luwt sdooj ay) usamiaq uonouIaul Suisoddg
ys133u|s s1 2ousuuojIng
pautejuiow si L)ijiquis uuaj} duorg

djesuaduioasaae o) 19]j01ju0d
) asned Aews sdooj ay) uaamyaq uoyovIdul Buisoddo
w2)sAs ) Jo SSIUISNGOI ) 95BIIIIP [|IM
2usunio)1ad ary Buraosdw pus ysidanis st aousuniopsag
(panwy st yuiodias qog Y3now)
sjutodios mau sAa1yow pue A)ijiqe)s uua) Suoj surenepy

$19)]1] [WUOHIPPE 10j PaSU
ou $1 259Y) sty ‘s10jesudduion sisuisiul sy 13j{0L0)
Jeurened of8uis oy Jo Sunum) aageAIasU0D
Aq p3122.103 9q 1582 UBD UoKB|OIA KIupunoq Ay

aousuuic)sad saysuuip yorgm ‘Ysi83ngs sy woysAg
asuodsa 2512Au1 pus 3} peap o) anp wisjqosd © st AR[IqAIS U3y Suo]

2ousuwsoj1ad saystuuip Yorm ‘YsisBnjs s wojsdg
asuodsal 9519AU1 pue aum) pueap o anp waqoid e st A)j1qe)s uud) Suo

Anjiquis uud) Suoj aInsur o) papadu e SI3)L) [BUOHIPPY
Asepunoq 1l jo uonejora Aauanbay ySiy
Ys183n(s asous S| WI2)sAs )SNQOI 210UI IPUW 2q ISHUL SID|[OIUO))

AL111qus uiBuIBW 0) PAAM)S
9q 0} SPIIU J8YY) WIASAS IALISUIS 2I0UI B U §)[NEIL
ssajoureled uorjoumj 19Jsues) Jusjd uo yojewsius 940 Jo uopjesodioou]

s1esuaduioaano
0} 13]jontiod a1 95nWd Avw sdooj Yy uaam)aq uondwIA Suisoddp
ysi88n(s s1 ouvuniogiag
asuodsas as19aut pue sunj pedp o) anp wizjqoid v st A)1j1qus uu) Sucr]

sjesuadwiodsaao

0) 12][o13u02 3y I5NBd Asw sdooj 3Y) Uaam}aq uonaeIA Juisoddp)
wa)ss 9Yj JO SSIUENQOI ) I5WIOP

{lim 2dueunio)sad ay) Sutaoiduy puv ysi33njs 51 souvuLio)iay

asuodsas asioauy puv aunm) pudp 0) anp wajqosd s s§ AjIqws uua) Suor]

ynayytp sow Jurnumy
Bungew smp ‘s1vouwind Sunm) jeuoinppe sppe nq
‘uoi)njota Aouanbayy yBiy 9y 1931103 [|m 513))Y suonppe Buippy
9519AU} puB W) PEIP 0} NP
Arepunoq 1 ayi jo uoywjoia Aouanboagy yBuy sjqedaLicoun)

YABWSIN [SpopNnwe|d
Yim Jo5uo)) JoenBay

Yoreuistiyl 1apojn/eld

)M [ONUOY) 0AIRS

YoiBWISI [SpouBd Yiim
InsBIN UoldBINU]-H

Yrewst [3pojusid

(uonoafay sousqnisi(q)
jonuo)) J0)8n8oy

(3urydes yutodiag)
[onuo)) 0AJRS

2InsBapy uonBINUY-1l

asuodsay pajoauo) DI asuodsay pajjonuo) 14 uopwinuyg jo odAy
UNIN wanyg 0118y UOHBINDIIINY
aoq wanyg sjuowwry Juan|jg a8y 3pnig
) Jqupsp 21y QUM A pajjosjue) Aqupsp Apsndjusy

111 358D Jo Awswuing °9-p Ijqe

142




N. Implications of Results in Application

One objective of this study is to help wastewater treatment plant personnel and
control engineers to achieve a better understanding of what first level automated control
will give them over and above that of manual open-loop control, and what its limitations
are. With a first level PID as the automated control strategy, and for non-ideal systems,
the operator is able to tune the controller in the short term such that the system gives good
performance for a period of time, but has to detune the PI controllers when the onset of
instability becomes apparent. If the PI controllers have to be frequently detuned to
maintain stability then this labor intensive method offers no greater benefits in automation
than open-loop manual control done by experienced personnel.

Retuning of the IMC controller to improve performance has a less likely chance of
the system becoming unstable, because the controller has intrinsic properties to deal with
large dead times and inverse response, and the stability of the IMC controller alone implies
the stability of the overall closed loop system, except for the possible effect of inter-loop
interaction. Then an interaction measure, such as the p-Interaction Measure (Grosdidier
and Morari, 1987) can be used to establish an upper bound for the retuning of the IMC
control loops.

Granted, controller design strategies without taking explicit input or output
constraints into considerations may not be feasible when control actions lead to violations
of practical limits, such as a very large or negative (e.g., negative recirculation ratio)
control action, a very rapid control action, or a very large output response. If constraint

violation is to be strictly avoided, then an advanced full multivariable control design
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strategy that takes into explicit account constraints would be the choice. However, this
approach usually requires a dedicated body of control personnel versed in the knowledge
of advanced control theory and design procedures as well as in the follow-up maintenance
expertise. Extensive modeling and simulation would need to be done upfront before
closed-loop controller commissioning. This approach would usually involve a
considerable level of expert personnel and financial commitment. It would be the last
resort to be taken, only after a first lever controller design strategy, such as the two
presented in this study (classical PID and model based IMC), have failed to meet the
desired criteria. Of the two, the latter would be a preferred controller framework to

implement because of the stability features discussed previously.
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Chapter Five

Conclusions and Recommendations

A. Conclusions

. During the design stage for a plant, the type of and effectiveness of the control
scheme to be used should be part of the consideration leading to the selection of the final
design. This study presents a theoretical analysis of two alternate control strategies for a
multistage wastewater treatment plant. Specification for the plant is based upon DuPont’s
Victoria, Texas plant under consideration.

The alternate control schemes considered were multiple, decentralized single-input
single-output (SISO) PID based and mode! based systems (Internal Model Control
(IMC)). The former was chosen because it is the most common approach taken by most
control engineers. The latter was selected because model based control has many
advantages that a PID controller does not have and is only the next level up in design
complexity. The evaluation and comparison of these two control strategies was based
upon the ability of each control system to maintain stability over the long term and to meet
plant treatment performance criteria in the face of setpoint and disturbance perturbations.
The ease of controller tuning was also an important part of the evaluation and comparison

considerations.
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From the analysis of the relative gain arrays between the two input variables and
the three output variables, the optimum control pairings for the wastewater plant were
arrived at based on the measure of interaction between the proposed control loops. Three
of the six possible pairing combinations were found to be highly interactive. The less

interactive pairings are shown in Table 5-1, Table 5-2, and Table 5-3.

Table 5-1. Optimum Control Pairing Case 1

Manipulated Variable Control Variable Free Variable
Recirculation Ratio Effluent BOD Effluent Nitrate
Sludge Age Effluent Ammonia

Table 5-2. Optimum Control Pairing Case II

Manipulated Variable Control Variable Free Variable
Recirculation Ratio Effluent BOD Effluent Ammonia
Sludge Age Effluent Nitrate

Table 5-3. Optimum Control Pairing Case Il

Manipulated Variable Control Variable Free Variable
Sludge Age Effluent Ammonia Effluent BOD
Recirculation Ratio Effluent Nitrate

The complexity of the wastewater treatment plant’s nonlinear characteristics, such as
process dead time and inverse response, are present to a higher degree in Cases I and ITI.
In Case II, dead time and lead response were present.

The PI controller proves to be inadequate in maintaining long term stability,
especially for the systems involving inverse response (Case I and IIT). The performance of
the PI control system becomes extremely inadequate (too sluggish) when the controller is

tuned to increase the margin of stability. More aggressive tuning of the PI controller to
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improve the performance to a desired level decreases the margin of stability. In this
situation, after the controller is initially tuned to give acceptable speed of response, it
would have to be detuned after a certain time period in order to stave off instability. If
this detuning is frequent, then implementing an automated feedback control would appear
1o be no more beneficial than an open-loop manual control mode done regularly by an
experienced operator.

On the other hand, model based control offered stability advantage when
compared to PID based control. Tuning was much simpler and more intuitive because
IMC has only one tuning parameter. It also has the built-in capability for compensating
for process dead time and inverse response. Therefore, no additional filters or tuning
parameters are necessary. Though the IMC controller can assure stability for the long
term, its performance while doing so is rather poor at times. The controller can be
retuned to increase the performance. Retuning of the IMC has the advantage over the
PID controller in that the stability of the IMC controller alone implies the stability of the
overall closed-loop system; whereas the stability of a PID controller is not necessarily
indicative of the overall closed-loop system. However, more aggressive tuning of an IMC
controller in the decentralized control scheme is limited by consideration of the inter-loop
interaction.

The linear representation of the nonlinear system limits the accuracy of the
calculation of the true interactions between the many parameters, when more than one
variable is changing at a time. This may skew the results simulated with the linear

representation of the system. The accuracy of the linear representation of the system
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tends to agree with the open-loop non-linear system only when the multiple changes in the

manipulative variables are well below 50% of their nominal values.

B. Recommendations

This study examined two alternative control strategies for a wastewater treatment
plant. These strategies are not recommended strongly for the final control scheme for the
Victoria, Texas plant, mainly because of the sluggishness in response, even though IMC is
able to maintain long term stability of the closed-loop system. The fact that the 2 x 2
controller is a decentralized controller whose design does not take into explicit
consideration the inter-loop interaction, limits severely the maximum allowable tuning of
the controllers in order to improve the speed of process response to control actions.
Furthermore, IMC control actions, even though stable, frequently result in too big or too
rapid control moves that are not feasible to be implemented. It appears that the
application of a much more advanced model based controller, such as Quadratic Dynamic
Matrix Control (QDMC), which has a better ability to handle constraints on the process
inputs and outputs or a full multivariable robust controller, need to be considered for the
wastewater treatment system. Both of these advanced control strategies would require
much more specialized personnel in its design, implementation, and maintenance. The
many non-ideal characteristics of the plant kinetics, as well as the interactive nature among
the loops, are too complex for the first level decentralized PID and unconstrained model

based (IMC) controllers to handle.
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It has also been noted that a better manipulated variable for controlling the effluent
BOD might be that of the sludge age, rather than the recirculation ratio (Arthur, 1983).
However, this may not be feasible if the change in the sludge age needed for control is
more than once per day. It is unrealistic to implement frequent changes in the sludge age
(Reich, 1996), when its change is dependent on the elapse of time.

. Further, during simulation, the application of the desired control strategy directly
to the original non-linear model would be more revealing of its effect than its application
to the linearized model of the system.

In conclusion, simulation of the effectiveness of various control strategies upfront
during the process design stage would aid greatly in the selection of an acceptable final

control strategy.
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Appendix A

Mathematical Equivalencies of IMC and PID Controllers

A. Theoretical Basis

Morari, et al. (1989) derived the general relationship between the classic PID
based feedback controller c and the IMC controller g when the process model is p. This

is shown in equation A-1.
c=—1 (A-1)
1-pq

Using this relationship, along with the general equation for a PID controller with
added compensating filters (equation A-2), and assuming a step input to the process, one
can calculate and demonstrate how the one parameter, A, IMC based controller contains
all of the PID based parameters (Kc, 1, and 1p), plus any and all additional filters, ¢, and

Tr2, needed to compensate for “nasty” characteristics, such as large dead time and inverse

response.
1 1
c=[l+—+1ps 3 (A-2)
T8 TFS” +Tps+1
Rearranging yields:
2
c= KCTDTIS + KCT’S +E£ - 1 (A-3)
TS TS TS ATES +Tps+1

In order to simplify the design of the controller, the dead time is approximated by
a first order Pade expression shown below in equation A-4. The dead time is given by 6.

6
-—s+1
e =2 (A4)
—=s+1
2
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Substituting f=6/2 into equation A-4 results in equation A-5
—as —Ps+1 :
e 8s = L ( A-S)
Bs+1

B. First Order Lag Plus Dead Time
The plant p is represented by equation A-6, where K is the gain, 6 is the dead

time, and 7T is the time constant.
Ke-es

(A-6)
T+l

p=

Following the procedure to calculate the internal model controller IMC) q from p

results in equation A-7, where A is the IMC tuning parameter.

Ts+1
= — A-7
d K(As+1) (A7)
Multiplying p and q yields equation A-8
e-Os
- A-8
Pq= (A-8)

Combining equations A-1, A-7, and A-8 yields the PID with filter equivalent of an

IMC controlier for a first order lag system plus dead time, shown in equation A-9.
Ts+1

K(Ls-&- 1 -e"es)

c= (A-9)

After applying equation A-5 to the dead time, equation A-9 can then be rearranged ‘

to have the similar structure as equation A-3. ‘
tﬁs +(t+ B Js+1

K(A+ 25){ s+1)

After equivocating like terms, the following relationships between the parameters

(A-10)

is deduced.
KK = 2P (A-11)
A+2B
T =1+P (A-12)
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= — A-13
s} 4P (A-13)
1F1=0 (A']4)
AB
= -15
. 133 25 (A-15)

C. First Order Lead-Lag Plus Dead Time
The plant p is represented by equation A-16, where K is the gain, 6 is the dead

time, T is the time constant, and z is the lead time constant (or left half plane zero).
_ K(zs+ l)e'es
Ts+1

(A-16)

Following the procedure to calculate the internal model controller IMC) q from p

results in equation A-17, where A is the IMC tuning parameter.
Ts+1

- (A-17
a K(zs+1)(As+1) )
Multiplying p and q yields equation A-18
-Bs
e
= A-18
P As+1 ( )

Combining equations A-1, A-17, and A-18 yields the PID with filter equivalent of

an IMC controller for a first order lag system plus dead time, shown in equation A-19.

s+1
= A-19
K(zs+l)(ks+l-—c_es) ( )

(o

After applying equation A-5 to the dead time, equation A-19 can then be

rearranged to have the similar structure as equation A-3.

'l:[is2 +(t+B)s+1

K(l+2B)s( Apz 2+ lﬁ+2zﬁ+hs+l)
A+2B A+2B

c (A-20)

After equivocating like terms, the following relationships between the parameters

1s deduced.

KK = T+PB
A+2B

(A-21)
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Ty =1+f

(A-22)
B
= — A-23
D T+ . : ( )
ABz '
= -2
*F1 A+2B (A-24)
= lBﬁ'ZZB"'kZ (A-25)
A+2B

D. First Order Lag Plus Dead Time and Inverse Response

The plant p is represented by equation A-26, where K is the gain, 6 is the dead

time, T is the time constant, and z is the inverse time constant (or right half plane zero).
K(-zs+ l)e"es
p =
Ts+1

(A-26)
Following the procedure to calculate the internal model controller IMC) q from p
results in equation A-27, where A is the IMC tuning parameter.

Ts+1
= —— A-27

9 K(As+1) ¢ )

Multiplying p and q yields equation A-28
—Bs
-2s+1
L Lozstle (A-28)
(zs+1)(As+1)

Combining equations A-1, A-27, and A-28 yields the PID with filter equivalent of

an IMC controlier for a first order lag system plus dead time, shown in equation A-29.
Ts+1
c=

= A-29
K((zs+ 1)0.s+1)-(-zs+1)e‘°s) (A-29)

After applying equation A-5 to the dead time, equation A-29 can then be
rearranged to have the similar structure as equation A-3.
= ‘tﬁsz+(‘t+B)s+l

' (A-30)
Mz 2 AMz+B)
K(l+2z+2ﬁ)s(l+22+2ﬁs * 7.+22+25$+1J

After equivocating like terms, the following relationships between the parameters
is deduced.
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T+P

Ks—o—"h—
Ke A+2z+28
=1+

B
1D-t+ﬂ
T _____A.ﬂz
B A +22+2B

__Mz+B)

A+2z+28
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(A-32)
(A-33)

(A-34)

(A-35)
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